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This paper presents a brief overview of the recent trends for 

hydrogen energy development, methods of hydrogen production, and 
fuel processing for hydrogen and fuel cell applications. A brief 
discussion will be made on the major problems and challenges in 
energy utilization in 21st century, and the advantages of hydrogen 
energy development, followed by the principles of hydrogen 
production processes.  

Table 1 shows the worldwide use of various energy sources, 
world population, per capita energy consumption and CO2 emissions 
in the 20th century (from 1900 to 2001) estimated based  on published 
data (SAUS. 1998; Flavin and Dunn 1999; USBC. 1999; NCFHS, 
2003; SAUS 2004; Keeling and Whorf, 2004). The 20th century is 
characterized by the tremendous growth with respect to consumption 
of all energy resources including coal, petroleum, natural gas, and 
nuclear energy.  Coal has played a key role as a primary source of 
organic chemical feedstocks in the world till 1950s, and maintained 
its large share as a primary energy source in the 20th century. 
Although the percentage contribution of coal decreased from 55% in 
1900  to 24% in 2001, the amount of coal consumption in 2001 has 
increased to 478%, and the per capita energy use has risen to 315% 
of the world’s 1900 levels, as can be seen from Table 1.   

Figure 1 presents a personal vision for energy and fuels 
research, which was developed by the author for developing and 
directing the clean fuels and catalysis research at the Pennsylvania 
State University in the past decade (modified from Song 2002).  

Related to Figure 1 is a long-term consideration that hydrogen 
energy and fuel cells have great potential to decouple the link 
between energy utilization and environmental pollution in the future.  

Table 2 shows the principal energy sources, hydrogen atom 
sources, and reaction processes for production of molecular hydrogen 
(Song, 2003). The principle and advantages of different types of fuel 
cells will be briefly mentioned. Then the discussions will focus on 
fuel processing for applications in both high-temperature fuel cells 
(SOFC, MCFC) and low-temperature fuel cells (PEMFC and PAFC). 
Hydrocarbon fuels and alcohol fuels can both be used as fuels for 
reforming on-site or on-board. Alcohol fuels can be reformed at 
lower temperatures, but hydrocarbon fuels have the advantages of 
existing infrastructure of production and distribution.  

Figure 2 shows the concepts and steps for catalytic fuel 
processing of gaseous, liquid and solid fuels for high-temperature 
and low-temperature fuel cell applications (Song, 2002).  Further 
research and development is necessary on fuel processing for 
improved energy efficiency and reduced size of fuel processor.  

Catalysis and adsorption play a major role in many of the 
processes related to hydrogen production and fuel processing for fuel 
cell applications. More effective ways of deep removal of sulfur 
before or after fuel reforming, and more energy-efficient and stable 
catalysts and processes for reforming hydrocarbon fuels are 
necessary for both high- and low-temperature fuel cells. In addition, 
more active and robust catalysts for water-gas-shift, more selective 
and active catalysts for preferential CO oxidation at lower 
temperature, more CO-tolerant anode catalysts would contribute 
significantly to development and implementation of low-temperature 
fuel cells, particularly proton-exchange membrane fuel cells. 

 
Table 1.   Worldwide energy use, population and per capita consumption in 20th century 

 

Energy 1900 Use 1900 Distn 2001 Use 2001 Distn 
Source (Million tons of oil 

equivalent)1,2
Percentage 
(%) or Unit 

(Million tons of oil 
equivalent)2,3

Percentage 
(%) or Unit 

Coal 501 55 2,395  24 

Petroleum 18 2 3,913 39 

Natural gas 9 1 2,328 23 

Nuclear 0 0 662 6 

Renewables4 383 42 750 8 

Total 911 100 % 10,048 100 % 

Population1,2 1,762 million 6,153 million 

Per Capita E Use  0.517  TOE 1.633 TOE 

Global CO2 emission2,3 534 MMTCE 6,607 MMTCE 

Per capita CO2 emission 0.30 MTCE 1.07 MTCE 

Atmospheric CO2
5 295 ppmV 371  ppmV 

Life expectancy6 47.3 Years 77.2 Years 

1) Source for energy in 1900: C. Flavin and S. Dunn of Worldwatch Institute  [Flavin and Dunn, 1999]. 2) Sources: 2001 data from Statistical Abstract of the 
United States 2003 (SAUS 2004); 1900 population and CO2 data from U.S. Census Bureau-Historical Estimates of World Population from different sources for 
years up to 1950 (USBC, 1999). 3) Sources for 2001 CO2 data: International Energy Annual 2002 (EIA/IEA 2004).  4) Including hydroelectric power, biomass, 
geothermal, solar and wind energy.  5) Carbon Dioxide Information Analysis Centre (Keeling and Whorf, 2004). 6) Data for the US from National Center for 
Health Statistics (NCFHS, 2003). 
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Table 2. Principal energy sources, hydrogen atom sources, and reaction processes for production of molecular hydrogen 

 

Hydrogen Source Energy Source Reaction Process 

Fossil Hydrocarbons Primary Existing Processes

    Natural gas   Fossil energy Steam reforming and water-gas-shift* 

     Petroleum   Biomass Partial oxidation, Autothermal reforming* 

     Coal   Organic Waste Dehydrocyclization or naphtha reforming* 

    Tar Sands, Oil Shale,     Nuclear energy Gasification* 

    Natural Gas   Hydrate    Solar-thermal   Decomposition, dehydrogenation, coking* 

Biomass    Photovoltaic  Electrolysis* 

Water (H2O)    Hydropower Emerging Processes

     Organic/Animal Waste    Wind, Wave, Geothermal Plasma Reforming 

Synthetic Clean Fuels Secondary Photocatalytic;  Solar-thermal  

    MeOH, EtOH, FT-HCs    Electricity Membrane reactors; Ion-conducting membranes 

    Organic Chemicals    Hydrogen  Thermochemical cycling 

    Metal hydride Special Cases Biological; Bio-inspired process  

    Hydrogen sulfide   Metal bonding Electrocatalytic  

    Ammonia   Chemical bonding Hydrolysis  

Others Others Others  
  Note: current processes that produces hydrogen as main product or by-product in commercial processes are denoted by * mark.  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 1. A personal vision for energy chemical and catalytic research involving clean fuels, chemicals, and organic materials 
(Song, 2002, 2003). 
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Figure 2.  The concepts and steps for fuel processing of gaseous, liquid and solid fuels for high-temperature and low-temperature fuel cell 
applications (Song, 2002). 
  

On-going work in our laboratory will be briefly discussed on 
selective adsorption for removing sulfur from hydrocarbon fuels (Ma 
et al., 2002; Velu et al., 2003), on catalytic reforming of liquid fuels 
at lower temperatures (Strohm et al., 2003; Shen et al., 2002), 
oxygen-assisted water-gas shift for CO removal (Bickford et al., 
2004), H2S removal after reforming (Novochinskii et al., 2004), and 
CO2 separation for H2 production (Xu et al., 2002, 2003). 
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Introduction 

The search for alternative energy sources has been propelled by 
the reduction of petroleum reserves around the world, and by 
pollution caused by the increase in energy consumption.  Compared 
to other options, e.g.: solar, the use of hydrogen (H2) to satisfy the 
future energy demand emerges as an attractive choice. 

Direct cracking of methane over supported metal catalysts (Ni-
Co-Cu), produces very pure H2 without the formation of carbon 
oxides. Nickel nitrate has been the preferred source of nickel for 
direct cracking of methane. The thermal decomposition of nickel 
nitrate (T > 400oC) produced nickel oxide (NiO). In order to reduce 
the nickel from oxide to nickel metal, pretreatment of the catalysts 
was required (using H2 at high temperature (> 500oC) for at least 2 
h). In contrast, thermal decomposition (T>300oC) of nickel acetate 
(Ni(CH3COO)2.4H2O) produced a mixture of Nio and NiO.   

The present investigation evaluated the application of the 
Nio/NiO mixture obtained after thermal decomposition of nickel 
acetate, for CO-free hydrogen production by means of direct 
cracking of methane, using SiO2 as catalyst support. The relationship 
between nickel oxide (NiO) mean crystallite sizes and catalyst 
deactivation  due to carbon deposition, was also studied. 

  
Experimental 

Catalyst preparation. Nickel catalyst supported on SiO2 
(Davisil 35-60 mesh, grade 646, type 150 A, Fisher) was prepared by 
conventional wet-impregnation with a nominal metal loading of 8, 
and 40 wt%. 1) Nickel (II) acetate tetrahydrate 
(Ni(CH3COO)2.4H2O), CAS # 6018-89-9, Aldrich Chemical 
company Milwaukee, WI), and 2) nickelous nitrate hexahydrate 
(Ni(NO3)2.6H2O, JT Baker, Phillipsburg, NJ) were used as a source 
of nickel. After impregnation at room temperature, the catalysts were 
dried overnight at 120oC, and then calcined, in air, at 600oC for 2 h. 

X-ray Diffraction (XRD). XRD data were collected using a 
Scintag 2000 XDS diffractometer with CuKa X-ray radiation. 
Powder samples were placed on aluminum slides and scanned at 4o 
2θ/min. The beam voltage and beam current were 45 kV and 40 mA, 
respectively. 

Scanning Electron Microscopy, and Field Emission 
Scanning Electron Microscopy (FE-SEM). The morphology of the 
catalyst, was recorded using scanning electron microscopy (SEM), 
and field emission scanning electron microscopy (FE-SEM). SEM 
micrographs were taken in an Amray 1810 microscope, and high-
resolution micrographs were taken in a Zeiss DSM982 Gemini FE-
SEM microscope. 

Textural Properties. The catalyst surface areas were measured, 
using nitrogen physisorption at liquid nitrogen temperature with a 
Micrometrics ASAP 2010 System. Before the analysis samples were 
out-gassed at 300oC under vacuum for 2 h. Surface areas were 
determined by nitrogen adsorption data, with Brunauer-Emmett-
Teller (BET) methods.  

Catalytic activity. The catalysts were tested for the direct 
cracking of methane using a gas-flow quartz tube reactor, operating 

at atmospheric pressure. Methane (99% [Airgas]) was fed to the 
reactor at 40 mL/min. Before reaction started, the catalysts prepared 
using Ni(NO3)2.6H2O were reduced with pure hydrogen at 550oC, for 
2 h – unless otherwise mentioned. During the reaction, the product 
stream was analyzed using mass spectrometry (MS) with an MKS-
UTI PPT quadrupole residual gas analyzer. Methane conversion was 
calculated from the hydrogen concentration in the product mixture. 
Each experiment was performed three times using catalysts prepared 
in different batches (B1-B2-B3). 
 
Results and Discussion 

Influence of Nickel Precursor on Catalysts Surface Area and 
Activity. Table 1 summarized the effect of nickel precursor on the 
catalyst surface area. Ni(CH3COO)2.4H2O was used as nickel 
precursor and led to materials with higher surface areas than those 
obtained with Ni(NO3)2.6H2O. In addition, the amount of nickel (wt 
%) used had an inverse effect on the catalyst surface area – i.e.: the 
higher the Ni wt% the lower the surface area.  

The changes in methane conversion with time during the 
catalytic cracking of methane at 550oC, are showed in Figure 1. The 
activity of the catalyst prepared using nickel acetate - without 
reduction pretreatment (Fig.1: curve - 2), was very close to the 
activity obtained with the catalysts prepared using nickel nitrate – 
pre-reduced with H2 at 550oC for 2 h (Fig. 1: curve – 1). 
Additionally, the methane conversion data for the unreduced SNi1 
catalyst were also included in Figure 1. Clearly, the conversion of 
methane using this non-treated catalyst (Fig.1-3) was lower than the 
one obtained with the pre-reduced SNi1 (Fig.1-1). This difference in 
activity illustrated the reduction effect on the catalysts prepared from 
the nitrate salt, and the advantage of using nickel acetate as a 
precursor (reduction free). 
 

Table 1. Effect of Nickel Precursor and Support on Catalysts 
Surface Area. 

 
Catalyst Nickel precursor Nickel wt% BET surface area, m2g-1

 

SNi1 

SNi2 

SNi3 

SNi4 

 

Ni(NO3)2.6H2O 

Ni(CH3COO)2.4H2O 

Ni(NO3)2.6H2O 

Ni(CH3COO)2.4H2O 

 

40 

40 

8 

8 

B1        B2        B3

179     170    173 

250     230    256 

274     278    266 

286     295    281 

 
XRD Characterization. Decomposition of nickel (II) acetate 

tetrahydrate in air at 600oC for 2 h resulted in the formation of a 
mixture of Nio/NiO as indicated by the XRD pattern (Nio: 2θ =43.7o, 
51.1o, 75.6o, NiO: 2θ = 36.4o, 42.5o, 62.0o, 78.6o). On the other hand, 
thermal decomposition of nickelous nitrate hexahydrate in air at 
600oC for 2 h resulted in the formation of NiO (NiO: 2θ = 36.4o, 
42.5o, 62.0o, 78.6o). However, when the nickel precursors (acetate, 
nitrate) were impregnated on SiO2, and calcined in air at 600oC for 
2h, the main product obtained was NiO regardless of the nickel wt%.  

Effect of Nickel Oxide (NiO) Mean Crystallite Size on 
Catalyst Carbon Yield (gC/gNi).  The mean crystallite size of NiO 
was estimated using the Sherrer equation based on half-width of the 
diffraction peaks assigned to [200], and [111] NiO. Figure 2 shows 
the effect of NiO mean crystallite size on the carbon yield of the 
catalysts. For instance, in the case of type 2 catalysts, as the 
crystallite size increased the carbon yield of the catalysts also 
increased (see Fig. 2).   
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Figure 1. Changes in methane conversion during methane 
decomposition using B1 nickel catalysts. Experimental conditions: 
Temperature = 550oC, Pressure = 1 atm, and Flow rate = 40 mlmin-1 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 2. Effect of NiO mean crystallite size on the catalysts carbon 
yield 
 
 
Conclusions 

1) For the first time, the Nio/NiO mixture obtained by thermal 
decomposition of nickel acetate has been successfully used for 
catalytic cracking of methane to produce CO-free hydrogen suitable 
for hydrogen fuel cells. The use of nickel acetate as a nickel 
precursor, for the preparation of the catalysts, saves not only 
hydrogen (our product of interest) but also time, and energy by 
eliminating the pretreatment step (i.e. using H2 at high temperature 
(>500oC) for at least 2 h).  

2) The use of nickel acetate as the catalysts nickel precursor led 
to materials with a higher surface area than those obtained when 
nickel nitrate were used. 

3) For catalyst supported on SiO2 (sa. ~ 200 – 300 m2g-1), the 
carbon yield (gC/gNi) attained during methane decomposition 
increased with an increase in the catalysts NiO mean crystallite size. 
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Abstract  
 This paper describes our research efforts towards the preparation of 
high surface area ceria containing catalysts for fuel cell applications. In 
the present work, we present a simple, single step flame synthesis 
method to prepare high surface area ceria based water gas shift (WGS) 
catalyst using aqueous solutions of metal acetate precursors. The 
specific surface areas of the synthesized powders are in the range of 130 
and 163 m2/g. High-resolution transmission electron microscopic (TEM) 
characterization showed that the particle sizes for the ceria materials are 
in the range of 3 and 10 nm. X-ray diffraction (XRD) and X-ray 
photoelectron spectra show the presence of transition metal oxide in the 
as prepared catalysts.  

 
Keywords 
Flame synthesis; WGS catalysts; transition metal supported ceria; TEM; 
XPS 

 
Introduction 
 Cerium oxide (CeO2) / ceria is an important inorganic material 
having the cubic fluorite type crystal structure (1). Ceria either in the 
pure form or doped with other metals (Cu, Ni, etc) / metal ions (Mg2+, 
La2+, Sc2+, Gd3+, Y3+, Zr4+ etc.), potentially has a wide range of vast 
applications including gas sensors (2), electrode materials for solid 
oxide fuel cells (3, 4) oxygen pumps, amperometric oxygen monitors 
and three way catalytic supports for automobile exhaust gas treatment 
(5,6).  
 In recent years, nanocrystalline particles have attracted much 
attention because of their improved physical and chemical properties 
compared to those of bulk materials. Various solution-based techniques 
have been used for the preparation of pure ceria and transition metals, 
rare earth metals, or metal ions doped ceria materials, including 
coprecipitation (7, 8), hydrothermal (9-11), microemusion (12, 13), sol-
gel (14), solution combustion (15) and electrochemical methods (16). In 
addition, solid-state reaction, mechano-chemical methods, chemical 
vapor deposition (CVD), sputtering have also been used to make ceria-
based materials (17-19). These methods are either multi step and time-
consuming (e.g. solution based techniques) or control of the product 
composition may be difficult (e.g. CVD).  
 In the present paper we report a single step alternative route for 
synthesizing CeO2 based nanoparticles. The process involves the 
pyrolysis of aqueous solutions of the metal acetate without addition of 
any extra fuel in a methane oxygen flame. 
 
Experimental 
 The precursors used were cerium acetate as the cerium source.The 
transition metal salts used were copper as the copper source, nickel 
acetate, iron acetate, manganese acetate, cobalt acetate, chromium 
nitrate, and rhodium acetate. The precursors were dissolved in deionized 
water to make 0.3 M solutions of each. For the transition metal 
supported ceria, a series of solutions have been prepared starting from 5, 
10, 20, 30 and 40 mole % of transition metal in ceria. The solutions were 
filtered through a membrane filter before filling the nebulizer (Gemini 

Scientific Corporatation, Inc.). Liquid precursor feed was then atomized 
with compressed air resulting in a fine spray. In the reactor the flame 
was made by methane, oxygen and nitrogen. The flow rate for each gas 
was methane 0.9 l/min, oxygen 1.81 l/min and nitrogen 2.75 l/min. The 
flow rate of the precursor solution into the flame was 0.5ml/min. After 
burning the fine spray, the particles were collected on a water-cooled 
surface by thermophoresis, which was kept on the top of the flame. The 
distances of the water-cooled surface from the burner and the flame 
were 6.5 cm and 2 cm respectively. 
 
Characterization 
 The synthesized materials were then characterized by powder X-
ray diffraction (XRD) using CuKα (λ = 1.5408Å) for the phase analysis 
and crystal structure determination. Thermogravimetric analysis (TGA) 
was used to determine the amount of unwanted materials such as water 
and carbononaceous compounds in the sample. Atomic bonding was 
analyzed using Fourier transformed infrared spectroscopy (FTIR). 
Brunauer, Emmett and Teller (BET) gas absorption method was applied 
to investigate the surface area of the sample. Transmission electron 
microscopy (TEM) was used for the particle size analysis and surface 
morphology of the material. X-ray photoelectron spectroscopy (XPS) 
was utilized to determining the oxidation state of the transition metal 
used in the ceria system. 
 
Results and discussion 
 Thermogravimetric analysis was performed in air at a heating rate 
of 10ºC/min. The TGA curve for the pure ceria sample indicates that 
there were two stage of weight loss. The first weight loss (between 20 to 
200ºC) was due the removal of water molecules, which probably come 
from the condensation of water molecule on the water-cooled surface. 
The second stage weight loss (between 300 to 600ºC) resulted from the 
burning and oxidation of carbon compounds (combustion by-product) 
likely from incomplete combustion of the metal acetate precursor, which 
is confirmed by FTIR. Similarly, the TGA of the as prepared Cu/CeO2 
showed the same weight loss behavior with the presence of more carbon 
in the sample. 
 The IR absorption bands in the region of 2800-2900 cm-1 are 
typical of the C-H stretching mode of hydrocarbons. The C=O stretching 
band at ~1400 cm-1 confirms the presence of unburned acetic acid in the 
final product.  
 Residual water and hydroxyl group are detected with a large band 
at around 3500cm-1, corresponding to O-H stretching frequency, and a 
broad band at around 1600 cm-1, due to the bending vibrations of 
associated water. Another species of strong bands is located at around 
1000 cm-1, which may be either associated with the formation of 
carbonate like species (20) or the formation of nanocrystalline CeO2-x 
(21). 
 The X-ray diffraction pattern of 40% Cu doped CeO2 is shown in 
Figure 1. The diffraction lines corresponding to the fluorite type 
structure and the d values agree well with those expected for CeO2. The 
peaks corresponding to Cu or CuO could not be detected even with the 
increase of Cu content. This suggests that metallic Cu or Cu2+/Cu+ may 
not be substituted for Ce4+ in CeO2. Increasing the Cu content increases 
the line width compared to the pure CeO2 and the absence of Cu or Cu-
oxide phase suggest that the metallic Cu or Cu2+ /Cu+ ions are dispersed 
on the surface of CeO2. Diffraction patterns of Ni and Fe doped CeO2 
prepared by the flame synthesis method are similar to those of pure 
CeO2 and Cu doped CeO2.  
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 The XPS of as prepared Ni(2p3/2) shows that Ni is in the +2 
oxidation state as seen from the Ni2+ (2p3/2) binding energy as well as 
the satellite peaks. The Ni/CeO2 catalyst after the water-gas shift 
treatment shows the zero oxidation state of Ni, which indicates the 
reduction of Ni2+ to Ni happens in the reducing atmosphere. 
  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 Transmission electron microscopic image of 40%Cu/CeO2 is 
shown in Figure 2. The particles are spherical in size with particle size 
in the range of 3-5 nm. The absence of big particle suggests that the 
precursor droplets are vaporized completely in the flame. The selected 
area electron diffraction (SAED) pattern is indexed to polycrystalline 
CeO2 in the fluorite structure and no line corresponding to Cu or any of 
the oxides of Cu is detected. This again suggests the dispersion of Cu2+ 
on the CeO2 surface. A particle size and BET surface area analysis of 
pure ceria and M/CeO2  (M=Cu, Ni, Fe) is given in Table-1. 

Table 1. Particle size and the BET surface area of the synthesized 
pure ceria and transition metal supported ceria 

__________________________________ 
 
 
 
 
 
 
 
 
 

__________________________________ %   Ni/CeO

Material      particle size (nm)      Surface  
             area (m2/g) 
_________________________________________ 
Pure CeO2                  3-5                      153 
5%   Cu/CeO2   3-5                       135 
10% Cu/CeO2   3-5                            153  
15% Cu/CeO2   3-5                       128 
30% Cu/CeO2   3-5                         - 
40% Cu/CeO2   3-10                          156 
40% Fe/CeO2   -                        127 
5

Figure 1. X-ray diffraction spectra of the as prepared 
40% Cu/CeO2 powder 

 
Conclusions 
 Flame synthesis is an easy, single step method for the preparation 
of pure CeO2 and the transition metal doped CeO2 materials starting 
from aqueous solution of metal salts. The process is time and possibly 
cost efficient compared to other wet chemical methods. From XPS it is 
clear that the transition metals in the CeO2 are in an oxidized state and 
the metal ions may be on the surface of the CeO2 lattice. Preliminary 
results show that the flame made transition metals doped CeO2 powders 
are active for the water-gas shift reaction (22). A small amount of 
carbon is present in the as prepared sample, which is confirmed by TGA 
and FTIR. The particle sizes of the synthesized materials are in the range 
of 3-10 nm and the BET surface area are in the range of 127-163 m2/g. 
 Acknowledgements.  We thank Amy Wingfield, Jason Repac, 
Radhika Char for additional help in making the materials, and Dr. 
Bindhu Varughese for the XPS measurements. Ranjan K. Pati and 
Sheryl H. Ehrman would like to thank U.S. Army Research Laboratory 
for the financial and instrumental support. 
 
References 
1. M. Hirano, M. Inagaki, J. Mater. Chem., 10 (2000) 473  
2. B.C.H. Steele, Solid State Ionics, 129 (2000) 95 
3. T. Kubo, H. Obayasi, J.Electrochem. Soc., 122 (1975) 42 
4. H. Yahiro, Y. Bab, K. Eguchi, H. Arai, J.Electrochem. Soc., 135 

(1988) 2077 
5. P. Fornasiero, G. Balducci, R. DiMonte, J. Kaspar, V. Sergo, G. 

Gubitosa, A. Ferrero, G. Maziani, J.Catal., 164 (1996) 173 
6. G.R. Rao, P. Fornasiero, R. DiMonte, J. Kaspar, G. Vlaic, G. 

Balducci, S. Meriani, G. Gubitosa, A. Cremona, M. Graziani, 
J.Catal., 162 (1996) 1 

7. J. Van herle, T. Horita, T. Kawada, N. Sakai, H. Yokokawa, M. 
Dokiya, J. Am. Ceram. Soc., 80 (1997) 933 

8. K. Higashi, K. Sonoda, H. Ono, S. Sameshima, Y. Hirata, J. Mater. 
Res., 14 (1999) 957 

9. M. Hirano, E. Kato, J. Am. Ceram. Soc., 82 (1999) 786 
10. P. Shuk, M. Greenblatt, Solid State Ionics, 116 (1999) 217 
11. Y.C. Zhou, M.N. Rahaman, J. Mater. Res., 8 (1993) 1680 
12. A. Martinez-Arias, M. Fernandez-Garcia, V. Ballesteros, L.N. 

Salamanca, J.C. Conesa, C. Otero, J. Soria, Langmuir, 15 (1999) 
4796 

13. T. Masui, K. Fujiwara, Y.M. Peng, T. Sakata, K. Machida, H. 
Mori, G. Adachi, J. Alloys. Compd., 269 (1998) 116 

14. L. Li, X. Lin, G. Li, H. Inomata, J. Mater. Res., 16 (2001) 3207 
15. P. Bera, S.T. Aruna, K.C. Patil, M. S. Hegde, J.Catal., 186 (1999) 

36 

2 5                        163 

Figure 2. Transmission electron micrograph and the 
selected area electron diffraction pattern of the as 
prepared Cu/CeO2 powder 

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2005, 50(1),  267



16. Y. Zhou, R.J. Phillips,  J.A. Switzer, J. Am. Ceram. Soc., 78 (1995) 
981 

17. X.R. Ye, D.J. Jia, J.Q. Yu, X.Q. Xin, Z. Xue, Adv. Mater., 11 
(1999) 941 

18. W. Bai, K.L. Choy, N.H.J Stelzer, J. Schoonman, Solid State 
Ionics, 116 (1999) 225 

19. M. Hasegawa, Y. Kato, M. Kagawa, Y. Syono, J.Mater. Sci. Lett., 
15 (1996)1608 

20. D. Terribile, A. Trovarelli, J. Llorca, C.D. Leitenburg, G. Dolcetti, 
J. Catal., 178 (1998) 299 

21. J.Y. Ying, A. Tschöpe, The Chem. Engg. J., 64 (1996) 225 
22. I.C. Lee, R.K. Pati, S.H. Ehrman, D. Chu, (Unpublished work). 

 
 

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2005, 50(1),  268



HYDROGEN PRODUCTION VIA THE HIGH-
TEMPERATURE WATER-GAS SHIFT REACTION 

OVER CHROMIUM-FREE IRON-BASED CATALYSTS 
 

Sittichai Natesakhawat, Lingzhi Zhang, Xueqin Wang, 
 and Umit S. Ozkan  

 
Department of Chemical and Biomolecular Engineering 

The Ohio State University 
Columbus, OH 43210 

 
Introduction  

Hydrogen generation technologies have become increasingly 
important due to recent attention focusing on fuel cells.  The water-
gas shift reaction, which is performed in two stages as high- and low-
temperature shift, is of central significance to produce high-purity 
hydrogen.   Generally, the high-temperature water-gas shift reaction 
(HTS) is conducted on Fe-Cr catalysts.  However, these catalytic 
systems possess many drawbacks such as low activity at low 
temperatures, sintering of magnetite (Fe3O4), and a pyrophoric 
nature.  Moreover, the use of Cr poses additional complications due 
to harmful effects of Cr6+ on human health.  Thus, development of 
chromium-free catalytic systems is necessary.  Also, it is apparent 
that innovative chromium-free iron-based catalysts that can 
overcome those drawbacks would have a significant impact on 
widespread applications of fuel cell systems.  Araujo and Rangel1 
investigated the catalytic performance of Al-doped Fe-based catalyst 
with small amounts of copper (%wt Cu ≈ 3) in the HTS reaction.  
The aluminum and copper-doped catalysts showed similar catalytic 
activity compared to a commercial Fe-Cr catalyst at 350 oC and 
H2O/CO = 0.4.  Costa et al.2 examined the use of thorium instead of 
chromium in iron- and copper-based catalysts for the HTS reaction.  
It was found that thorium and copper-doped catalyst was more active 
than a commercial Fe-Cr catalyst at H2O/CO = 0.6 and 370 oC, 
possibly due to an increase in surface area by thorium.   

In this work, various chromium-free iron-based catalysts 
promoted with first row transition metals have been synthesized and 
studied for the HTS reaction. The effect of synthesis variables on 
physical, chemical, and structural properties and, in turn, on catalyst 
performance has been examined.   

 
Experimental 

Catalyst preparation.  Catalysts were prepared using a 
coprecipitation method.  All metal precursors (Aldrich) used were in 
nitrate form.    Ammonium hydroxide (29.63 vol%, Fisher Scientific) 
was used as the precipitating agent.  Initially, 0.5 M aqueous 
solutions of metal nitrates were prepared and mixed in a beaker in 
appropriate proportion to keep the Fe/promoter molar ratio constant 
at 10.  NH4OH was subsequently added drop-wise to the mixed 
solution until the final pH was 9.  The resulting dark brown solution 
was stirred vigorously for an additional 30 min.  The precipitate was 
washed with demineralized distilled water and filtered several times 
to remove ammonium ions.  The remaining solid was then dried 
overnight in an oven at 110 oC.  The dry samples were ground to a 
fine powder and were calcined under air at 450 oC (ramp rate = 2.5 
oC/min) for 4 h.  For catalysts promoted with first-row transition 
metals, they were synthesized by a coprecipitation-impregnation 
method.  Before drying, the precipitate obtained after washing was 
further impregnated with a calculated amount of 0.5 M aqueous 
solution of the first row transition metal and stirred for 30 min. 

Catalyst characterization.  BET surface areas of freshly 
calcined catalysts were measured by N2 adsorption-desorption at 77 
K using a Micromeritics ASAP 2010 instrument. Pore size 
distributions were also calculated from the desorption isotherms 

using the BJH method. In situ X-ray diffraction (XRD) during 
reduction under 5% H2/N2 of the catalysts pre-calcined at 450 oC was 
performed using a Bruker D8 Advance X-ray diffractometer 
equipped with atmosphere and temperature control stage and using 
Cu Kα radiation operated at 40 kV and 50 mA.      

Temperature-programmed reduction (TPR) of catalysts was 
conducted using a laboratory-made gas flow system with 10% H2/Ar 
(40 cm3/min) as a reducing agent.  The temperature of the catalysts 
was raised using a ramp rate of 10 oC/min to 950 oC and held for 30 
min.  H2 consumption was measured using a thermal conductivity 
detector (TCD) connected to a data-acquisition computer.  X-ray 
photoelectron spectroscopy (XPS) of catalysts was performed with 
an AXIS Ultra XPS spectrometer with an Al anode operated at 14 kV 
and 10 mA.    Spectra were corrected using the C 1s signal located at 
284.5 eV. Diffuse reflectance infrared Fourier transform 
spectroscopy (DRIFTS) experiments were performed using a Bruker 
IFS66 instrument equipped with an MCT detector and a KBr 
beamsplitter.  Prior to the collection of spectra, the catalysts were 
reduced in situ under 20% H2/He at 350 oC for 2 h followed by 
flushing under He for 30 min.   

Reaction studies.  The steady-state reaction experiments were 
performed using a fixed-bed flow stainless steel reactor (1/4 in. OD).  
The reaction conditions were as follows: 300-400 oC, CO/H2O/N2 = 
1/1/8, GHSV = 3,200-9,500 h-1.  Prior to the reaction, catalysts were 
reduced in situ under 20% H2/N2 (50 cm3/min) at 350 oC for 2 h.  The 
feed and effluent were analyzed on-line using an automated 
Shimadzu GC-14A equipped with FID and TCD detectors. 
Separations were performed under Ar using 2 columns: Porapak Q 
(12 ft x 1/8 in. SS, 80/100 mesh) and molecular sieve 13X (5 ft x 1/8 
in. SS, 60/80 mesh).  The catalytic activity is defined as moles of CO 
converted per moles of Fe present per hour.   
 
Results and Discussion 

It is believed that the function of chromium in commercial HTS 
formulations is to stabilize magnetite from sintering, thus enhancing 
the activity and stability of iron catalysts 3,4.  In this study, 
aluminum, manganese, and gallium were chosen as potential 
replacements for chromium.  Our reaction results indicate that the 
presence of Mn and Ga caused a decrease in WGS activity whereas 
the addition of Al in Fe catalysts improved WGS activity. This 
suggests that Al could be a potential chromium replacement.  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 1.  Reaction comparison of various reduced Fe-based 
catalysts in the HTS reaction [Reaction conditions: 300-400 oC, 
CO/H2O/N2 = 1:1:8, GHSV = 9,500 h-1]. 

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2005, 50(1),  269



As shown in Figure 1, although Fe-Al catalysts were not as 
active as Fe-Cr catalysts, the addition of Cu in Fe-Al catalysts (Fe/Cu 
= 20) resulted in a significant enhancement of WGS activity.  More 
importantly, Fe-Al-Cu catalysts not only matched the activity of Fe-
Cr catalysts, but surpassed them. In addition, the beneficial effect of 
Cu promotion is much more pronounced at lower temperatures. This 
indicates that formulations of highly active and chromium-free iron-
based catalysts can be achieved by adding both aluminum and 
copper. 

It is noted that all promoted catalysts exhibited higher surface 
area (54-88 m2/g) compared to Fe-only catalyst (19 m2/g).  The pore 
size corresponding to the maximum of Fe-only catalyst (24 nm) was 
considerably higher than that of Al- and Cr-containing samples (8 
and 6 nm, respectively). This suggests that the presence of aluminum 
or chromium retards the growth of hematite crystallites during 
calcination.  Moreover, in situ XRD during reduction indicated that 
the all promoted catalysts possessed smaller crystallite sizes of 
magnetite at the reduction temperatures ranging from 300 to 450 oC.   

It is conceivable that reduction behaviors of Fe-based catalysts 
could play a major role on catalytic performance in the HTS reaction. 
To further examine the change in catalyst reducibility with 
promotion, TPR was performed with 10% H2/Ar over various pre-
calcined Fe-based catalysts.  A low-temperature (LT) reduction peak 
around 420 oC is assigned to the reduction of hematite (Fe2O3) to 
magnetite (Fe3O4).  A broad high-temperature (HT) reduction peak is 
attributed to the reduction of magnetite (Fe3O4) to FeO and metallic 
Fe.  The addition of Cr or Al helps stabilize magnetite and prevents 
its further reduction to inactive FeO and metallic Fe.  The presence 
of Cu facilitates the formation of magnetite, leading to a significant 
improvement in WGS activity.  An additional peak is also observed 
on Cr- and Cu-containing samples, possibly due to the reduction of 
Cr6+ to Cr3+ (270 oC) and Cu2+ to metallic Cu (220 oC), respectively. 

XPS was conducted to investigate the nature of active sites and 
oxidation states of species present on the catalyst surface.  For all 
calcined catalysts, only the hematite phase  (710.9 eV) was observed.  
After reduction at 350 oC, magnetite (710.3 eV) was the major 
species detected.  Metallic (706.3 eV) phase is clearly seen on 
reduced Fe-only catalysts while it was markedly suppressed on both 
Al- or Cr-containing catalysts.  Consistent with TPR results, the 
addition of Al or Cr in Fe catalysts helps retard the formation of 
metallic Fe. Furthermore, the oxidation state of chromium after 
reduction was found in +3 state whereas all copper oxide was 
converted to a metallic copper phase.  This is also consistent with our 
TPR peak assignments. 

DRIFTS experiments of the CO+H2O TPReaction were further 
conducted to investigate adsorbed species during the WGS reaction 
and to elucidate the reaction mechanism. Our in situ DRIFTS results 
indicated that the WGS reaction over Fe-based catalysts occurs via 
the redox mechanism. The catalyst surface undergoes successive 
reduction and oxidation cycles by CO and H2O to produce CO2 and 
H2, respectively, with Fe3+ and Fe2+ occupying the octahedral sites in 
the magnetite structure constituting a redox pair.  More interestingly, 
CO2 bands grew stronger under CO flow on reduced Fe-Al-Cu 
catalyst after H2O exposure at 400 oC for 1 h compared to reduced 
Fe-only catalyst.  This suggests that Cu promotes the redox cycle, 
thus improving the catalytic activity of iron-based catalysts.   
 
Conclusions 

Various chromium-free iron-based catalyst were synthesized 
and studied in the HTS reaction at 300-400 oC and H2O/CO = 1.  Our 
reaction results have suggested that aluminum is a potential 
chromium replacement.   Promotion with Cu of Fe-Al catalysts 
further enhances WGS activity significantly.  Characterization results 
have indicated that the differences in catalytic performance could be 

due to changes in catalyst reducibility and magnetite crystallite 
growth as well as rate differences in redox steps of the WGS reaction 
over iron-based catalysts. 
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Introduction 

Hydrogen storage system development is a key enabling 
technology for the widespread introduction of hydrogen fuel cells. 
None of the existing technologies used for industrial hydrogen 
storage meet all or even most of the necessary performance criteria 
such as volume and gravimetric hydrogen density while providing 
inherent safety at a competitive price. While demonstration activity 
for PEM (proton exchange membrane) fuel cell applications is 
progressing using these and other early promising storage 
technologies, the performance targets required to enable hydrogen 
fuel cell vehicles is one of the most demanding applications with the 
largest potential impact. Significant work is progressing on 
technologies that show promise to improve storage densities by 
adsorption, absorption, or hydrogenation of hydrogen to various 
materials for storage onboard a vehicle. Novel liquid-phase hydrogen 
storage materials have been developed that enable the storage of 
hydrogen by reversible catalytic hydrogenation. Our proposed 
approach for hydrogen storage provides improved benefits that will 
be discussed. 

 
Discussion  

Hydrogen Storage System Approach.  The proposed 
reversible liquid-phase hydrogen carrier (LQH) approach, illustrated 
in Figure 1, provides a scenario that integrates the fuel distribution 
with the onboard vehicle storage technology.1 Storage technologies 
being investigated, which include hydrogen stored as cryogenic 
liquid, compressed hydrogen, and reversible solid hydrogen sorbents, 
all currently fall short of the challenging benchmark expectation of 
consumers set by gasoline. Targets have been developed by the U. S. 
Department of Energy with input from the automotive companies to 
address these challenges.  

 

 
 

Figure 1.  Schematic for the integrated approach of liquid-phase 
hydrogen carriers (LQH). 

  

(4)  Energy Efficiency. Hydrogen powered fuel cells have the 
potential to provide energy advantages over today’s petrochemical 
vehicle fuel supply. However, in order to achieve these advantages, 
the storage of hydrogen must also be energy efficient. As just 
discussed, the dehydrogenation will utilize the waste heat from the 
fuel cell. The hydrogenation of the liquid carrier is an exothermic 
process with anticipated heats of hydrogenation of -8 to -18 kcal/mol 
(Figure 3). In a commercial industrial hydrogenation process, some 
portion of this heat can be captured and utilized for economic benefit 
for utilization in the hydrogen production process such as for steam 
generation.  

The LQH approach provides some potential benefits compared 
to the other storage technologies. The areas of distribution, 
infrastructure cost, onboard system requirements, energy efficiency, 
and safety will be addressed.  

(1)  Distribution.  The liquid carrier is hydrogenated at the 
hydrogen production site and delivered ultimately to the fuel tank of 
a hydrogen powered vehicle with no intermediate transformations in 
the delivery chain as would be required if a reversible solid hydrogen 

storage technology were utilized. Because the LQH can be stored at 
atmospheric conditions without spontaneous evolution of hydrogen, 
the transfer of the liquid through pipelines, tanker trucks, or 
conventional liquid storage tanks is consistent with today’s fuel 
distribution system.  

(2)  Infrastructure Cost.  By carrying hydrogen in an 
atmospheric liquid, we expect this approach can utilize the existing 
liquid fuels infrastructure. Fueling stations will dispense a liquid fuel 
in the same manner they do today without requiring hydrogen 
production, compression, or heat exchange capabilities. Pipeline 
systems and tanker truck fleets can be utilized as well. While the 
carrier must be returned, since the fuel distribution trucking fleet 
currently returns empty there is available capacity at minimal 
incremental cost to facilitate the return. This approach has the 
potential for transition amongst the current fuel distribution providers 
as hydrogen slowly builds demand. The level of upfront speculative 
capital that will be required to build an infrastructure should be 
significantly less than gaseous and cryogenic distribution approaches.  

 

 
Figure 2.  Schematic for the integration of a dehydrogenation reactor 
with a fuel cell onboard a vehicle. The system consists of a tank for a 
hydrogenated liquid (LQH), a heat exchanger to utilize waste heat 
from the fuel cell for the endothermic dehydrogenation, a catalyst 
bed, and a holding tank for the dehydrogenated liquid (LQ). 

 
(3)  Onboard System.  A conformable storage tank like that used 

for gasoline today is expected. Current compressed hydrogen tanks 
for onboard storage are cylindrical or spherical in shape to contain 
the very high pressures. It is anticipated that conformability should 
allow for easier vehicle design. The volume required onboard the 
vehicle for hydrogen transfer, storage, and generation is only starting 
to be addressed by storage technology developers. Because the LQH 
is hydrogenated at a central location instead of onboard the vehicle 
like in many solid sorbent systems, the automotive system is 
simplified. There will be no need for heat exchange during fueling 
and the fueling can occur at a rate comparable to today’s gasoline 
pumping. The LQH and dehydrogenation system are being designed 
to utilize waste heat from the fuel cell for hydrogen generation 
without supplemental heating (Figure 2). By accomplishing this, it 
will also significantly reduce the radiator requirement for the vehicle. 
The work to develop this dehydrogenation system is underway and is 
critical to the success of this approach. 

(5) Safety.  While hydrogen can be handled safely, it requires 
different considerations than today’s vehicle fuels that could greatly 
affect the acceptance and adoption rate of hydrogen vehicles. These 
are dominated by consumer acceptance for the fueling experience, 
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but also include vehicle repair and maintenance, parking 
considerations, and security considerations for tunnels. The LQH 
fueling experience, by its nature, will appear the same to the 
consumer as today’s “one way” transfer of gasoline or diesel fuel 
with simultaneous transfer of two liquids. The transfer of 
hydrogenated liquid into the vehicle and dehydrogenated liquid off of 
the vehicle can happen automatically without any additional action 
by the consumer. The consumer will never come into contact with 
hydrogen gas itself nor be at risk of an equipment failure that could 
create an incident since the liquid carrier is an atmospheric liquid that 
will not spontaneously generate gaseous hydrogen. The onboard 
system is expected to generate hydrogen on demand, so the vehicle 
repair and maintenance industry, while still requiring new 
mechanical training, should not require additional safety 
considerations for the individuals or for detectors and other safety 
systems in the garages. In our ongoing work, our objective is to 
develop liquid systems that will provide improved environmental and 
safety considerations than that of gasoline and diesel. 

Liquid-phase Hydrogen Carriers.  The possibility of storing 
and transporting hydrogen for energy storage via the catalytic 
hydrogenation and dehydrogenation of common aromatic molecules 
such as benzene or toluene has long been discussed.2  The 
dehydrogenation of saturated aromatics to provide hydrogen to a fuel 
cell or hydrogen internal combustion engine (ICE) has also  been 
investigated for these chemically simple systems.3  With a theoretical 
gravimetric hydrogen storage capacity of over 7 weight percent, the 
systems seem attractive. But while this chemistry is carried out 
routinely in chemical plants, there are numerous engineering 
difficulties in utilizing it in a practical hydrogen storage device. 

With the appropriate metal catalysts, the hydrogenation of 
benzene, toluene, naphthalene and related one or two six-membered 
ring aromatics to the corresponding saturated cyclic hydrocarbons, 
cyclohexane, methylcyclohexane and decalin, respectively, can be 
conducted at relatively mild conditions, e.g. ~100°C and ~100 psi 
(6.9 bar) of hydrogen pressure, where it is thermodynamically very 
favorable. However, dehydrogenation of the above cited 
corresponding alkanes to produce hydrogen gas at the about 20 psia 
(1.5 bar) and higher delivery pressures as required for use in today’s 
PEM fuel cells,is a highly endothermic process. They require the use 
of higher reaction temperatures that are not easily obtainable from 
the fuel cells as well as a significant input of energy.  For example, 
the dehydrogenation of decalin in a membrane reactor gives only a 
very low conversion (~15%) of decalin, even at 300°C, and is only 
greatly enhanced by the selective separation of hydrogen by the 
membrane and removal from the reactor.4

For the hydrogenation of benzene to cyclohexane, the 
experimental enthalpy change at standard conditions (1 atm. 
pressure, 25°C), ∆H°, is -16.4 kcal/mol H2; ∆G at 80°C is -6.2 
kcal/mol H2, with a corresponding K=2.9 x 1011 atm-3 and 
approaches the ideal ∆G value only at about 280°C (where K = 1.1 
atm-3).  For the hydrogenation of naphthalene (liquid), C10H8, to 
cis-decalin (liquid), C10H18, the experimental ∆H°= -15.1 kcal/mol 
H2 and ∆G at 80°C is –4.9 kcal/mol H2 and approaches zero only at 
about 235°C (where K = 0.8 atm-5). Therefore, it is very clear that 
with the reversible hydrogenation of simple aromatics a recovery of 
hydrogen that is stored by hydrogenation will only be possible at 
quite elevated temperatures. 

Additionally, the common one or two six-membered ring 
aromatic molecules are quite volatile as are their hydrogenated 
products. While the hydrogenation can be conducted in a closed 
system, the production of product hydrogen from the reverse reaction 
fundamentally requires that there be some means of totally separating 
the gas from the reaction's organic volatile components. While 

technically possible, this requires a further unit operation which 
increases the complexity and cost of the hydrogen storage process. 

There have been several attempts to provide practical processes 
for storing hydrogen via a reversible hydrogenation of aromatics. 
Jensen et al. have described a means of dehydrogenating a 
hydrocarbon to an aromatic and hydrogen in the presence of a 
particular iridium-based homogeneous catalyst at temperatures of 
190°C or higher.5  Specifically described hydrocarbons are 
methylcyclohexane, decalin, dicyclohexyl, and cyclohexane (for 
which the corresponding aromatic products are toluene, naphthalene, 
biphenyl and benzene). These substrates are clearly volatile at these 
reaction temperatures and the reaction chamber is thus necessarily 
provided with a membrane that is highly selective for the passage of 
hydrogen as compared to the other volatile reaction components 
which are retained in the reaction chamber. 

Kariya, Ichikawa et al. have recently reported what is described 
to be an efficient generation of hydrogen from liquid cycloalkanes 
such as cyclohexane, methylcyclohexane and decalin over platinum 
and other platinum-containing catalysts supported on carbon. 
The processes are carried out at from about 200°C to 400°C under 
either "wet-dry multiphase conditions"6 or using pulse-spray mode 
reactors7, which involve intermittently contacting the saturated liquid 
hydrocarbon with a heated solid catalyst in a way such that the 
catalyst is alternately wet and dry. Because of local superheating and 
other cited factors the dehydrogenation reaction is rendered more 
efficient in terms of improved reaction kinetics but because of the 
reaction thermodynamics, it still requires the use of relatively high 
temperatures for a high conversion of the cyclohexane to the 
corresponding aromatic molecule. 

Thermodynamics.  In the hydrogen storage system approach 
discussed here, the hydrogen is “contained” in liquid-phase hydrogen 
carriers. Hydrogenation of the LQH is an exothermic process, while 
the release of hydrogen by dehydrogenation requires at least the 
corresponding input of thermal energy which can ideally be met from 
the fuel cell's or internal combustion engine's waste heat. Thus, in 
contrast to compressed hydrogen or liquid hydrogen-based storage 
systems, the necessary energy needed for containing the hydrogen 
(i.e. its heat of hydrogenation) can thus largely be met without 
significant consumption of higher grade electrical energy for 
compression. 

 

 
Figure 3.  The range of known H2-containment enthalpies including 
physical adsorption and chemical adsorption (eg. metal hydrides and 
hydrogenation of aromatic molecules). 
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This concept can be quantified in terms of the basic thermodynamic 
parameters, enthalpy (∆H), entropy (∆S), Gibbs free energy (∆G), 
and the equilibrium constant K, for the reversible hydrogenation 
reaction of substrate A to A-H2n: 

 

    
    

nHAnHA K
22 −⎯→←+

by the familiar thermodynamic relationship: 
  ∆G = -RTlnK = ∆H - T∆S   (1) 
where R is the ideal gas constant, T is the reaction temperature 

(K), and  
K = [A-H2]/[A]Pn

H2         (2) 
where the terms in [ ] refer to concentration and PH2  designates 

the hydrogen partial pressure.    
For an ideally reversible process, ∆G should ideally be about 

zero at a temperature (T) of ~80°C, the approximate temperature of 
operation of present day polymer electrolyte membrane (PEM) fuel 
cells. 

From Equation 1, the ideal requirement of ∆G~0 would be met 
with ∆H~T∆S. The entropy change for a hydrogenation (∆S) of pi-
conjugated substrates, which is largely representative of the loss of 
the H2 molecules' translational entropy, is typically on the order of 
~30 cal/deg/mol H2. Thus, for ∆G=0 at 80°C, ∆H should be about –
10.6 kcal/mol H2; at 200°C, ∆H will be approximately –14.2 
kcal/mol H2; and at 250°C, ∆H will be approximately –15.7 
kcal/mol H2. For a practical hydrogen storage device that operates 
via a reversible hydrogenation of an aromatic molecule, the change 
in enthalpy at standard conditions (∆H°, with standard conditions 
being 25°C and 1 atm.) of hydrogenation of the substrate as 
determined experimentally should be within the range of about –8 to 
-14 kcal/mol H2, (a range of hydrogenation enthalpies enthalpy 
changes that does not encompass the ∆H° for benzene or the ∆H° for 
naphthalene to their corresponding hydrocarbons). Those substrates 
having a lower modulus (absolute value) of the negative standard 
enthalpy change of hydrogenation, will be more easily 
dehydrogenated. 

 
Conclusions 

The reversible liquid-phase hydrogen carrier approach provides 
a scenario that integrates the fuel distribution with the onboard 
vehicle storage technology into a total system approach. While all 
proposed hydrogen storage technologies currently fall short of the 
ultimate commercialization targets, the LQH approach provides some 
unique benefits compared to the other storage technologies. The 
thermodynamics of the system provide potential maximum energy 
efficiency by (a) utilizing the waste heat from the exothermic carrier 
hydrogenation reaction and (b) a close integration of the endothermic 
dehydrogenation step which would thus be essentially driven by the 
waste heat from the H2 consuming power source. 

Progress in demonstrating the feasibility of producing hydrogen 
by the dehydrogenation of saturated aromatic molecules has been 
reported in the literature. However, it is evident from these results 
and our calculated thermodynamics that the use of molecules with a 
heat of hydrogenation >15 kcal/mol H2 will not allow for the 
dehydrogenation catalysis to operate at a temperature that enables the 
direct utilization of PEM fuel cell waste heat. The challenge of 
discovering liquid-phase hydrogen carriers for onboard hydrogen 
storage with both a suitable hydrogen capacity and heat of 
hydrogenation still remains. 
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Abstract 

The objective of the proposed work was to develop a model of 
hydrogen spillover that provides a mechanistic understanding of the 
resulting surface concentration attributed to hydrogen spillover. We 
have developed four models to describe this process, including (1) a 
chemical kinetics model, (2) a kinetic Monte Carlo analysis, (3) a 
dimensional analysis of the process, and (4) use of a Langmuirian 
model to provide a simplified chemical kinetics analysis. Each  
model has led us to some degree of insight to the hydrogen spillover 
process, and we anticipate that successful development of a model 
for hydrogen spillover will lead to a better design of hydrogen 
storage materials and provide insight into the field of heterogeneous 
catalysis as well. Here, we discuss the fourth model in detail and its 
resulting “spillover isotherm” which has allowed comparison of 
recent experimental results in hydrogen storage of doped carbon 
nanomaterials at pressures up to 20 bar.  
 
Introduction 

Recently, the term hydrogen spillover was used by Lueking & 
Yang to describe a synergistic effect between a multi-wall carbon 
nanotube (MWNT) and a Ni0.4Mg0.6O catalyst left from synthesis:  
Hydrogen spillover increased the uptake of the MWNT by up to 40% 
[1] and high-pressure studies with this material showed adsorption 
and desorption to be 3.7% and 3.6% hydrogen by weight respectively 
at 69 bar and 300 K [2].  Temperature-programmed desorption 
showed a secondary low temperature desorption peak attributed to 
hydrogen spilled over to the carbon surface; integration of these 
desorption peaks indicates that hydrogen bound carbon exceeds 
hydrogen bound catalyst by a factor of two at atmospheric pressure. 
This hydrogen uptake was comparable to similar studies reported 
concurrently for carbon-based materials with uncharacterized metal 
content.  Similar work suggests that the original 5-10% report of 
hydrogen storage in SWNT was also a result of carbon-metal synergy 
and theoretical studies of Fe-doped bucky balls suggest that 
application of pressure to doped nanocarbons may induce defects that 
lead to additional carbon adsorption sites with a hydrogen binding 
energy between classic physical and chemical adsorption [3].   
Development of a solid state hydrogen storage material remains a 
key hurdle to realize a hydrogen fuel economy, yet no current 
materials meet storage targets established by the DOE.  Despite a 
general skepticism about hydrogen storage reports in carbon based 
materials, the study of carbon-metal hybrids remains largely 
unexplored. 

The objective of this paper was to provide the theoretical 
framework to properly analyze and interpret hydrogen spillover data 
beyond the limit of low surface coverage, such that a theoretical basis 
can be used to guide experimental efforts.  To this end, a simple 
utilitarian model with a limited number of parameters requiring 
estimation and/or extrapolation is desired.  We have developed four 
separate conceptual models that are useful in describing hydrogen 
spillover and are not limited to low pressure and low coverage 
conditions.  The final model, a simple kinetic analysis based on an 
extended Langmuir-like derivation, proved the most utilitarian for 
interpreting high-pressure hydrogen adsorption isotherms; and thus 
this final “hydrogen spillover isotherm” is discussed here in detail, fit 

and validated with experimental data, and used to interpret spillover 
trends on various carbon supports.  The corresponding “hydrogen 
spillover isotherm” has implications not only in hydrogen storage, 
but also in the field of hetoergeneous catalysis. 
 
Methods  

Materials.  HiPCO single wall carbon nanotubes (SWNTs) 
were obtained from Carbon Nanotechnologies (CNI) Inc. and further 
treated with 4M HCl followed by 6M HNO3 to remove residual 
metals.  Treated SWNT were doped with platinum (H2PtCl5.6H2O, 
STREM Chemicals) by refluxing in ethylene glycol.  Prior to 
adsorption measurements, samples were reduced in situ in 100 cc 
(STP)/min hydrogen gas at 573 K followed by vacuum treatment at 
573 K to remove hydrogen prior to cooling to room temperature for 
adsorption measurements.   

Hydrogen adsorption.  Total hydrogen uptake was quantified 
at 300K for 40-50 mg samples gravimetrically through adsorption 
isotherms on a Hiden IGA-003 microbalance with a sensitivity of +1 
µg at pressures up to 20 bar.  Ultra-high purity hydrogen was used 
and further purified with an in-line molecular sieve. Buoyancy 
corrections were based on preliminary helium densitometry 
measurements which showed a density of 1.9 g/cm3.  The hydrogen 
monolayer coverage was calculated by extrapolating to zero pressure, 
using standard procedures. The hydrogen adsorption for the 1% 
Pt/SWNT was compared to data obtained in reference [4]. 
 

 
 
 
 
 
 
 
 
 

 
Figure 1.  Hydrogen spillover includes (a) adsorption/desorption 
from a supported catalyst followed by surface diffusion to the 
catalyst support.  In our simplified Langmuiran analysis (b) we have 
incorporated the assumption that the metal remains saturated and the 
flux is only from the metal to the support (see text and Equation 1) 
  

Model Development.  To arrive at active metal surface area, a 
common method is to extrapolate low pressure data to zero pressure.  
The assumption is that metal remains saturated at intermediate 
pressures.  We have incorporate this assumption in the development 
of our spillover model illustrated in Figure 1.  Combining a mass 
balance around the support with a surface diffusion term, Ds, 
ultimately leads to the Langmuiran-type expression for overall 
uptake, η, normalized per number of surface sites, Z:   
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Thus, this Langmuiran approach has led to a “spillover isotherm” 
represented in Equation 1 which incorporates dimensionless 
parameters that relate hydrogen adsorption, desorption (to/from the 
support) to the rate of interfacial transfer to the support (λ1 and λ2).  
The parameters β1 and Z represent the fractional number of catalyst 
surface sites and the total number of sites per surface; these 
parameters are characteristic of the support and should be easily 
determined through experimental analysis.  

 
Results and Discussion 

Hydrogen spillover is often cited to be proportional to the 
square root of pressure.  In his seminal work, Langmuir discussed a 
fifth case of adsorption which involved dissociation of the adsorbate 
and, we believe, ultimately led to this common assertion.  However, 
Langmuir clear states that this equation is valid only in the limiting 
case where surface coverage approaches zero.  Hydrogen uptake on 
supported catalyst is generally limited to measurements between 0-1 
bar.  Over this limited pressure regime, overall uptake can be fit 
reasonably well to any number of exponential type expressions, 
including that indicating a square root pressure dependence. In 
contrast, defining spillover as an increase in uptake over that 
expected for the undoped supported showed little pressure 
dependence for metals supported on nano-carbons [4].  

  
 

 
 
 
 
 
 
 
 
 
 
 
 

Figure 2.  The hydrogen spillover isotherm fits experimental 
hydrogen uptake data for 1% Pt supported on SWNT at high 
pressures (here  Po = 20 bar). 

 
The spillover isotherm fits experimental data for a 1% Pt/SWNT 

very well at pressures up to 20 bar (Figure 2); previous models we 
have developed relying on simple square root pressure dependence 
do not fit the data over this range of pressures.  It is interesting to 
note that the spillover isotherm reduces to square root pressure 
dependence when λ2 is large; this corresponds to a large desorption 
rate relative to the mass transfer rate (see Equation 2).  The spillover 
isotherm also exhibits properties similar to that of the classic 
Langmuir isotherm, in that it has a limiting value at high pressure.  
This limiting capacity provides a more realistic view of potentially 
applying carbon-metal hybrids to hydrogen storage applications, than 
the common statement that uptake is proportional to the square root 
of pressure. 

The direct need for a hydrogen spillover model to characterize 
and understand experimental data has been discussed previously [7].  
Simple additive analysis commonly used to interpret data makes no 
concession for synergistic effects upon the addition of a catalyst. 
When comparing the overall uptake of a catalyst-support 
combination, it is difficult to draw meaningful conclusions about the 
ability of a support to accept spiltover hydrogen when the surface 
may—either by design or inadvertently—have different catalyst 

loading and dispersion. Chemical methods that modify the support 
ultimately affect metal dispersion, thus systematic attempts to study 
the role of chemical modifications on hydrogen spillover are difficult 
at best.  Plots of hydrogen uptake before (Figure 3a) and after (Figure 
3b) illustrate how the normalization procedure via the spillover 
isotherm facilitate data analysis.  Prior to normalization, it is unclear 
whether the ~2-fold increase in hydrogen uptake for the 5% 
Pt/SWNT is due to greater Pt or due to chemical properties of the 
support (Figure 3a).  Normalization and use of the spillover  isotherm 
allows a meaningful comparison between the chemical treatments 
and synthesis of the different SWNTs shown (Figure 3b).  The 1% 
Pt/ SWNT was synthesized as described in the methods section, 
whereas the data for the 5% Pt/SWNT is from reference [4].  Thus, 
the two SWNT were synthesized and pretreated with very different 
procedures.  This normalization via the spillover isotherm leads to 
initial speculations that the HNO3 treatment was detrimental to 
hydrogen uptake via hydrogen spillover.  
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Figure 3.  Hydrogen uptake of 5% Pt/SWNT is greater than 1% 
Pt/SWNT (a), but it is unclear if this is due to metal content, loading, 
or support chemistry.  Treatment of the data through the hydrogen 
spillover isotherm (b) suggests the surface chemistry of the 5% 
Pt/SWNT contributes to its higher uptake.  
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Introduction 

In the past several decades there has been considerable interest 
in efficiently harnessing solar energy to generate chemical energy.1,2 
However, significant progress is still needed to reach this goal. 
Natural photosynthesis represents the conversion of solar energy to 
chemicals via a complex array of light-harvesting pigments and 
redox species arranged spatially across membranes.3 It is necessary 
to create long-lived accessible photogenerated charge-separated 
species for building up an efficient energy conversion system. The 
thermal back-electron-transfer reaction makes this difficult; e.g., with 
the photosensitizer tris(bipyridine)ruthenium-(II) (Ru(bpy)3

2+ ) and 
the electron acceptor methyl viologen (MV 2+), the forward- and 
back-electron-transfer rate constants are reported to be 5.6 x 10 9 and 
2.4 x 10 9 M -1 s -1, respectively.4

Various heterogeneous supports have been examined for the 
Ru(bpy)3 2+ and viologen system such as micelles,5 vesicles,6 silica 
gel,7 clays,8 and zeolites.9,10 Zeolite-based systems have shown 
promise for generation of long-lived charge-separated species. Using 
dyad molecules exchanged on the surface of zeolites, it was found 
that intramolecular back-electron-transfer reactions between 
Ru(bpy)3

3+ and viologen radical could be 105 times slower than in 
solution.11  Several groups have shown that the back electron transfer 
between zeolite-entrapped Ru(bpy)3

3+ and viologen radical can be 
slowed, and charge hopping between intrazeolitic viologen molecules 
can lead to permanent photoinduced charge separation.12-15 However, 
in these latter cases, Ru-(bpy)3

2+ was within the zeolite and not 
accessible for possible chemical utilization. 

Here we would like to address the accessibility problem by 
examining a system in which a polypyridine-ruthenium moiety is 
covalently bonded to entrapped-bipyridinium acceptors on the 
surface of the zeolite.10 By adapting a zeolite membrane, which can 
keep apart two chemical systems that interfere with each other, yet 
still allow for transport of specific species through the membrane, a 
spatial separation of the photogenerated hole and electron can be 
achieved.16,17 In our study a prototype zeolite-membrane-based 
artificial photosynthetic assembly, which is a Ru polypyridyl 
complex decorated on the surface of the zeolite with intrazeolite 
bipyridinium ions and propylviologen sulfonate in solution, will be 
proposed as an attractive feature in mimicking natural photosynthesis. 
 
Experimental 

Chemicals: (Ru(bpy)2
3+, Strem Chemicals), Na2EDTA (GFS 

Chemicals), triethanolamine (Sigma), 1,3-dibromopropane (Aldrich), 
1,4-dibromobutane (Aldrich), 2,2’-bipyridine (Aldrich), 4,4’-
dipyridyl hydride (Aldrich) and 1,3 propane sulfone (Aldrich) were 
purchased with the highest purity available and used as received. 
Acetonitrile, toluene, dichloromethane and acetone were obtained 
from Mallinckrodt (reagent grade) and used without further 
purification. N,N’ -trimethyl-2,2’ –bipyridinium dibromide (3DQ2+/, 
N,N’-tetramethyl-2,2’ -bipyridinium dibromide (4DQ2+/ and propyl 
viologen sulfonate (PVS) were synthesized following a procedure 
published elsewhere.18 

Preparations of zeolite and its membrane: As a support, 
porous α-Al2O3 disks prepared according to the literature procedures 
were used.19 Nanocrystalline zeolites Y were used as a seed crystal 
and were synthesized from clear solutions of tetramethylammonium 
(TMA)-aluminate according to the literature.20,21 The synthesis 
solution had the following molar composition; 0.037 Na2O, 1.0 
Al2O3, 3.13 (TMA)2O, 4.29 SiO2, 497 H2O. Zeolite Y membrane was 
prepared by secondary growth method and a detailed procedure was 
discussed in a previous report.16  X-ray powder diffraction (XRD) 
patterns of nanocrystalline zeolite Y and its membranes were 
recorded with a Rigaku Geigerflex diffractometer using Ni-filtered 
Cu Kα radiation (40 kV and 25 mA). Figure 1 shows a typical XRD 
pattern of zeolite Y membrane.   
 

 
Figure 1.  XRD of zeolite membrane grown at 45O for 7 days (Y-due 
to zeolite, S-due to substrate).16

 
Synthesis of Ru complex and fabrication of  zeolite- based 

artificial photosynthetic assemblies: Ligand L (1,4-Bis[2-(4’-
methyl-2,2’-bipyrid-4-yl)ethenyl]-benzene) and [Ru(bpy)2(L)](PF6)2 
were prepared by following methods described in the literature with 
slight modifications.22 Analytical and spectroscopic data recorded for 
these compounds were in agreement with the proposed structures. To 
accomplish the prototype of zeolite-based artificial photosynthetic 
assemblies, each reaction step was properly modified. Their 1H NMR 
and UV-Vis absorption spectra matched with those of the 
presynthesized one. Pore size engineering technique was also applied 
to accomplish ideal model assembly by means of reducing the ion-
exchange of 3-DQ2+ by Na+.  

Photolysis: A xenon arc lamp equipped with a water filter, a 
420 nm cut-off filter and a reflecting mirror (420–650 nm) was used 
as a light source. The power of the incident radiation on the 
membrane side of the cell was 250 mW/cm2, measured by a Coherent 
210 power meter. For suspension and membrane photolysis, a 
vacuum-sealed NMR tube and a cell,10 which has a built-in (1 cm 
internal length) cuvette for in situ absorption spectro-scopic study 
were used respectively.  

 
Results and Discussion 

To examine charge transport through the zeolite membrane, a 
reaction that involves electron transfer by a self-exchange process 
was considered.  

 
Scheme 1. A schematic representation of the cell for photochemical 
charge transport studies16 
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A schematic description of the cell in which the reaction was 
carried out, and has two compartments separated by the zeolite 
membrane17 is shown in scheme 1. The zeolite was ion-exchanged 
with 4DQ2+ and the following process was carried out: 

 

 
 

where the subscripts s and z represent solution and zeolite, 
respectively. Reaction (1) initiates the charge-transfer process on the 
zeolite side, and EDTA acts as a sacrificial electron donor. If charge 
transport through the zeolite membrane can occur by electron 
hopping via the self-exchange of ion-exchanged DQ2+, as shown in 
reaction (5), then illumination of the zeolite side should lead to 
creation of PVS-• radical on the substrate side of the membrane and 
measure of this radical (characteristic absorption bands at 390 and 
605 nm) was the focus of these experiments. Even though O2 from 
leaking into the cell was not fully prevented, 0.018 mM of PVS-• 
radical was observed on the substrate side of the membrane as a 
resultant of charge propagation through zeolite membrane.  

In terms of achieving efficient charge transfer, however, the 
electron donor and acceptor should be as close as possible. Therefore 
an electron donor and acceptor dyad would be required and 
[Ru(bpy)2(L-4DQ)]4+-Y zeolite was chosen as a model system. 
[Ru(bpy)2(L-4DQ)]4+-Y ion-exchanged with MV2+ upon exposure to 
ambient light in an anaerobic environment exhibited new bands at 
390 and 605 nm. Further, these spectral changes disappeared when 
the zeolite sample was subsequently exposed to O2. These obser-
vations are consistent with formation of the MV•- radical. 
Ru(bpy)2(L-4DQ)4+ -Y ion-exchanged with 3DQ2+ was dispersed in a 
PVS solution and irradiated with visible light. A growth in bands at 
390 and 605 nm signifying the formation of PVS•- radical in solution 
was noted, as shown in the insert of Figure 2. The formation of the 
viologen radical as measured by the absorbance at 390 nm for two 
zeolite samples [Ru(bpy)2(L-4DQ)]4+-3DQ 2+-Y and [Ru-(bpy)2(L-
4DQ)]4+-Na-Y are contrasted. The data show that the growth of 
PVS•- is considerably accelerated with intrazeolitic 3DQ2+. After 3 h 
of photolysis, 12 nmol of PVS•- was formed, though the amount of 
the ruthenium complex on the zeolite was 10 nmol. The yield of 
PVS•- could be increased further with photolysis time, as is obvious 
from the slope of PVS•- generation in Figure 2.10 

 

 
 

Figure 2. Growth of PVS•- during photolysis of I, [Ru(bpy)2(L-
4DQ)4+]- 3DQ2+-zeolite Y, and II, [Ru(bpy)2(L-4DQ)4+]-Na+-Y, in 

aqueous solution of 0.01 M PVS (inset shows the spectrum after 180 
min of illumination for I).10  

Several experiments were done with the solution recovered from 
the photolysis sample and measured their excitation (measured at 530 
nm) and emission spectrum (λmax: 530 nm). A new species was being 
created during photolysis with characteristic absorption and emission 
maximum at 390 and 530 nm indicated the presence of 3,4-dihydro-
1,1’-dimethyl-3-oxo-4,4’-bipyridinium cation (3-one), which 
originates from be the oxidation of PVS in solution. The question 
that arises is what species oxidizes PVS to the pyridones? 

In aqueous solution at neutral pH, the half-life for Ru-(bpy)3 3+ 
is of the order of 200 s in the dark and is considerably faster in the 
presence of visible light.23 Illumination within the ligand to metal 
charge-transfer band of Ru(bpy)3

3+ increases the nucleophilicity of 
the bpy ligand and thereby promotes the attack by water. In earlier 
studies,24,25 we concluded that the covalent hydrates and hydroxyl-
ated species of the ruthenium complex formed by the attack of water 
on Ru(bpy)3

3+ oxidize methyl viologen to pyridones and regenerate 
Ru(bpy)3 2+. We propose that, in the [Ru(bpy)2(L-4DQ)]4+ -3DQ 2+ -
zeolite sample, photo-excitation leads to electron transfer from the 
tethered Ru complex to intrazeolitic 3DQ2+.  

The photolyzed solution was also tested to examine if it had any 
sacrificial electron donor properties for photolysis with Ru(bpy)3

2+ 
and viologen, and the result was found to be negative. This 
experiment also confirmed that if any of the zeolite-tethered 
[Ru(bpy)2(L-4DQ)] 4+ complex was decomposing, then such soluble 
species did not have the ability to generate PVS-• in solution.  

On the basis of data, we concluded that, in the [Ru(bpy)2(L-
4DQ)]4+ -3DQ 2+ -zeolite sample, photoexcitation leads to electron 
transfer from the tethered Ru complex to intrazeolitic 3DQ 2+. 
Several studies in zeolites have demonstrated that if the bipyridinium 
ions in zeolite are well packed, then the electron can migrate through 
the zeolite by self-exchange,14,15,26,27 and this is the purpose DQ 2+ 
serves. Such a process will lead to the formation of Ru(III) on the 
zeolite surface, which in the presence of light and water will lead to 
rapid adduct formation that can react with PVS in solution to form 
the pyridones and regenerating Ru-(II). The electron on the 3DQ 2+/+ 
can migrate through the zeolite and upon coming to the surface of the 
zeolite is vectorially transferred (because of the difference in 
reduction potentials) to PVS in solution forming PVS•- , a feature that 
has also been reported by other groups.14,15 These ideas are 
represented by scheme 2 and the following equations: 

 
 

 
 
Scheme 2. Photoelectron-Transfer Scheme of [Ru(bpy)2(L-4DQ)]4+-
3DQ2+-Zeolite Y in Aqueous Solution of PVS.10 
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In the scheme above, the Ru3+ (OH2)-zeolite represents the 
complex formed by water attack on the Ru(III) complex and its 
actual form is more complicated than the representation. 23-25 The 
reason the electron at the interface (on 3DQ2+) does not recombine 
with the ruthenium complex is because Ru(III) has reacted with 
water and PVS and is regenerated as Ru(II). Thus, both water and 
PVS are necessary to regenerate Ru(II). PVS also plays a second role 
as the electron acceptor from DQ•+ in the zeolite. Eventually, the 
formation of PVS•- will stop when all the PVS is converted to the 
pyridone, but since we have a 2500-fold excess of PVS over 
ruthenium, such a situation is not reached within the times for which 
we have photolyzed the samples. Water attack on the photogenerated 
Ru(III) complex will result in degradative processes and destruction 
of the Ru complex in the absence of PVS.23,24 Zeolite-based RuO2 
catalytic systems that can result in O2 generation are currently being 
incorporated into the molecular assembly and will assist in 
regeneration of the Ru(II) complex.28 Also, in the  present system 
(Scheme 2), there is a sacrifice in photochemical efficiency due to 
quenching of [Ru(bpy)2(L-4DQ)]* by PVS in solution.  

Here, it is suggested that using a zeolitic membrane to separate 
the redox species would alleviate this problem.16,17 A prototype 
zeolite-based artificial photosynthetic assembly is proposed for 
demonstrating efficient long-lived charge transfer and separation. 
The assembly will be configured to have Ru polypyridyl complex 
decorating the surface of the zeolite membrane with intrazeolitic 
bipyridinium ions (3-DQ2+). Its photochemical and photophysical 
properties will be examined in the same manner as with zeoltie 
particles and it is expected that a long-lived charge separation across 
a membrane will be possible. This successful demonstration should 
lead to interesting chemistry, including the possibility of splitting 
water into hydrogen and oxygen.9 More details will be discussed in 
the symposium. 
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Introduction 

Au catalysts have recently been the subject of great interest 
because they may be highly active but only when the Au particles are 
in a certain size range1 or thickness.2,3  Elucidation of the causes of 
this extreme structure sensitivity has been obfuscated by the role of 
the support in the reaction mechanism and the effect of the support 
upon the growth and stability of the Au precursor and in situ particle 
sizes.4   Conversely, tailoring of the support could lead to improved 
control of Au structure and stability and therefore inhibit thermal 
deactivation of the catalyst.  In the following we summarize research 
to study the effects of variation in the support properties upon the 
catalytic performance of the resulting Au catalysts.  The 
crystallographic structure and surface composition of the support has 
been varied to determine the effect upon activity for CO oxidation 
reaction after various pre-treatments.   In particular, Au catalysts 
were prepared using different structures of TiO2, and two different 
morphologies of SiO2 were functionalized with single and double 
overlayers of Ti- and Al oxides.  
 
Synthesis of catalysts 

A variety of methodologies have been used to prepare catalyst 
supports which included three different pure allotropes of TiO2 
(rutile, anatase and brookite), commercial TiO2-p25, mesoporous 
TiO2, mesoporous silica and silica supports functionalized by single 
or double monolayers.   Pure rutile and anatase were obtained using 
sonication synthesis with tetraisopropyltitanate and titanium 
tetrachloride used as precursors for anatase and rutile respectively.  
Brookite was obtained by hydrothermal synthesis using titanium 
tetrachloride as a precursor.  Commercial TiO2 P25 was obtained 
from Alfa Aesar.  Phase purity of the TiO2 supports was checked by 
XRD.  

 Monolayer synthesis of catalyst were performed using non-
aqueous deposition of oxide precursors onto fumed silica (Cabosil) or 
mesoporous silica (SBA-15) using methods described by Kunitake.5,6  
In this approach, an alkoxide precursor (Ti(OBun)4 or Al(OBus)3 ) is 
dissolved in solvent (mixture of toluene and dry methanol).  The 
dried support was added and the resulting mixture was refluxed for 3 
hours resulting in substitution of surface hydroxyl by the alkoxide 
precursor with loss of the corresponding alcohol.  Following removal 
of the pre-cursor, the resulting functionalized support was washed in 
water to hydrolyze surface alkoxides.  Repeating these two steps 
permits layer-by-layer deposition of single monolayers of oxide 
precursor (hydroxide).  Using this approach single or double 
monolayers were obtained.  For example, deposition first of Al onto 
Cabosil, followed by deposition of Ti yielded the support designated 
Ti2-Al1 -SiO2 (Cabosil).  Analysis of Al and Ti uptakes on the 
Cabosil samples by ICP were consistent with the density of surface 
hydroxyls and the surface area of the silica supports.  

Following preparation of the supports, Au was deposited using 
deposition-precipitation  (DP) at pH 10.  DP stoichiometry were 
targeted to a high Au loading (near 13 wt%) but the actual Au 
loading determined by ICP or XANES were normally lower. 
Catalysts were dried at low temperature (50 °C).  To minimize on-
shelf deactivation of reduced Au catalysts, no subsequent treatments 

were performed until the catalysts were put on-line.  Catalysts were 
tested in a flow reactor (Altamira Instruments AMI-200) outfitted 
with QMS and GC detection of reaction products.  CO oxidation 
(typically 1%CO in air) was used as a bench-mark test to compare 
activity and stability of the catalysts.  A reaction mixture of 1% CO 
in air at SV of 40,000 ml/g cat hr was typically used. 
 
Reduction of Au precursor 

Stability of Au catalysts is strongly affected by sintering and 
growth of Au clusters, a thermally driven process dependent upon the 
surface on which the Au precursors are supported.  Our interest was 
to establish the effects of thermal and chemical pretreatments upon 
the Au cluster growth and the resulting effect upon activity of the 
catalyst for CO oxidation.  Results are presented for the evolution of 
the Au precursors during reduction at 150 °C (in 20% H2-Ar) and 
calcination at 300 and 500 °C (in 8%O2-He).  Following DP at high 
pH it is expected that the Au is present on the surface primarily as a 
hydroxide and is accompanied by hydroxyl or water chemisorbed on 
the support.  TGA and temperature programmed desorption in He 
demonstrate evolution of water occurs in two peaks near 100 and 200 
°C and tails off at higher T, attributed in part to de-hydrolysis of the 
Au hydroxide (Fig. 1).   Oxygen evolution occurs in a sharp peak at 
350 °C due to decomposition of Au oxide remaining from the 
dehydrolysis.   

Reduction of Au by CO and H2 occurs readily at temperatures 
well below the TPD peak temperatures, as determined by color 
change and XANES.  In the as-dried state the catalysts are light 
colored (brown or tan) and readily turn to a dark blue or black when 
treated in the reactor at room temperature in reaction mixture (CO in 
air) or in H2.  XANES at the Au LIII edge conclusively demonstrates 
reduction of the Au precursor to metallic Au under reaction 
conditions.  Once reduced, the Au clusters will not reoxidize by 
treatment with air at room temperature or 300 °C.  These catalysts 
with reduced Au clusters may be highly active for CO oxidation, 
depending upon Au loading and the size of the resulting Au particles. 
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Figure 1.  Temperature programmed desorption in He from as-dried 
Au on TiO2 (anatase), heating rate 15 °C / min. 

 
Catalytic activity and stability 

Catalysts were all tested to compare their activities for CO 
oxidation after various pre-treatments.  The goal was to compare the 
effect of sequentially higher treatments upon the catalyst activity and 
to therefore measure their stability to thermal deactivation.    
Following each pre-treatment, the activity was measured as a 
function of reaction temperature.  Arrhenius plots of the data at low 
conversion were used to obtain rates and apparent activation 
energies. Selected activity results are shown in Table 1.  For 
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comparison, the activities are expressed as the temperature at which 
50% conversion of CO to CO2 is achieved. 

Au catalysts prepared on pure TiO2 gave reaction rates 
comparable to published values when compared at the same 
temperatures.  Catalysts are already active in the as-dried form in 
spite of water present on the support and initially oxidized Au.  Upon 
first introducing the reaction stream, CO2 is generated from reduction 
of the Au hydroxide and contributes to CO2 produced catalytically, 
presumably by the newly reduced Au.  All forms of TiO2 supported 
Au had comparable activities in as-dried state and after reduction at 
150 °C. The supports are differentiated by the stability of the Au 
catalyst following calcination, and the brookite is least affected by 
calcination at 300 or 500 °C while the pure rutile is the most strongly 
deactivated.7   

Although Au on Cabosil or SBA-15 by DP has low activity, 
functionalizing the silica with a single monolayer of Ti before Au 
deposition yields a very active catalyst which remains active after 
calcination up to 300 °C.  A double layer of Ti behaves similarly (the 
very low T50 after 150 °C reduction may be a heat transfer effect).  
Interposing an Al layer under the Ti has the major effect of 
destabilizing the catalyst after calcination at 300 °C or above.  Most 
interesting is the behavior of the Al terminated supports.  A single 
layer of Al on the silica does not lead to a good catalyst, although 
addition of a second silica layer leads to an improvement.  
Remarkably, interposing a buffer layer of Ti under the Al layer leads 
to a catalyst which is more active and stable than the Al layered 
catalysts and as stable as the  most stable TiO2 (brookite). 

 
Table 1.  Activity (T50 °C) for Catalysts after Various 

Pretreatments.  
 
Support Au 

load 
wt% 

As 
dried 

Reduce 
 150° C 

Calcine 
300° C 

Calcin
e 500° 
C 

TiO2 p25 8 
5.7 

n/a 
-48 

-30 
-25 

-15 
21 

120 
n/a 

TiO2  anatase 12.6 
2.8 

-38 
n/a 

-38 
n/a 

7 
6 

n/a 
96 

TiO2 brookite 3.2 -20 -38 -26 31 
TiO2 rutile 13. -31 -35 48 n/a 
Ti1- 
SiO2 (SBA-15) 

n/a -34 n/a -25 n/a 

Ti1- 
SiO2 (Cabosil) 

5 -44 -32 -5 >100 

Ti2-Ti1  
SiO2 (Cabosil) 

6.8 -45 -95 -25 n/a 

Ti2-Al1  
SiO2 (Cabosil) 

11.7 -22 -11 65 127 

Al1  
SiO2 (Cabosil) 

8 unsta
ble 

inactive 
100 C 

-- -- 

Al2-Al1 

 SiO2 (Cabosil) 
10 7 12 Inactive 

at 30 C 
-- 

Al2-Ti1 

 SiO2 (Cabosil) 
10.3 -31 <-93 -28 35 

 
These results suggest that tailoring the support functionality can 

lead to a route to stabilizing Au catalysts to deactivation.  Addition of 
oxide overlayers serve to alter the acidity (the iso-electric point), the 
electronegativity, structure, valency and defect types at the surface.   
This can be achieved on silica with a single specific morphology.  
Alternatively, variation of the support morphology by use of different 
nanoparticulate or mesoporous forms of silica may be used with 

particular functionalizing overlayers leading to independent control 
of support morphology and surface properties. 
 
Structural characterization of catalysts 

Active catalysts were examined by Z-contrast STEM and by 
conventional TEM.  In particular the brookite and anatase supported 
Au catalysts were examined using ORNL’s aberration corrected Z-
STEM.   In the precursor state, clusters of gold atoms were visible 
and resolvable on the anatase support.  Images obtained after 
reduction at 150 °C were consistent with large quantities of Au thin 
rafts 1 to 2 nm in diameter.  Since scattering in dark field is 
quantifiable, it was possible to determine that the majority of rafts 
were one or two layers thick.  Au atoms were not resolvable in the 
rafts suggesting that Au atoms were dynamic, although the rafts were 
stably anchored to the support.    

Au particle sizes were analyzed by EXAFS analysis for Au 
supported on TiO2-p25 following a sequence of annealing steps.  
Simultaneous measurement of the catalyst activity was obtained to 
assure activity, although mass transfer limitations prevented accurate 
rate measurements.  Instead, separate aliquots of the catalyst were 
tested in the reactor under identical protocols.  Coordination numbers 
(and corresponding mean particle sizes) obtained from EXAFS and 
reaction rates data were correlated following each anneal.  EXAFS 
confirmed decrease in Au particle diameter, d, with increasing 
annealing temperature, correlating with decrease in reaction rates.   
Reaction rate (on a total Au basis) decreased with particle size faster 
than the d-1 dependence expected from simple loss of surface area.  
This correlation supports a size effect in Au catalysis, but does not 
agree with a d-3 dependence suggested previously.8 
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Introduction 

Platinum sulfite acid is a traditional precursor in the synthesis of 
Pt/carbon black fuel cell electrocatalysts [1].  Easy to use and not 
relatively expensive, it is a potentially attractive precursor for many 
other types of supported catalysts.  The ultimate usefulness for many 
applications, however, will depend on the extent that Pt can be 
dispersed and sulfur eliminated. 

To this end a series of supports including alumina, silica, 
magnesia, niobia, titania, magnesia and carbon were synthesized with 
PSA solutions and subsequently analyzed with extended x-ray 
absorption fine structure (EXAFS) and x-ray absorption near edge 
structure (XANES) analysis to characterize the Pt species formed 
upon impregnation, calcination, and reduction.  It was found almost 
impossible, by any pretreatment, to eliminate all sulfur from the Pt 
phase over any support; high temperature calcinations followed by 
reduction in hydrogen eliminated most but not all S, at the expense of 
increasing Pt particle size. 

 
Materials and Methods 

Platinum sulfite acid was obtained from Heraeus and was 
diluted such that impregnation by pore filling (dry impregnation) into 
the various oxide and carbon supports yielded about 1.5 wt% Pt.  
EXAFS measurements were performed at the MRCAT undulator 
beam-line equipped with a double-crystal Si (111) monochromator 
with resolution of better than 4 eV at 11.5 keV (Pt L3 edge).  Spectra 
were taken in both the fluorescence and transmission modes using 
pressed powder samples.  Phase-shift and backscattering amplitudes 
were obtained from various solid reference compounds.  Details of 
the experimental and fitting procedures can be found in references 2 
and 3. 

 
Results and Discussion 

EXAFS results are shown in Figure 1 for a progression of 
pretreatments of PSA impregnated alumina.  The dried state (solid  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

 
 
 
Figure 1.  Magnitude of Fourier transform of PSA on alumina (k2: 
∆k = 3.0 – 13.0 Å-1), solid: dried at RT, dotted: calcined at 300°C, 
dashed: reduced at 300°C 

line), which was virtually identical to the solution species, could be 
fit with two Pt-S bonds and two Pt-O bonds.   After a 300°C 
calcination, there were six Pt-O bonds (dotted line), while a 300°C 
reduction of the dried sample yielded only Pt-S bonds (dashed line). 

The removal of sulfur from the Pt phase was attempted by 
higher temperature reduction (at 500°C), and by a 300°C calcination 
followed by a 300°C reduction.  The retention of sulfur after these 
pretreatments was strongly dependent on the support; representative 
results are shown in figure 2.  For alumina, figure 2a, neither the 
higher temperature reduction nor the calcination-reduction sequence 
removes much sulfur, but a small amount of Pt-Pt bonds are formed.    
 
a) 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
b) 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 2.  Magnitude of Fourier transform of PSA (k2: ∆k = 3.0 – 
13.0 Å-1), solid: reduced at 300°C, dashed: calcined at 300°C then 
reduced at 300°C, dotted: reduced at 500°C, on a) alumina, b) silica. 
 
Over silica, figure 2b, much more metallic Pt is formed.  However, 
even in the most S-free sample (500°C reduction) there are on 
average 0.6 Pt-S bonds and 8.4 Pt-Pt bonds. 

The next attempt to remove sulfur was made by reduction-
calcination-reduction cycles.  A representative result is shown in 
figure 3 for silica.  From the 300°C reduced sample (solid line) which 
contains about 2 Pt-S bonds and 3.5 Pt-Pt bonds, a 400°C calcination 
once again removes the Pt-S bonds and an oxide phase is formed 
with 4.1 Pt-O bonds and 1.6 Pt-Pt bonds (dashed line).  Upon re-
reduction at 300°C, Pt-S bonds form again with slightly more Pt-Pt 
bonds than initially (dotted line). 
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Figure 3.  Magnitude of Fourier transform of PSA on Silica (k2: ∆k = 
3.0 – 13.0 Å-1), solid: reduced at 300°C, dashed: reduced followed by 
400°C calcination, dotted: reduced, oxidized, followed by reduction 
at 300°C. 
 

A final survey of catalyst supports, including carbon black, 
alumina, magnesia, and silica, is shown in figure 4.  After a 500°C 
reduction in H2, no catalyst is free of sulfur, and the amount of sulfur 
depends greatly on the catalyst support.  Carbon and alumina appear 
to retain the greatest amount of sulfur, while magnesia and silica 
appear to retain the least. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 4. Magnitude of Fourier transform of PSA on Different 
Supports Reduced at 500°C (k2: ∆k = 3.0 – 13.0 Å-1), solid:  Carbon 
black, dot-dash:  Alumina, dashed: Magnesia, dotted:  Silica 
 

While oxygen replaces S in calcined catalysts (figures 1 and 
3), Pt-S reappears upon reduction.  These results imply that each 
catalyst has some mechanism for S storage.  This would explain why 
catalysts with supports that form sulfates, like alumina, retain the 
most sulfur.  Supports that do not form sulfates such as silica do 
retain some S, perhaps associated with the Pt phase as Pt-O-S 
linkages.   

A final consideration can be made concerning the size of Pt 
containing particles.  While estimation of Pt particle sizes can be 
made straightforwardly for pure Pt metal particles, from a correlation 
of Pt-Pt coordination numbers with Pt dispersion measured by H2 
chemisorption [4], estimating the size of particles containing a 
fraction of Pt-S is more tenuous.  Nevertheless, an estimate has been 

attempted and can at least serve to indicate the general trends in the 
size of Pt-containing particles which result from the PSA precursor. 

The data from which estimates where made is given in Table 1.  
It was assumed that the Pt on Al, V and BP carbons reduced at 300°C 
was 100% Pt+2 (i.e., PtS) since these did not have a Pt-Pt in the 
EXAFS and the XANES was similar to Pt+2. The Pt-S average CN 
for these three catalysts was 3.4. For all other catalysts reduced at 
300°C, the fraction of Pt+2 was taken as the Pt-S CN/3.4. The 
remaining Pt is then metallic. The fitted CN was then divided by the 
fraction of Pt0 to get the corrected Pt-Pt CN. From that, the fraction 
of surface Pt atoms in the metallic particle could be estimated (this 
fraction is not properly termed “dispersion” since they have S on 
them) using the correlation of H2 chemisorption and Pt-Pt CN. 
Assuming spherical geometry, size can be estimated as 1/dispersion x 
10 Å. For catalyst reduced at 500°C, the same approach was taken.  
However, 2.9 Pt-S, which is the value for BP carbon reduced at 
500C, was used as 100% Pt+2.  

The fraction of surface atoms and particle sizes should be 
viewed as very approximate and might be used to classify the 
particles as small, medium and large. There is a significant fraction 
(25-50%) of Pt+2, i.e., a high fraction of Pt is bonded to S, in most 
catalysts. For example, while silica yields small particles, they 
contain a high fraction of sulfur.  For most catalysts the fraction of 
surface Pt atoms is similar to the fraction of Pt+2, i.e, atoms with S. 
Thus, there is not a lot of exposed, reduced Pt. In practice, many 
(reduced) catalysts are completely poisoned when there is 1 S for 
every 3 surface Pt atoms. The best support appears to be Nb2O5, over 
which the particles are small-medium in size, but have a much 
smaller fraction of Pt-S, about 10-15%.  
 
Significance 

While all catalysts show retention of some S, reasonably small 
particle sizes with relatively little Pt-S can in some instances be 
produced using PSA.  While this synthesis approach would not 
appear to be very good in general for catalysts used for reforming or 
other reduction reactions it maybe suitable for those applications 
such as automobile exhaust catalysts in which the presence of sulfur 
is not detrimental. 
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Table 1.    Composition and Estimated Size of Pt Particles 

  
Sample Pt-Pt CN Fraction Pt+2* Fraction Pt0* Corrected 

Pt-Pt CN 
Fraction Pt 

Surface Atoms**
Estimated Particle 

Size, Å***

Al red 300 - 1.0 - - - No metallic Pt 
Al cal 300 red 

300 
1.9 0.55 0.45 4.2 0.90 10 

Al red 500 2.6 0.55 0.45 5.8 0.70 15 
       

Si red 300 3.5 0.60 0.40 8.5 0.40 25 
Si red 300 ox 
400 red 300 

5.2 0.40 0.60 8.6 0.40 25 

Si cal 300 red 
300 

7.4 0.30 0.70 10.6 0.15 60 

Si cal 500 red 
300 

8.7 0.20 0.80 10.9 0.15 75 

Si red 500 8.4 0.20 0.80 10.5 0.15 60 
       

Mg red 300 - 1.0 - -  No metallic Pt 
Mg red 500 6.9 0.30 0.70 9.9 0.25 40 

       
Nb red 500 6.2 0.15 0.85 7.3 0.55 20 

       
Ti red 300 6.0 0.35 0.65 9.2 0.35 30 

Ti cal 500 red 
300 

11.3 0.25 0.75 15 <0.1 >100 

       
V carbon red 

300 
- 1.0 - - - No metallic Pt 

V carbon red 
500 

3.4 0.50 0.50 6.8 0.60 20 

       
BP carbon red 

300 
- 1.0 - - - No metallic Pt 

BP carbon red 
500 

- 1.0 - - - No metallic Pt 

 
*Fraction of Pt+2 estimated from Pt-S CN (Pt-S of 3.4 at 300C assumed at 100% Pt+2, Pt-S CN of 2.9 assumed at 500C).  
**From correlation of Pt-Pt CN and H2 chemisorption (without S)  
***Particle size assumed to be 1/dispersion x 10 Å. 
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Introduction 

Biodiesel, such as soy diesel (methyl soyate), is becoming 
increasingly useful as a “green fuel”, as a carrier solvent, and as an 
agent for shoreline oil spill clean-up.1  Apparently, methyl soyate is a 
viable alternative to traditional petroleum-derived solvents which are 
of environmental concern and are under legislative pressure to be 
replaced by biodegradable substitutes. Although interest in biodiesel 
is rapidly increasing, the process by which biodiesel is synthesized 
has not changed much.  Currently, soy diesel (methyl soyate) is made 
commercially by an energy and labor-intensive process wherein 
soybean oil is reacted with methanol at 140-150 °F (sometimes under 
pressure) in the presence of sodium methoxide.1  This process is 
called “transesterification”.  Isolation of the desired methyl soyate 
from the highly caustic (toxic) catalyst and other products, such as 
glycerol, involves a precise neutralization process with strong acids, 
such as hydrochloric acid (HCl), and extensive washes with water to 
remove the resulting sodium chloride (NaCl) salt.  Also, the glycerol 
must be separated from the sodium chloride salt by vacuum 
distillation in an energy intensive operation for this high-boiling 
product.  

As more alkyl soyates with different alkyl functional groups, 
such as ethyl and isopropyl soyates, being rapidly developed to meet 
the growing needs of various applications, the level of difficulty in 
separating the corresponding catalysts, e.g., sodium ethoxide and 
sodium isoproxide catalysts, respectively, would unavoidably 
escalate due to the increasing solubility of these basic catalysts in the 
product solution.  Clearly, the successful development of a more 
effective and economical method to separate the base catalysts from 
the products is of keen interest to further advance the techniques of 
biodiesel production.   

Figure 1.  Schematic representation of the MSN catalytic system 
for the synthesis of methyl soyate and glycerol (above). 
Scanning electron microscopy (SEM) image of the MSN catalyst 
(lower left). A transmission electron microscopy (TEM) image 
of the cross-section of the MSN indicating the highly periodic 
hexagonal lattice units of the porous framework (lower right). 

In addition to the separation issue, the current base-catalyzed 
transesterification methods also have several other limitations.  As 
producers look for feedstocks other than soybean oil, such as waste 
restaurant oils and rendered animal fats, they have observed a larger 
amount of free fatty acids (FFAs) contained in the feedstocks.  FFAs 
can not be converted into biodiesel using the current base-mediated 
processes.  Sulfuric acid, an inexpensive strong acid catalyst, has 
been used to convert the fatty acids into methyl esters, but the rate is 
slow.  The other limitation of the base-induced process is that 
saponification of the biodiesel produces soaps as impurities that must 
be separated before use. 

Herein, we report on a new co-condensation method2 that could 
generate organically functionalized, MCM-41 type of mesoporous 
silica nanoparticle (MSN) materials that can catalyze the 
esterification of free fatty acids.3 The results of catalytic performance 
of the MSN materials in comparison to commercial catalysts are 
reported. In addition, the results of mesoporous silica modified with 
arenesulfonic groups are presented.  

 
Experimental 

Our method involves the utilization of disulfide-containing 
organotrimethoxysilanes that have different anionic functional 
groups, such as 3-(3’-(trimethoxysilyl)-propyl-disulfanyl)-propionic 
acid (CDSP-TMS), 2-[3-(trimethoxy-silyl)-propyl-disulfanyl]-

ethanesulfonic acid sodium salt (SDSP-TMS), and mercaptopropyl-
trimethoxysilane (MP-TMS), to electrostatically match with cationic 
cetyltrimethylammonium bromide (CTAB) surfactant micelles in a 
NaOH-catalyzed condensation reaction of tetraethoxysilane (TEOS). 

Three organically functionalized mesoporous silica materials, 
MSN-COOH, MSN-SO3H, and MSN-SH, were prepared by adding 
an ethanolic solution (2 mL, 2.24 mmol) of CDSP-TMS, SDSP-
TMS, and the commercially available MP-TMS, respectively, to an 
aqueous solution (480 mL, 80°C) of CTAB (2.74 mmol), NaOH 
(7.00 mmol), and TEOS (22.40 mmol, added at 80°C prior to the 
addtion of organoalkoxysilanes). The reaction mixture was stirred for 
2 h.  The solid products were isolated by filtration and washed 
thoroughly with methanol.  Surfactant-removed materials were 
obtained with an acid extraction.  All three materials exhibited 
spherical particle shape with an average particle diameter of 200 nm 
(Figure 1).  The mesoporous structures of these organically 
functionalized MSN materials were determined by nitrogen 
adsorption-desorption surface analysis (BET isotherms and BJH pore 
size distributions), TEM, and powder X-ray diffraction (XRD) 
spectroscopy.  All three MSN materials exhibited type IV BET 
isotherms with similar average BJH pore diamerters.  Hexagonally 
packed mesoporous channels were clearly observed in the TEM 
micrographs of these MSNs (Figure 1).  In addition, these materials 
exhibited diffraction patterns characteristic of hexagonal MCM-41 
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silicas, including (100), (110), and (200) peaks.  The existence of the 
organic functional groups was confirmed by 13C solid state NMR 
spectroscopy.2f 

We chemically converted the surface bound organic groups of 
the MSN-COOH and MSN-SO3H materials to thiol (-SH) by treating 
them with a disulfide reducing agent, dithiothreitol (DTT).  The 
surface concentration of the chemically accessible thiol functional 
group increases from MSN-SH (0.56 ± 0.01 mmol/g), MSN-COOH 
(0.97 ± 0.01 mmol/g), to MSN-SO3H (1.56 ± 0.01 mmol/g).  We 
further derivatized these surface-bound thiol functional groups to 
catalytic functionalities that could efficiently catalyze the FFA 
esterification reaction for biodiesel formation.  Given the fact that p-
toluene sulfonic acid (p-TSA) is a good catalyst for esterification 
reaction in homogeneous solutions, we treated the thiol-
functionalized mesoporous silica materials with 4-vinyl-
benzenesulfonyl chloride and α,α’-azoisobutyronitrile (AIBN) in 
chloroform solutions to yield benzenesulfonyl chloride-
functionalized mesoporous silica materials (MSN-SH-BSA, MSN-
COOH-BSA, and MSN-SO3H-BSA, respectively) via a modified 
literature reported procedure.4  The desired benzenesulfonic acid-
derivatized materials were obtained by submersion of the 
benzenesulfonyl chloride-functionalized mesoporous silicas in either 
sulfuric or hydrochloric aid aqueous solutions as shown in Scheme 1.  
As depicted in Figure 1, these benzenesulfonic acid-functionalized 
mesoporous silica materials have large uniform pore sizes (pore 
diameter = ~30 Å), high surface areas (> 600 m2/g), good mesoscopic 
order, and high thermal/hydrothermal stability, all of which are 
appealing properties for catalyzing the synthesis of biodiesel. 

Sulfuric Acid 
MSN-SO3H-BSA 
MSN-SH-BSA 
MSN-COOH-BSA

Figure 2.  Esterification of palmitic acid with methanol 
catalyzed by sulfuric acid, MSN-SH-BSA, MSN-COOH-BSA, 
and MSN-SO3H-BSA materials at 35 oC. 
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Results and Discussion 

As mentioned previously, utilizing of a heterogeneous solid acid 
catalyst for the synthesis of biodiesel could circumvent the separation 
of catalyst problem and eliminate the free fatty acids in the crude 
FFA-containing feedstocks to prevent the base-induced 
saponification during the transesterification reaction.  Therefore, a 
highly efficient solid acid catalyst can serve not only as a 
“pretreatment catalyst” to remove FFA’s from the triglycerides, but 
also as a catalyst for the conversion of the oil to biodiesel as well.  
To examine the catalytic performance of the MSN solid acid 
catalysts, we tested the catalytic properties of the sulfonic acid-
functionalized mesoporous silicas for the methyl esterification of a 
common FFA (palmitic acid) with excess methanol. 

Shown in Figure 2 is the catalytic activity of MSN-SO3H-BSA 
for the esterification of palmitic acid relative to MSN-COOH-BSA as 
well as the MSN-SH-BSA. MSN-SO3H-BSA had significantly 
higher activity than the other MSN materials. While the overall 
conversion achieved using MSN-SO3H-BSA was similar to H2SO4, 
the initial reactivity of the solid catalyst was higher than for H2SO4. 
Esterification of FFAs with methanol releases water that is known to 
limit the extent of the esterification reaction.  The low level of 
palmitic acid conversion after 60 minutes for MSN-SO3H-BSA 
might be due to the presence of water with water potentially having a 
more detrimental impact on the performance of the solid catalyst than 
the homogeneous catalyst. 

 
Conclusion 

Organosulfonic acid functionalized mesoporous silica 
nanoparticles have been demonstrated to be able to catalyze the 
esterification of fatty acids to methyl esters. Tailoring the textural 
properties of the catalyst structure and tuning the surface 
concentration of the active site can enhance the performance of the 
mesoporous materials. Due to the narrow pore size distribution of the 
mesoporous materials, the pore size effect on internal mass transfer 
could be definitively determined. Proper choice of the organosulfonic 
acid group produced a functionalized mesoporous silica with activity 
at least comparable to H2SO4.  This work demonstrates the potential 
of organic-inorganic mesoporous materials for rational design of 
heterogeneous catalysts. 

Scheme 1 
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Introduction 

One area of rapid development in nanotechnology is the ability 
to synthesis a wide variety of nanostructures, which, in turn, is a 
consequence of the availability of a large number of macromolecules 
of various sizes, shapes, and functionalities.  While these 
macromolecules can be used as catalysts in specific applications, 
they can also be used to enable preparation of catalysts in a much 
more controlled manner than what is possible previously.  Examples 
of the latter applications include the well-known synthesis of 
mesoporous MCM materials, and more recently, preparation of metal 
nanoparticles using the dendrimer-assisted method.  To our 
knowledge, however, there is not yet any report on the synthesis of 
cage-like structures in a controlled manner for catalytic applications.  
Here, we report our synthesis of nano-size cage-like structures for 
such purposes.  In one example, we synthesized internally 
functionalized silica nanosphere.  The functional groups can be used 
as catalytic sites or as sites to bind catalytic functions.  In the second 
example, we synthesized siloxane cages of controlled sizes that 
mimic a zeolite cage, but our synthesis offers the ability to vary the 
cage and window sizes without apparent limitations. 
 
Internally functionalized silica nanocapsules 

Hollow silica nanocapsules, about 2 nm in diameter with 
imprinted amines in the interior were synthesized using Si-containing 
amphiphile with carbamate group (Si-surfactant; I, Fig. 1a).  The 
amphiphile was prepared by reaction of aminopropyltriethoxysilane 
with cetylchloroformate, followed by column chromatographic 
purification.  The structure of I was confirmed by 1H-, 13C-, 29Si-
NMR analyses, and mass spectrometry.  This Si-surfactant self-
assembles into micelles in the mixture of water and ethanol.  
Dynamic light scattering (DSL) of the surfactant solution showed the 
presence of micelles in the range of 1–3 nm in diameter, but 
primarily 2 nm.  The ethoxy groups at the Si head group were then 
hydrolyzed using acidified ethanol-water solution.  The hydrolyzed 
silanol groups were allowed to self-condense, and any remaining 
ones were reacted with dimethyldimethoxysilane to generate a thin 
silica shell.  Complete hydrolysis was confirmed by 1H-NMR 
analysis, and it was shown that the NMR peaks for –CH3 (1.22 ppm) 
and –CH2– (3.8 ppm) of the ethoxy groups were shifted to those for –
CH3 (1.18 ppm) and –CH2– (3.6 ppm) of ethanol, which was a 
product of the hydrolysis reaction.  This silica shell was structurally 
robust, and the structure remained stable even if the solvent was 
changed.  The inside cavity was created by cleaving the C-N bond by 
reaction with trimethylsilyliodine, which generated the tethered 
propylamine groups inside the silica capsule (Fig. 1b).  Finally, the 
cleaved-off hydrocarbon chains would be removed by dialysis or 
solvent extraction.  DLS analysis revealed that the micelles at all 
stages have a very similar size distribution in the range of 1–3 nm.  
These internal amines are catalytic active sites, can be used to bind 
metal ions, which could be further transformed into metal 
nanoparticles inside the nanospheres. 
 
Siloxane cages 

Siloxane cages can function similarly to zeolite cages.  
However, to our knowledge, there are no reports of controlled 

synthesis of siloxane cages that could result in predetermined 
cavity and access window sizes.  Here, we report the synthesis 
of bicyclic siloxane cages of an arbitrary but controlled size.  
The synthesis method involves stepwise construction of the 
cages, thereby offering complete control on the composition 
and size.  This was accomplished by variation of the length of 
each siloxane branch, and the cage structure can be 
asymmetric.  Figure 2 shows the structures of two examples.  
In each structure, the cavity is defined by three siloxane 
branches.  Cage 1 has two identical branches which have three 
siloxane unit in each, while the third branch has five siloxane 
units.  Cage 2 has all the three branches of different lengths of 
three, four, and five siloxane units.  The structures of the cage 
compounds were confirmed by 1H, 13C and 29Si NMR, mass 
spectra and elemental analysis. Although the mass spectrum of 
cage 1 did not show the molecular ion (m/z 690), the fragment 
of M+-CH3 (m/z 675) was indicative of the desired structure.  
Similarly, the mass spectrum of cage 2 showed a fragment of 
M+-CH3 at m/z 749.  The 13C NMR of cage 1 showed three 
peaks for Me2SiO2 groups at 1.10, 0.90 and 0.69 ppm, and one 
for MeSiO3 at -2.93 ppm.  Cage 2 showed five different 
Me2SiO2 groups in 13C NMR at 1.27, 1.08, 1.03, 0.90 and 0.72 
ppm, and one MeSiO3 group at -2.57 ppm. The 29Si NMR of 1 
shows six peaks at -17.09, -19.54, -20.12, -48.42, -63.94 and -
78.36 ppm in a ratio of 2:1:1:1:1:1, corresponding to two 
identical branches. In cage 2 all the 29Si NMR showed eight 
peaks at -19.49, -19.83, -20.49, -20.56, -21.32, -48.33, -66.65 
and -80.52, indicating an asymmetric structure and all the 
three branches were different.  These cages can be 
functionalized, and methods to do so will be presented. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 1. Molecular structure of Si-surfactant (a) and hollow silica 
nanocapsule internally functionalized with amine (b). 
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Figure 2.  Structures of two siloxane cages (bicyclic siloxane 
compounds) synthesized using a method that permits controlled of 
cage and window sizes. 
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Introduction 

Owing to their remarkable acid properties and their shape 
selectivity, zeolites are the catalysts most employed in refining 
(cracking, hydrocracking, hydroisomerization etc.) and 
petrochemical processes (alkylation, isomerization and 
disproportionation of aromatics etc.). The deactivation of zeolite 
catalysts which is observed during these processes is mainly due to 
the formation of non desorbed heavy secondary products generally 
designated as “coke” or as carbonaceous deposits. The cost of 
catalyst deactivation is often very high and mastering catalyst 
stability has become at least as important as controlling the activity 
and the selectivity. It is why most contributions to the field of 
deactivation (and regeneration) originate in industrial laboratories, 
much of the related data unfortunately remaining proprietary. 
However, academic laboratories contribute significantly to this field 
by developing the basic knowledge on the modes of coke formation 
and deactivation that is indispensable to master catalyst stability. 

In this paper, coking and deactivation of acid zeolite catalysts 
are described, the aim being to use this description for modelling 
realistically the deactivation by coking of zeolite catalysts and even 
of all the porous acid catalysts. Indeed, their regular pore system 
makes of zeolites excellent models for understanding the effect of the 
catalyst characteristics and of the operating conditions on the rate of 
coking and on the deactivating effect of coke. Moreover the 
reactions, coking included, occur essentially within the molecular-
size channels and cages, with as a consequence a steric limitation of 
the growth of coke molecules by the walls of these nanoreactors 
Therefore, coke molecules are not very bulky and the composition of 
coke can be quantitatively established. 
 
1. Characterization of carbonaceous deposits 

Part of the non desorbed reaction products which are responsible 
for zeolite deactivation are not polyaromatic, hence cannot be 
designated as coke. Therefore, to avoid any confusion the terms 
carbonaceous deposits or coke between inverted commas (“coke”) 
will be applied here to all the non-desorbed products, polyaromatic 
or  non-polyaromatic. 

The characterization of carbonaceous deposits is still often 
limited to the amount and to their elemental composition. In the case 
of hydrocarbon transformations, the hydrogen to carbon ratio (H/C) 
is determined by quantitative analysis of CO2 and H2O resulting from 
“coke” combustion, sometimes coupled with the determination of the 
oxygen consumption. The degree of “coke” aromaticity can be 
estimated from the H/C values. Generally the longer the time-on-
stream and the higher the reaction temperature, the lower H/C hence 
the higher the degree of aromaticity. 

Spectroscopic techniques : infrared (IR), Raman, ultraviolet and 
visible spectroscopy (UV-VIS), electron spin resonance (ESR), 
carbon 13 nuclear magnetic resonance (13C NMR) etc. are often used 
for determining the chemical identity of the “coke” components 
(1,2). With 13C NMR, stable carbocation intermediates can also be 
detected (3). These techniques have the advantage of not modifying 
the “coked” catalysts which can therefore be characterized 
successively by several of them (4). Most of the studies have been 

carried out under static conditions. However, systems in which the 
deposition of the carbonaceous materials can be observed on the 
working catalyst have been developed. In particular, IR flow reactor 
cells with on-line analysis of the reaction products by mass 
spectrometry or gas chromatography are now currently used. In 
addition to information on the nature of the carbonaceous deposits, 
this operando technique can allow to specify the interaction between 
the deposits and the active sites (e.g. hydroxyl groups) and their 
effect on the activity and selectivity. Unfortunately, this technique 
leads often to limited information on the nature of carbonaceous 
deposits because of their complexity and of the difficulty to assign 
unambiguously an IR band to a particular species. 

The only way to determine the chemical composition of 
carbonaceous deposits (i.e. the complete distribution of their 
components) is to totally separate them from the catalyst and then to 
analyze them by appropriate techniques (5). Such a method was 
developed for specifying the composition of “coke” formed during 
the transformations of various organic compounds, mainly 
hydrocarbons and oxygenated compounds over zeolite catalysts (6). 
In the first step, the carbonaceous compounds are liberated from the 
zeolite by dissolution of the aluminosilicate matrix in a hydrofluoric 
acid solution (40 %) at room temperature. In the second step, the 
soluble components are extracted by CH2Cl2 as a solvent and the 
non-soluble components are recovered. Blank tests with samples of 
an inert solid (SiO2) impregnated with very reactive compounds 
show that the treatment with the acid solution causes no chemical 
changes of the carbonaceous compounds. The chemical identity of 
the components soluble in CH2Cl2 can be determined using IR, UV-
VIS, H and 13C NMR, etc. while their developed formula can be 
deduced from GC MS and GC/MS experiments. 

Unfortunately, it is impossible to establish the chemical 
composition of the insoluble fraction which consists of very 
polyaromatic compounds (coke). The characterization of this coke is 
often limited to its elemental composition. Various physical 
techniques can however be used. Thus, through transmission electron 
microscopy (TEM) coupled with electron energy loss spectroscopy 
(EELS), it was shown that with HZSM5 and HOFF, the structure of 
insoluble “coke” was similar to that of coronene (pregraphitic), while 
with USHY it was more like that of pentacene (linear polyaromatic) 
(7). The distribution in mass of the insoluble “coke” components can 
also be established by laser desorption/ionisation time-of-flight mass 
spectroscopy (LD-MALDI-TOF-MS) (8). 

 
2. How to minimize the rate of coking 

2.1 Modes of “coke” formation.  The modes of formation of 
carbonaceous deposits (“coke”) during the transformation of 
hydrocarbons over acid catalysts were recently described (2). “Coke” 
results from the transformation of reactant(s), reaction products, 
impurities of the feed through various successive steps most of them 
bimolecular : condensation, hydrogen transfer, etc. (2). Therefore, 
the rate of coking depends on the parameters which usually affect the 
rate of catalytic reactions namely : a) the characteristics of the 
hydrocarbon reactant-active site couple ; b) the characteristics of the 
zeolite pore structure : in particular the size and the shape of the 
cages (or channel intersections) in which are located the acid sites ; 
c) the operating conditions : temperature, pressure, reactant 
concentration. 

However, “coke” has the peculiarity of being a non-desorbed 
product. Therefore, its formation , besides the reaction steps requires 
the “coke” molecules to be retained inside the zeolite pores or non 
the outer surface of the crystallites. This retention occurs because  
“coke” molecules are not volatile enough to be eliminated from the 
zeolite under the operating conditions or because their size is greater 
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than the pore aperture (trapping in the cages or at channel 
intersections). 

The composition of “coke” formed from various reactants on 
various zeolites shows that the first cause of retention is predominant 
at low temperatures (≤ 200°C), the second one at temperatures ≥ 
350°C (9). Thus at 120°C, “coke” formed during propene 
transformation over a HMFI zeolite is constituted of C10-C35 alkanes, 
alkenes and dienes with a kinetic diameter (4.3 Å) lower than the 
micropore diameter (~ 5.5 Å) and with a boiling point (175-480°C) 
higher than the  reaction temperature. In contrast, at 450°C, the 
soluble “coke” molecules (which are the only “coke” molecules up to 
4 wt % coke) : polymethylbenzenes, naphthalenes, fluorenes and 
pyrenes have a boiling point lower than the reaction temperature but 
a kinetic diameter larger than the micropore diameter. However, 
these molecules are not located on the outer surface of the MFI 
crystallites. Indeed although soluble in CH2Cl2, they cannot be 
recovered in this solvent by soxhlet treatment of the coked zeolite. 
Therefore, these molecules are trapped within the MFI zeolite 
micropores and most likely located at the channel intersections which 
are enough large (8.5 Å ∅) to accommodate them (see for instance 
Fig. 1). For “coke” contents higher than 4 wt % insoluble “coke” 
appears at the expense of soluble “coke” molecules. Therefore 
insoluble “coke” molecules results from the growth of soluble “coke” 
molecules hence have a part of their skeleton located within the 
zeolite micropores ; the other part overflows onto the outer surface of 
the zeolite crystallites (7). 

 

 
 
Figure 1. Location of the bulkiest soluble coke molecule 
(methylpyrene) formed from hydrocarbons at 450°C within the 
micropores of a HMFI zeolite. 
 

2.2 Pore structure and “coking” rate.  At high temperatures 
i.e. in the range of temperatures corresponding to most of the refining 
and petrochemical processes, the pore structure is the main parameter 
which determines the composition and the rate of “coke“ formation 
(9) : coking is a shape selective process. The size and the shape of 
channels, cages or channel intersections determine the shape and the 
maximum size of the “coke” molecules which are trapped inside, 
their minimum size being determined by the size of the micropore 
apertures. Furthermore, the greater the difference between the size of 
channels, cages or channel intersections and the size of the pore 
apertures the easier the trapping hence the faster the formation of 
“coke”. Thus the formation of “coke” during n-heptane 
transformation at 450°C was found to be ~ 103 times faster with 
HERI which has trap cages (i.e. large cages (15.1 x 6.5 Å) with 
small apertures (3.6 x 5.2 Å)) than with HMFI in which the channel 
intersections (8.5 Å ∅) are only slightly larger than the micropore 
diameter (~ 5.5 Å).  

 
2.3 Acidity and “coking” rate.  The rate of coking and the 

selectivity to coke (for instance the coking/desired reaction rate ratio 

C/P) depends a lot on the strength and density of the acid sites. 
Thus, the rate of “coke” formation during n-heptane cracking at 
450°C on USHY exchanged by sodium cations and the 
coking/cracking rate ratio (C/P) decrease significantly with 
increasing sodium content, which can be attributed to both a decrease 
in the strength and in the density of the acid sites. The positive effect 
of the density of the acid sites on the C/P ratio is clearly 
demonstrated in the case of dealuminated HY zeolites having similar 
acid strength (10). Moreover, this ratio is greater when the 
dealuminated Y samples present extra-framework Al species with a 
Lewis acidity, which has been related to an increase in the strength of 
the protonic sites caused by their interaction with these Lewis species 
(11). 

 
2.4 Operating conditions and coking rate.  On acid zeolites, 

coking occurs rapidly from alkenes and polyaromatics or from 
reactants which can be rapidly tranformed into these coke-maker 
molecules (12). On the other hand, it occurs slowly from the 
reactants such as linear akanes or monoaromatics whose 
transformation into alkenes or polyaromatics is slow. Thus, at 450°C 
on a USHY zeolite, coking occurs more or less at the same rate from 
propene, cyclohexene and methylnaphthalene ; it is slightly slower 
from cumene which cracks easily into benzene and propene, 10 times 
slower from toluene and n-heptane and 100 times slower from 
benzene. Moreover, from n-heptane and cumene, coke appears as a 
secondary product resulting from the transformation of the olefinic 
primary products.  

During the transformation of alkenes (propene, cyclohexene ec.) 
on various zeolites, there is a minimum in the change of the coking 
rate with the reaction temperature T. This complex behaviour can 
be related to the fact that both the  nature of the chemical steps 
involved in “coke” formation and the cause of trapping within the 
micropores change with T. From n-heptane, the rate of “coking” 
increases with T hence with the rate of cracking into alkenes which 
are coke-maker molecules. 

The rate of coking increases generally with the reactant 
pressure. Thus in m-xylene disproportionation on  mordenites the 
coking rate and the coking/disproportionation rate ratio for Pm-xylene = 
0.2 bar were about 2 times greater than for Pm-xylene = 0.06 bar. The 
use of hydrogen in the feed was found to decrease the formation of 
“coke” and to improve the zeolite stability for typical reactions of 
acid catalysis such as toluene and cumene disproportionation (13). 
The effect is generally more pronounced when hydrogen is used at 
high pressure or activated by redox compounds. Obviously, the 
formation of “coke” is still more significantly reduced when there is 
a change from an acid to a bifunctional mechanism. 

 
2.5 General rules for  limiting the formation of coke.  From 

the effect the zeolite characteristics and the operating conditions have 
on the rate of coking, general rules can be set up for limiting the 
formation of coke (Table 1). 
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Table 1. General Rules for Limiting the Formation 
of “Coke” (11) 

 
Choice and adaptation of the pore structure 

Space available near the active sites : large enough to allow the 
main reaction but narrow enough to limit the formation of “coke” by 
steric constraints 

Diffusion path (size of the pore apertures, of the crystallites, etc.) 
allowing a rapid diffusion of “coke” precursors (in particular, no trap 
cages) 
Adjustment of the acidity 

Lowest density and weakest strength of the acid sites necessary 
for the selective formation of the desired products 
Choice of the operating conditions 

Conditions avoiding the formation of coke-maker side products 
(alkenes, polyaromatics) 

Use of hydrogen (under pressure and/or activated by redox 
compounds) for reducing the concentration in “coke” precursors. 
 
3. How to minimize the deactivating effect of “coke” 

The number of “coke” molecules can be drawn from the amount 
and composition of “coke” hence the deactivating effect of “coke” 
molecules DK (and not only the deactivating effect of “coke”) can be 
determined. This was done for n-heptane cracking at 450°C on 
protonic zeolites with different structures : monodimensional or 
tridimensional – small, average or large pore apertures – tubular or 
with cages. Table 2 shows that the DK values estimated initially and 
at complete deactivation depend very much on the zeolite (9).  
 

Table 2. Deactivating Effect (DK) of “Coke” Molecules Formed 
during n-heptane Cracking over Protonic Zeolites. DK is the 

Number of Protonic Acid Sites that one “Coke” Molecule 
Renders Inactive. A : Initial Values ; B : Values at  

Complete Deactivation. 
 

Zeolite A B 
FAU 5 1.3 
MOR 25 7.5 
MFI 0.25 1.0 
ERI 30 7.0 

 
This wide-ranging effect of the pore structure leads us to define four 
modes of deactivation instead of the two (site coverage and pore 
blockage) which are generally proposed. Deactivation could be due 
to : (a) a limitation of the access of the reactant to the active sites of a 
cage or a channel intersection in which is located a “coke” molecule, 
or (b) a blockage of the access ; (c) and (d) a limitation or a blockage 
of the access of the reactant to the active sites of cages, of channels 
intersections or parts of channels in which there are no “coke” 
molecules. 

In modes a and b, the limitation or the blockage are either due to 
steric reasons, namely the diffusion of the reactants in the cage or at 
the channel intersections is limited or blocked, or chemical reasons – 
the “coke” molecules are reversibly or quasi-irreversibly adsorbed on 
the acid sites (site coverage). With these modes, the deactivation of 
the zeolite is generally limited since only the sites located in the 
cages or at the channel intersections (often only one site) are partially 
or totally deactivated. 

Modes c and d correspond to what is generally called pore 
blockage. With these modes the deactivating effect of the “coke” 
molecules is very pronounced, because a large number of active sites 
are generally located in the inner pores. 

With tridimensional zeolites having no trap cavities such as 
FAU and MFI, only site coverage (modes a and b) can be observed at 

low “coke” content while pore blockage appears at  high “coke” 
content caused by coke molecules overflowing on the outer surface 
of the crystallites (Fig. 2).  
 

0
X

X

a b d  
 
Figure 2. Modes of deactivation of a MFI zeolite. a and b : site 
coverage ; d : pore blockage. 
 
Therefore, with HMFI whose acid sites are of identical strength the 
greater the “coke” content the greater the deactivating effect of 
“coke” molecules. The situation is more complex when the acid sites 
of the zeolites are of different strengths as is the case with HFAU 
zeolites. Indeed, the strongest acid sites, hence the most active, are 
the first to be deactivated, resulting in a large apparent deactivating 
effect of the “coke” molecules at low “coke” content (5). 

With monodimensional zeolites such as HMOR or with 
zeolites presenting trap cages (large cages with small apertures) such 
as HERI, the deactivation occurs only through pore blockage. With 
HMOR, one “coke” molecule located in a large channel is able to 
block the access of the reactant to all the active sites located in this 
channel resulting in a large deactivating effect of the “coke” 
molecules. This large deactivating effect is also observed with HERI 
because the “coke” molecules initially formed, located inside the 
cages near the outer surface, limit and then block the access of the 
reactant to the inner cages (5). 

Therefore, the pore structure of the zeolite is the main parameter 
which determines the deactivating effect of “coke” molecules. 
Hence, only tridimensional zeolites without trap cavities could be 
used as catalysts for reactions in which “coke” can be rapidy formed 
because of the presence of coke-maker molecules and operating 
conditions favouring “coke” formation. However, monodimensional 
zeolites or zeolites with trap cavities could be stable catalysts for 
processes in which the formation of “coke” is very slow. A typical 
example is n-hexane isomerization on a bifunctional PtHMOR 
catalyst. Modifications of the pore structure can also significantly 
decrease the deactivating effect of “coke” molecules. This has been 
shown, in particular, for the transformation of methanol to olefins on 
HMOR catalysts ; the deactivating effect of “coke” molecules is 
much lower (> 10 times) in dealuminated samples because 
mesopores created by dealumination allow a quasi-tridimensional 
diffusion of reactant molecules (14). 

Besides the pore structure, the operating conditions can also 
affect, though indirectly, the deactivating effect of “coke” molecules. 
With operating conditions favouring a rapid formation of “coke”, 
“coke” molecules will be formed and deposited in the pores of the 
outer  part of the zeolite crystallites even if the zeolite is not 
monodimensional and has no trap cavities. These “coke” molecules 
block the diffusion of the reactant molecules to the acid sites of the 
core of the crystallites, with a large deactivating effect of “coke” 
molecules. This shell blockage was shown in methylnaphthalene 
transformation on a USHY zeolite. 

Some general rules allowing to minimize the deactivating effect 
of “coke” are indicated in Table 3. 
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Table 3. General Rules for Minimizing the Deactivating 
Effect of “Coke” (11) 

 
Choice (or adaptation) of the pore structure : Tridimensional zeolites 
without trap cages (large cages with small apertures) must be 
employed 
Adjustment of the acidity : Homogeneous distribution in strength of 
the acid sites 
Choice of operating conditions avoiding shell blockage 
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Introduction 

Zeolites are crystalline microporous materials that have found a 
wide range of use as catalysts, molecular sieves, and ion exchangers.  
A typical example is ZSM-5, used as a cracking catalyst in the 
refinement of crude oil.  Essentially all refinement of petroleum 
occurs through fluid catalytic cracking with a H-ZSM-5 zeolite 
catalyst. Essentially all reforming occurs with zeolitic catalysts, 
typically H-ZSM-5 or faujasite-type structures. A significant fraction 
of air separation into N2 and O2 occurs via a process involving the 
zeolite Li-X. Roughly 25% by weight of the powdered laundry used 
in washing machines is the zeolite Na-A, which softens the water for 
low-phosphate detergents. Finally, zeolites are widely used in 
remediation applications. For example, victims of the three-mile-
island accident were fed ion-exchange zeolites to remove radioactive 
traces of 127Cs and 90Sr. 

Zeolites continue to be synthesized at a furious pace. The major 
current limitation of our ability to synthesize zeolites with tailored 
properties is an incomplete understanding of the fundamental steps 
that occur in zeolite synthesis, which is normally carried out at 
hydrothermal conditions.  Important factors that determine which 
zeolite will be made include the Si/Al ratio, the alkalinity, the cation 
species, and the presence of templates.   A significant amount of 
experimentation, including NMR spectroscopy, X-ray diffraction, 
and neutron scattering, has been done in an effort to characterize the 
growth kinetics of zeolites yet the mechanism of nucleation is still 
not fully understood.  One of the difficulties arises from the 
accessible length scale in experiments. NMR is able to provide 
information on the 0.5-1.0~nm scale. Diffraction, on the other hand, 
is limited to providing detailed information on the 5~nm and above 
length scale.  The nucleation process falls, unfortunately, within this 
gap and is difficult to be identified directly. High temperature 
calorimetry provides thermodynamic data but no direct structural 
information. Recently, it has been possible to access the nucleation 
scale with a combination of electron microscopy, X-ray, and neutron 
diffraction methods. A working hypothesis formed is that, at least for 
template-mediated synthesis of ZSM-5, the nucleation event involves 
roughly 8 disordered unit cell precursors aggregating into a ``primary 
unit''.  This aggregate forms the nucleation core, to which additional 
units are added. It is unclear whether the larger 5-10~nm globule is 
already crystalline or is amorphous. As the globule grows, a small 
crystallite begins to form. This type of nucleation on the length scale 
of a few unit cells is consistent with typical nucleation behavior of 
other electrolytes in aqueous media. In particular, the primary unit 
size for ZSM-5 is roughly 2 unit cells ona side, consistent with the 
nucleation scale of 2-3 unit cells for typical electrolytes condensing 
in aqueous media. Further support is provided by the observed 
primary unit size of 2.6 nm for zeolite beta (unit cell of 1.3 x 1.3 x 
2.4 nm) and 1.6 nm for zeolite SOD (unit cell of 0.9 x 0.9 x 0.9 nm). 
These primary units were not detected under conditions for which no 
zeolite was formed (i.e., without template). The concentration of 
primary units decreased as the initial stages of nucleation and growth 
took place. All of these data show the strong correlation between the 
presence of the primary units and the rate of nucleation. This 
hypothetical mechanism for ZSM-5 synthesis, however, has not been 
unambiguously demonstrated to be correct. 

The hypothetical zeolite nucleation event involves few enough 
atoms that it may be investigated computationally. Molecular 
dynamics has been used to examine the early stage of the 
polymerization process of silicate ions in aqueous solution.  This 
dynamical approach yields important information of the reaction 
mechanism, but is limited to the case where the system is well above 
the saturation concentration and the free energy barrier is low. 
Methods that can investigate the nucleation event for simple solids 
have recently been developed.  Related methods have been 
developed in the context of ion-induced aerosol nucleation.  These 
methods make use of transition state theory, and so they avoid the 
time-scale problems associated with a direct simulation of the 
nucleation event. 

As a first step towards fundamental understanding of the zeolite 
nucleation process, we present here a Monte Carlo study of silicate 
solutions, using a model with explicit Si and O atoms.  We aim at 
constructing an equilibrium distribution of clusters that provides the 
free energy barrier of nucleation.  Novel reactive moves that alter the 
connectivities of the silicate clusters, as well as other Monte Carlo 
moves, are used to equilibrate the system.  No a priori building 
blocks are assumed in the simulation. Experimentally known features 
of aqueous silicate solutions are used to calibrate the model.  We 
analyze the structure of the clusters found in the silicate nucleation 
process, and we compare the results with known zeolite structures. 

 
Discussion 

Using an atomic-scale model for silicate solutions, the 
nucleation process during zeolite synthesis in the absence of a 
structure directing agent is investigated [1].  Monte Carlo schemes 
are developed to determine the equilibrium distribution of silicate 
cluster sizes within the context of this model. How the nucleation 
barrier and critical cluster size change with Si monomer 
concentration is discussed. Distance and angle histograms as well as 
ring size distributions are calculated and1 compared with known 
zeolite structures. The free energies of critical clusters are compared 
with those for small clusters of alpha-quartz. The barriers to 
nucleation are estimated to be on the order of 100 kT, and the critical 
cluster size is estimated to be between 25 and 50 silicons. 
Interestingly, the nucleation behavior is rather sensitive to the Si 
concentration in and the pH of the solution, in accord with 
experimental experience. Structural analysis shows the results 
reproduce physical properties of condensed phases of silica, such as 
the distance distribution and topological features. The smooth 
distribution of ring sizes suggests the cluster is amorphous up to 200 
silicons. 

We also survey the size and flatness of rings that occur in 
known zeolites and also in a set of hypothetical structures [2].  The 
results suggest that 16-membered rings, while rarely observed in 
zeolites, are not unique and should be thermodynamically accessible.  
Conversely, the results also show that rings of a given flatness, or 
planarity, become exponentially less likely as ring size increases.  
We compare the geometry of rings in known zeolites with the 
geometry of unconstrained rings as determined from Monte Carlo 
simulation.  The rings that occur in zeolites are flatter than 
unconstrained rings due to the constraints imposed by the crystal.  
The thermodynamic factors that determine the flatness of rings in 
crystals is investigated by using a reverse umbrella sampling 
technique.  Interestingly, the energy required to bring rings from an 
unconstrained state to the crystalline flat state is roughly 5 kJ/mol-Si, 
which is similar to the range to stabilities observed for zeolites and 
also to the range of interaction energies between zeolites and 
structure directing agents.  Our results suggest that the main 
stumbling block in the formation of large pores is not 
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thermodynamics but rather identification of a suitable organo-cations 
as templating agents. 

We discuss creation of a hypothetical zeolite database.  Each of 
the 230 space groups is examined for hypothetical structures 
consisten with ZEFSAII energetics [3].  Unit cell parameters are 
varied within typical values (a, b, c, alpha, beta, gamma) as are unit 
cell densities. 
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Introduction 

The petroleum refining industry has been required to 

upgrade more and more heavy oil especially the residue with the 

decrease of light fraction content in crude oil and the great 

increase of the demand for light fuel oils, such as gasoline and 

diesel oil. However, due to the large molecular size of the residue, 

the diffusion of the residual molecules inside the FCC catalysts 

becomes an important factor that limits the catalyst activity and 

selectivity. The ideal residue FCC catalyst should have 

macropores and the macropore structure of catalyst matrix should 

be accessible for primary cracking of the large hydrocarbon 

molecules so that the forming smaller molecules can transfer into 

zeolite channels and further convert to value added product over 

zeolites sites. Described in this paper is a primary study on the 

synthesis of macro porous FCC catalysts using the polystyrene 

particles as template and their residual catalytic cracking 

performance. 

  

Experimental 

In a typical synthesis, the precursor gel was prepared by 

mixing sodium silicate, dilute sulfuric acid , sodium aluminate 

and distilled water with stirring. The prepared FCC catalyst 

consisted of amorphous 85Wt%Al2O3-SiO2 and 15Wt% REUSY 

and the particle size of the catalyst is 0.3~0.45 mm. In addition, 

the catalyst with macropores was introduced 55Vol% polystyrene 

spheres in the preparation. The polystyrene particles were 

removed from the catalyst through burning in air at 550

℃.REUSY was offered by Zhoucun catalyst factory and the 

other chemicals were purchased from the market. The fluid 

catalytic cracking reactions were performed in a fixed bed micro 

reactor using Daqing atmospheric residua as the feed stock at the 

temperature of 500℃. 

Results and Discussion 

The introduction of polystyrene spheres as template is aim 

to enhance the quantity of macropores of catalyst system, which 

reduce the diffuse resistance of large hydrocarbon molecules in 

catalyst pores. And the macropore diameter of catalysts can be 

precisely controlled by size of polystyrene spheres. The pore 

structure of the catalysts was characterized by BET and SEM. 

The features of Catalyst with macropores were showed figure (a) 

and (b). 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 1.SEM feature of catalyst with macropores (a) and (b) 

introduced by the PS template 
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Table 1* MAT result of cracking catalysts※ 

No. Cat-1① Cat-2②

H2 0.036 0.061 

C1～C2 0.873 1.469 

LPG 5.41 12.01 

Gasoline  36.12 53.29 

Diesel 24.24 18.66 

>350℃ oil 27.43 4.98 

Coke 6.133 9.525 

※ The ratio of oil to catalyst is 3.2 

① Cat-1 none template was used in the preparation 

② Cat-2 the template diameter was 93nm 

*  The reaction temperature was 500℃ 

 

 The experimental results showed that, the yield of gasoline 

was nearly 15Wt% high than the catalyst in whose preparation 

polystyrene particles were not used as template, and the yields of 

LPG increased 7.6 percent when the size of the PS template was 

93nm. As the ratio of catalyst to oil increased, more LPG and C4
= 

were obtained, while the yield of gasoline and diesel have a 

maximum. 

  Acknowledgement.  The authors thank the National 

Nature Science Foundation of China for support of this work 

(Grant No. 20376064) .The Foundation of National  Key 

laboratory of Heavy Oil Processing of China in the whole work 

is also gratefully acknowledged. 

 

 *: Corresponding author Professor Sheng-Li Chen  

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2005, 50(1),  317



DESIGNING NANOSTRUCTURED MATERIALS FOR 
CATALYSIS THROUGH MULTISCALE SELF-ASSEMBLY 

 
Jun Liu 

 
Sandia National Laboratories,  

Department of Chemical Synthesis and Nanomaterials, 
 P. O. Box 5800, MS 1411, Albuquerque, NM 87185-1411 

 
Introduction 

Commercial catalysts and catalyst supports are complex and 
high surface area materials. Although widely used and widely 
investigated, the catalytic activities of these materials are difficult to 
understand. Fundamental studies on single crystalline materials, both 
theoretical and experimental, have made significant contributions to 
catalytic science. However, the lack of fundamental understanding of 
the catalytic activities in high surface area catalysts limits the 
development of effective catalysts for novel applications. In the last 
few years, great progress has been made in the designing and 
synthesis of tailored nanostructured materials. This paper summaries 
our recent efforts to control properties and structures of high surface 
area materials, from the molecular level to nanometer scale, and to 
macroscale. We hope that these new materials will make a significant 
contribution to the development of novel catalysts and to the 
fundamental understanding of catalytic properties of high surface 
area catalysts. 
 
Experimental 

The high surface area materials discussed here are based on a 
surfactant templated approach.1 Surfactant molecules co-assemble 
with the inorganic materials into sophisticated nanoscale structures 
through favorable molecular interactions.2  The resultant nanoscale 
materials have extremely high surface area. Not only the scale of 
ordering (from 1.5 nm to 30 nm) and the crystalline symmetry 
(hexagonal, lamella, cubic, etc.) can be controlled, the morphology of 
the particles can be also varied.  

The chemical activity is introduced into the porous materials 
through surface functionalization.3 Several approaches have been 
used to incorporate functional groups and molecules into nanoporous 
materials.4 Direct silanation of partially hydroxylated mesoporous 
silica depends on the population density of hydroxyl groups existing 
on the surface.5, ,6 7 High density self-assembled molecular 
monolayers can be constructed by purposely introducing physically 
adsorbed layers of water molecules before silanation.8 Alternatively, 
co-condensation is a one-step process in which the functional 
molecules were incorporated into the framework during the 
preparation of the mesoporous materials.9

A molecular lithography10,11 process was developed from a 
molecular imprinting technique12 to create molecular architecture in 
the molecular monlayers. This process  produces heterogeneous, 
multifunctional  molecular monolayers. Template molecules of 
controlled sizes and shapes, such as triangular (tripods), linear 
(dipods), and point cavities were deposited onto the nanoporous 
substrate. Long-chain molecules were then deposited on unoccupied 
surface of the silica substrates. Subsequently, the template molecules 
were selectively removed from the substrates to leave the desired 
cavities in the monolayer coating.  

To form large ordered nano- and macroporous structures, we 
used a combination of self-assembly and controlled crystal growth. 
Hybrid silanes and bridged organic silsesquioxanes were used as the 
starting materials.13-17

1314151617 Inagaki et al. already prepared well-defined 
hybrid mesoporous crystals using 1,2-bis(trimethoxysilyl)ethane 
(BTME) as a silica source and hexadecyltrimethylammonium 
chloride (CTAC) as a surfactant.18 Here we use BTME along with 

CTAC to create a new class of supported hierarchical nanoporous 
crystals through heterogeneous nucleation and growth.19  
 
Results and Discussion 
 Figure 1a is a TEM image of the hexagonal nanoporous structure. The 
amazing ordering of the self-assembled periodic nanostructures has 
been extensively illustrated in the literature, such as the three-
dimensional cubic structures reported in the literature, SBA-6 and 
SBA-16.20,21  

 
Figure 1.  Self-assembled porous materials with multiscale ordering. 
(a) Hexagonally ordered nanopoorus silica. (b) Self-assembled 
monolayers on nanoporous silica. (c) Microcavities with controlled 
sizes and shapes created by molecular lithography within self-
assembled monolayers. (d) Octahedral crystals made of self-
assembled nanoporous silica. (e) Secondary crystals made of 24 
individual octahedral crystals. (f) Tertiary structures made of 
individual octahedral crystals. (g) High order structures made of 
individual octahedral crystals. 

 
Self-assembled monolayers on nanoporous supports provide 

new opportunities to tailor the pore size and surface chemistry on a 
molecular scale (Figure 1b). Key material parameters can be adjusted 
and independently evaluated. (1) Pore channel size. The actual pore 
channel spacing is determined by the pore size of the support and the 
chain length of functional molecules on the surface. Therefore, the 
pore channel sizes will be varied from Ångstrom level to nanometer 
scale by adjusting the pore size of the support and the molecular size 
of the functional groups. (2) Stereochemical interactions. This 
stereochemical relationship can be adjusted by manipulating the 
arrangement of the functional groups on the surface (for example, the 
population density or chain length). (3) Functionality of the surface 
groups. The functional groups, as well as their spatial distribution, 
can be substituted and tailored for a particular application. 
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Furthermore, the molecular lithography technique allows us to 
create controlled three dimensional architectures within the 
mon

ntrolled nucleation and growth. 
Figu

be constructed through multiple and self-similar 
grow

wth (Figure 1g). These large crystals are 
rema

general solution based approaches to 
 control the crystal shape, morphology, surface and 

inter

and 
Development Program (LDRD), and by the Division of Materials 

Scie

olayers (Figure 1c). By properly choosing the template 
molecules, the size and shape of the cavities can be systematically 
varied. Zeolite-like properties, such as size and shape selective 
adsorption and selective catalysis have been demonstrated. The 
microcavities on the monolayer coatings showed excellent size and 
shape selectivity during adsorption studies. In addition, we can take 
advantage of the conformational changes of the long-chain molecules 
in the monolayer coating to regulate the accessibility of the 
microporous cavities in the monolayer. Tunable access is a highly 
sought-after property and is usually observed in biomembranes, but 
not in inorganic microporous materials. The microcavities are fully 
accessible in the open position and partially accessible or 
inaccessible in the closed position. 

On the micrometer scale, well-defined and oriented nanoporous  
crystals were formed through co

res 1d shows the primary 5 µm octahedral crystals formed by the 
{111} planes of the cubic phase.  These crystals are rather uniform in 
shape and size (12 µm wide here). Low angle X-ray diffraction 
(XRD) and transmission electron microscopy (TEM) indicate that 
these crystals have a cubic structure (Pm3n, ao = 98 Å) as reported in 
the literature.   

Hierarchically ordered large crystals and open macroporous  
structures can 

th. The new self-assembled crystals add to the existing crystals 
during multiple growth processes. Figure 1e shows a commonly 
observed rosette-like, secondary structure viewed from different 
angles, indicating that these crystals are stacked structures made of 
primary octahedral subunits. The secondary structure is about 11 µm 
in width, two times the size of the primary structure, and is based on 
a quartet-octahedron model with 24 edge-sharing octahedral primary 
subunits. The large crystal contains four surfaces made of six 
subunits and six corners made of four subunits. Figure 1f shows the 
tertiary octahedral structures containing three subunits on each side. 
The width of the tertiary structure is 16 µm, roughly three times the 
size of the primary crystal. 

On a much large length scale, high order structures can be 
derived by edge-sharing gro

rkable in several ways. First, these structures are not close 
packed and contain large empty spaces (macroporosities), but they 
still have almost perfect octahedral shapes. Second, the octahedral 
subunits in the large structure are all about 5 µm in size and are fairly 
uniform.  These subunits are also well aligned throughout the crystal 
by edge sharing. Finally, the high order octahedral crystals are also 
rather uniform in size.  

Conclusions 
We developed 

systematically
facial properties. The control morphologies may allow us to 

control the reactions on specific model surfaces or interfaces in 
model high surface area crystals. We discussed our efforts to control 
the properties of the materials over multiple length scales. Self-
assembled monolayers in the nanoporosity enabled us to obtain 
molecular level control of the active groups on the surfaces, and 
provided the opportunity to create complex architectures on 
molecular and nanometer scale. On large length scales, we are 
developing techniques to form uniform and well-defined crystals, and 
construct true hierarchical superstructures from such self-assembled 
crystals with long range ordering and uniform macroporosities.  
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Introduction 

Nitrogen-containing compounds inhibit hydrodesulfurization 
(HDS) of sulfur-containing compounds. In the past this was not a 
problem, because the amount of N-containing molecules in naphtha 
and gasoil is much smaller than that of S-containing molecules. 
However, environmental legislation requires a strong reduction of the 
sulfur content of gasoline and diesel fuel to 10 ppm by the year 2010. 
At that low sulfur level even small amounts of N-compounds will be 
harmful because of competitive adsorption. 

Dibenzothiophenes are constituents of gasoil and especially 4,6-
dialkyldibenzothiophenes react slowly in HDS. Therefore we have 
prepared 4,6-dimethyldibenzothiophene (DMDBT), 4,6-dimethyl-
tetrahydro-dibenzothiophene (DM-TH-DBT), 4,6-dimethyl-
hexahydro-dibenzothiophene (DM-HH-DBT), and 4,6-dimethyl-
dodecahydro-dibenzothiophene (DM-DH-DBT) and studied the HDS 
of these sulfur-containing molecules. The influence of N-containing 
compounds on HDS was studied with 2-methylpyridine and 2-
methylpiperidine in the case of metal sulfide catalysts and pyridine 
and piperidine in the case of noble metal catalysts. As catalysts we 
used Ni-MoS2, Co-MoS2, and Mo on γ-Al2O3 as well as Pt, Pd, and 
Pt-Pd on γ-Al2O3 and amorphous silica-alumina (ASA). The 
experiments were performed at 5 MPa total pressure and 300-340°C. 
 
Experimental 

Catalyst preparation. The NiMo, CoMo and Mo catalysts (8 
wt% Mo and 3 wt% Co or Ni) and Pt, Pd, and Pt-Pd catalysts (0.25 
or 0.5 wt% for each metal) were prepared by incipient wetness 
impregnation of γ-Al2O3 or ASA with aqueous solutions of 
(NH4)6Mo7O24·4H2O, and Ni or Co nitrate, and M(NH3)4(NO3)2 
respectively. After impregnation the catalysts were dried in air at 
20°C, then in an oven at 120°C for 15 h, and finally calcined at 
500°C for 4 h. 

Reactions. The HDS and HDN reactions were carried out in a 
continuous-flow fixed-bed reactor. The NiMo, CoMo and Mo 
catalysts were sulfided in situ with 10% H2S in H2 at 400°C and 1.0 
MPa for 4 h. The metal catalysts were reduced in situ with H2 at 
300°C and 0.5 MPa for 2 h. After sulfidation or reduction, the 
pressure was increased to 5.0 MPa, and the liquid reactant was fed to 
the reactor by means of a high-pressure pump. Experiments were 
carried out at 300-340°C for the metal sulfide and 300°C for the 
metal catalysts. The gas-phase feed contained 1 kPa DMDBT and the 
total pressure was 5.0 MPa in all cases. In experiments over the 
sulfidic catalysts 1-6 kPa amine and 35 kPa H2S were added, while 
over the metal catalysts 0.02-0.5 kPa amine was added. The reaction 
products were analyzed by off-line gas chromatography with a PTA-
5 fused silica capillary column and FID as well as pulsed flame 
photometric detection. Weight time was defined as the ratio between 
the catalyst weight and the molar flow to the reactor. The weight 
time was varied by varying the flow rates of the liquid and the 
gaseous reactants while keeping their ratio constant. Further 
experimental details have been published before.1 
 
Results and Discussion 

HDS of DMDBT. The product distribution in the HDS of 
DMDBT, DM-TH-DBT, DM-HH-DBT and DM-DH-DBT showed 
that the HDS of DMDBT occurred as indicated in Scheme 1 over all 

catalysts: i) by direct desulfurization (DDS), leading to the formation 
of 3,3’-dimethylbiphenyl, and ii) by hydrogenation (HYD) yielding 
DM-TH-DBT, DM-HH-DBT, and DM-DH-DBT, followed by 
desulfurization to methylcyclohexyl-toluene and 3,3’-
dimethylbicyclohexyl. Slow hydrogenation of 3,3’-dimethylbiphenyl 
to methylcyclohexyl-toluene and methylcyclohexyl-toluene to 3,3’-
dimethylbicyclohexyl was observed in the presence of Ni-MoS2, 
MoS2 and noble metal catalysts. 
 

S
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S
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Scheme 1.  HDS network of 4,6-dimethyldibenzothiophene. 
 

The methyl groups adjacent to the sulfur atom strongly hinder 
the DDS pathway that occurs via σ-adsorption of DMDBT, and 
weakly promote the hydrogenation that requires a π-adsorption 
mode. Thus, the conversion of DMDBT predominantly occurs via the 
HYD pathway. 

While over sulfided catalysts only the tetrahydro-intermediate 
of DMDBT was observed, over the noble metal catalysts also the 
hexahydro- and dodecahydro-intermediates were detected in 
significant amounts. Their highest selectivities were found on Pd and 
Pt-Pd catalysts (Figure 1). This could be due to the relatively weaker 
direct desulfurization and faster hydrogenation on the metals as well 
as to the fact that these partially hydrogenated intermediates are 
desulfurized in the σ-adsorption mode as was reported for sulfide 
catalysts.2 These observations in the HDS of DMDBT were 
confirmed in the HDS of DM-TH-DBT and DM-HH-DBT over 
sulfide catalysts. In these reactions the main product was 3,3’-
dimethylbicyclohexyl and not methylcyclohexyl-toluene showing the 
difficulty of the sulfur removal from partially hydrogenated 
intermediates (Figure 2). Only after complete hydrogenation of 
DMDBT to DM-DH-DBT the steric hindrance is reduced and the 
molecule can be desulfurized. 

Relatively less direct desulfurization of DMDBT into 3,3’-
dimethylbiphenyl and more hydrogenation into DM-TH-DBT was 
observed over the ASA-supported noble metal catalysts. Thus, the 
selectivity in the DDS product decreased from 15% on Pt/Al2O3 to 
6% on for Pt/ASA. We ascribe this to the lower metal dispersion on 
ASA and lower number of edge and kink sites needed for the DDS. 
Moreover, substantial isomerization of the methyl groups and 
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cracking of the products into methylcyclohexane and toluene 
occurred over the acidic ASA-supported catalysts. 
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Figure 1.  Product selectivities in the HDS of DMDBT over 0.5wt% 
Pd/γ-Al2O3 as a function of weight time (■ 3,3’-
dimethylbicyclohexyl; ● methylcyclohexyl-toluene; ▼ DM-TH-
DBT; ► DM-HH-DBT; ◄ DM-DH-DBT; ▲ 3,3’-
dimethylbiphenyl). 
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Figure 2.  Product selectivities in the HDS of DM-TH-DBT over 
MoS2/γ-Al2O3 as a function of weight time. 
 

The activity order of the catalysts was Pt-Pd > Pd > Pt > Co-
MoS2 ≥ Ni-MoS2 > MoS2 and the ASA-supported noble metal 
catalysts were more active than the Al2O3-supported ones. 

Influence of N-compounds. 2-Methylpyridine and 2-
methylpiperidine strongly suppressed the HDS of DMDBT over the 
sulfidic catalysts. At 2 kPa nitrogen-compounds, the conversion of 
DMDBT decreased by factors of 3.5-4, 14-16, and 6-10 over Ni-
MoS2, Co-MoS2, and MoS2 respectively (Figure 3). The HYD 
pathway was more strongly inhibited than the DDS pathway, leading 
to an increase in the 3,3’-dimethylbiphenyl selectivity in the presence 
of N-containing molecules. 2-Methylpiperidine suppressed the 
overall HDS and the HYD pathway somewhat stronger than 2-
methylpyridine. 

Amines also suppressed the HDS of DMDBT over the metal 
catalysts. In the presence of 0.5 kPa pyridine and piperidine the 
conversion of DMDBT decreased by a factor of 2.7, 2, and 1.5 over 
the Pt, Pd, and Pt-Pd on Al2O3 catalysts respectively (Figure 4). The 
bimetallic catalyst showed a better resistance toward poisoning. As in 

the case of the sulfidic catalysts, an increase in the selectivity of the 
DDS product was observed when increasing the amount of N-
containing molecules. This is due to a stronger inhibition of the HYD 
pathway. On the ASA-supported metal catalysts similar influences 
were observed and the acid-catalyzed reactions, such as 
isomerization and cracking of the products, were almost totally 
suppressed in the presence of the amines. 
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Figure 3.  Conversion of DMDBT in the absence and in the presence 
of 2 kPa 2-methylpyridine and 2-methylpiperidine over Ni-MoS2, 
Co-MoS2, and MoS2 catalysts. 
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Figure 4.  Conversion of DMDBT in the absence and in the presence 
of 0.5 kPa pyridine and piperidine over Pt, Pd, and Pt-Pd alumina-
supported catalysts. 
 
Conclusions 

Nitrogen-containing molecules are strong inhibitors of the HDS 
of DMDBT over all studied catalysts. The main pathway of the HDS 
of DMDBT is the HYD and it is affected by N-compounds somewhat 
more strongly than the DDS route. Among the sulfided catalysts Ni-
MoS2 is the least sensitive to the presence of 2-methylpyridine and 2-
methylpiperidine and Pt-Pd/γ-Al2O3 is the least susceptible to the 
presence of pyridine and piperidine among the metal catalysts. 
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Abstract 

Silica sol can be used as the silicon-containing starting material 
when creating nanoporous layered silicate catalysts, and a certain 
portion of unreacted sol particles is incorporated into the final matrix. 
The resulting structure then has mesoporosity and a unique 
morphology. Hectorite-based clays have been prepared using 
different silica sols in order to ascertain the importance of sol 
characteristics on the final matrix. Several techniques have been 
applied to characterize the materials, including XRD, TGA, N2 
porosimetry, and TEM. For hydrodesulfurization (HDS), the 
conversion of dibenzothiophene (DBT) to biphenyl was examined at 
400°C using Co/Mo/S-loaded mesostructured clay supports. Activity 
was compared to a Crosfield 465 commercial catalyst. No 
hydrogenation was observed with any of the clay supports.  The most 
active clay was derived from ludox silica sol AS-30, with an activity 
of 65% DBT conversion (86% for Crosfield 465). For deep HDS, the 
conversion of 4,6-dimethyldibenzothiophene was tested at 325oC and 
350oC and compared to a Criterion 344 commercial catalyst. At 
325oC, Cr344 displays 11.4% conversion. This value is nearly 
attained for the Co/Mo/S-loaded mesostructured clay derived from 
AM30 silica sol (10.5%). The commercially available synthetic 
hectorite called Laponite has very low activity (3.0%), indicating that 
the unique morphology of the mesostructured clays is important. 
Hydrogenolysis vs. hydrogenation pathways are compared for the 
deep HDS reaction. 

 
Introduction 

Because of their characteristic porous structure, surface 
reactivity, and ion exchange capacity, clays are useful catalysts. Over 
the years, our group has developed and patented a general technique 
for the hydrothermal synthesis of magnesium silicate hectorite clays 
in the presence of inorganic, organic, organometallic and polymeric 
intercalants1. This process involves the hydrothermal crystallization 
of a gel containing silica sol, magnesium hidroxide sol, lithium 
fluoride, and an alkylammonium cation or polymer if an organo-
hectorite is desired.   

A certain portion of unreacted sol particles is incorporated into 
the final matrix. The resulting structure then has mesoporosity and a 
unique morphology2.  Previous reports concerning the feasibility of 
these materials as supports for HDS have been published3. Here we 
report on the preparation using different silica sols in order to 
examine the importance of sol particle size, pH, and surface 
chemistry on the final matrix. The test catalytic reactions are based 
on hydrodesulfurization reactivity. The importance of new design 
approaches to ultra-clean diesel fuels by deep desulfurization has 
been pointed out recently4. 
 
Experimental 

Materials.  The mesostructured clays were prepared according 
to published methods1. The silica sols were obtained from Aldrich 
and include HS-30, SM-30, AM-30, AS-30, and TM-40.  This 

represents a variety of sol particle sizes, pH values, and counter-ions 
as shown in Table 1. Both tetrethylammonium (TEA)- and lithium(I) 
(Li)-containing versions of the clays were made and denoted by the 
terms TEA-HS30 or Li-TM40, for example. Calcination was 
performed by heating the clay to 400oC in a N2 atmosphere and then 
to 500oC in air prior to metal loading for HDS. 

Characterization. XRD patterns were recorded on a Rigaku 
Miniflex+ with Cu K� radiation, a 0.05 o2θ step size, and 0.5 o2θ 
scan rate using powders.   TEM images were acquired using a FEI 
TECNAI F30ST operating at 300 kV with a CCD camera.  One drop 
of clay slurry in MeOH (sonicated for 1 hr) was placed onto 3 mm 
holey carbon Cu grids; excess solution was removed and the grid 
dried at 100°C for 10 min. N2 porosimetry was obtained on a 
Micromeritics ASAP2010 after degassing at 110oC for at least 3 hr, 
and employing the multipoint BET and BJH methods.   

HDS Catalysis. For catalyst preparation, 4 gm clay support was 
impregnated with (NH4)6Mo7O24•4H2O (Aldrich) solution to give 6% 
Mo, dried at 110 ºC for 1 hr, and calcined at 400 ºC for 4 hr. The 
cooled catalyst was then impregnated with Co(NO3)2·6H2O (Baker) 
solution to give 2% Co, dried at 110 ºC for 1 hr, calcined at 400 ºC 
for 4 hr. The catalysts were then pelletized in a Carver press, crushed 
and sieved retaining 10-20 mesh portion, heated under N2 at 280ºC 
for 1 hr and then sulfided with 8% H2S in H2 at 350ºC for 2 hr and 
resieved to 10-20 mesh. 1.0 gm sulfided and sieved catalyst was 
mixed with 2.0 gm SiC (20 size; Electro Abrasives) and loaded into 
the trickle-bed reactor, a thick-walled 0.375” ID 316 SS tube that is 
mounted vertically in a three zone furnace. The catalyst is located in 
the center of the tube between plugs of quartz wool and on top of a 
deadman used to minimize the volume between the reactor and the 
liquid receiver.  The liquid test feed consisted of 0.25 wt% sulfur as 
dibenzothiophene (DBT) in hexadecane (1.4 wt% DBT). The 
reaction was carried out at 400 °C under 286 psig H2 (400 psig H2 
plus N2) with WHSV = 15-18. After a slopped fore-cut of 3 or 4 hr to 
reach steady-state, 2 or 3 one hour samples were collected, analyzed, 
and the results averaged. The reproducibility of the conversion 
measurements was ± 4% of the reported values; mass balances were 
100 ± 2%. The reaction products were diluted with mixed hexanes 
(0.3-0.7g in 10.0 ml), separated using a DB5-MS column, and 
analyzed using an HP 5890A GC-MS.  The reaction products are 
biphenyl and unconverted DBT.     

Deep HDS Catalysis.  A two-step wet impregnation method 
was used to load the catalyst.  First, 6 wt% Mo is added in water 
from ammonium heptamolybdate tetrahydrate.  After drying, 2 wt% 
Co is added in water as cobalt(II) nitrate hexahydrate. The catalysts 
are dried at 110oC overnight, calcined at 500oC for 5 hr, then pre-
sulfided at 350oC over a 4-hr ramp and held for 2 hr in 5% H2S-H2 
using a flow apparatus. The catalysts were stored in decalin after 
presulfidation. HDS of 1.23 wt% 4,6-dimethyldibenzothiophene 
(DMDBT) in decalin solvent was performed at 325 and 350 °C for 
30 min under an initial hydrogen pressure of 300 psi (20.4 atm).  A 
microbatch reactor of 25 ml volume was employed using 4.0 gm of 
feed and 0.10 gm of catalyst. 
 
Results and Discussion 

Synthetic Clays. The various clay supports were first 
characterized with respect to XRD and N2 porosimetry.  The XRD 
patterns shown in Fig. 1 are from as-prepared clays prior to 
calcination.  This figure contains the TEA-clays only; the d-spacing 
for these materials is 1.4-1.5 nm.  This value is lower, 1.2-1.3 nm, for 
the Li-clays due to the smaller size of this exchangeable cation.  
After calcination, the patterns look the same except that the d-
spacing (d(001)) collapses to 1.0 nm.  The XRD patterns were used 
as a qualitative measure of crystallinity of the support. Generally, the 
better the separation of reflections occurring within 20-30 degrees 
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2θ, the more crystalline the clay. Going by this measure, the most 
crystalline samples are derived from AM30, AS30, and HS30. The 
same holds true for the Li-versions (figure not shown). The most 
intense basal spacing occurs for the AM30 sample. 

In terms of N2 porosimetry, the BET surface areas of samples 
after calcination generally ranged from 194-278 m2/gm. Pore 
volumes were generally 0.24-0.26 cc/gm for Li-clays and 0.41-0.49 
cc/gm for those derived from TEA-clays. The isotherms were all 
Type IV with hysteresis loops. The vast majority of samples 
displayed H2 loops, with the remainder having H3 loops. For those 
with H2 loops, which indicates mesostructuring, the average pore 
diameter size was typically 4.8-5.5 nm. TEM of all of the clays prior 
to calcination was also performed. One example is shown in Fig. 2 
for TEA-AS30. Here, individual clay flakes and layers are visible as 
curved features approximately 100-200 nm long. The background is 
dominated by spherical particles approximately 1.5 nm in diameter, 
which are the unreacted silica particles. Although this phase appears 
to be dominant in TEM images due to contrast, it is in fact present at 
only about the 10 wt% level. Table 1 lists some of the clays used in 
terms of the precursor silica sol parameters. TEM was used to 
determine the particle size of the silica phase present in the clay as 
compared to the size in the sols provided by the supplier. The best 
catalyst results (vida infra) were invariably obtained from clays that 
contained 15 nm silica particles (HS30, AM30, AS30). 

HDS of DBT. Table 2 summarizes these particular catalysis 
results in terms of %DBT conversion. The selectivity to biphenyl 
was 100% in all cases since no trace of the hydrogenation product 
cyclohexylbenzene was observed. The reference, in contrast, which 
was a Crosfield 465 CoMo/alumina catalyst, displayed a biphenyl 
yield of 80.8%, a cyclohexylbenzene yield of 5.0%, and a biphenyl 
selectivity of 94.2%. All catalysts maintained activity during the 
duration of the test. While %DBT conversions were considerably 
lower than that of the reference, commercial, catalyst, our interest 
was in parameters which may cause differences between the clays 
themselves. No correlation could be found for materials prior to 
Co/Mo/S loading from N2 porosimetry data. Interestingly, most of 
the catalysts displaying the highest DBT conversions were derived 
from the Li-clays (56.1-64.8%); TEA-HS30 was also in this range at 
58.3%.  The remainder of the TEA-clays, however, were lower at 
40.1-49.6%. Possible reasons for this behavior will be discussed in 
the discussion on catalyst stability.  

 
Table 1.  Synthetic Clays Based on Silica Sol Source 
clay 

(exchangeable 
cation-silica sol) 

ave. silica 
diameter 

in clay (nm)1

precursor 
silica sol 
diameter 

(nm)2

precursor 
silica sol 

pH2

TEA-SM30 11 7 10.2 
TEA-HS30 15 12 9.8 
TEA-AM30 15 12 8.9 
TEA-AS30 15 22 9.2 
TEA-TM40 24 22 9.0 
Li-TM40 24 22 9.0 
1determined via TEM analysis of the clay product. 
2as reported by the supplier. 
 

  
Figure 1. XRD patterns of synthetic TEA-hectorite catalyst 
precursors derived from various silica sols as shown in the legend.  
 
 

             
 
Figure 2. TEM image of TEA-AS30 hectorite prior to calcination 
and catalyst loading. 

 
 
Table 2. HDS at 400oC with Co/Mo/S Catalysts 

Catalyst %DBT Conversion 
Crosfield 465 85.8 
Li-AS30 64.8 
TEA-HS30 58.3 
Li-TM40 58.2 
Li-HS30 56.1 
TEA-AS30 49.6 
TEA-TM40 45.7 
TEA-AM30 44.3 
TEA-SM30 40.1 

 
 
Deep HDS of DMDBT. Tables 3 and 4 contain conversion and 

product selectivity data for this reaaction over many of the same 
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catalyts. The reference used for these reactions was a commercial 
Criterion Cr344 Co/Mo/S catalyst. The conversion of DMDBT was 
kept intentionally low for accurate kinetic studies. At 325oC, the 
conversion of DMDBT over the Cr344 commercial catalyst was only 
11.4% under these conditions. The reactivity of the most active 
catalylst, TEA-AM30, was quite similar at 10.5%. There have been 
recent reports comparing the activity of catalysts in terms of 
hydrogenation (HYG) versus direct desulfurization (DDS) pathways 
that are operative during deep HDS. Reportedly, after hydrogenation 
of DMDBT, elimination of the sulfur atom is facilitated due to 
molecular puckering, which decreases the steric hindrance of the two 
methyl groups, and and an increase in electron density of the sulfur 
atom5. For comparison, the HYG/DDS ratio at 325oC for Cr344 is 2.2 
but it is significantly higher (4.4) for the TEA-AM30 catalyst.  
DMDBT conversions increased with temperature, as one would 
expect, ranging from 2.9-10.5% at 325oC and 2.9-16.1% at 350oC. 
DDS was more limited at lower temperatures, however, causing the 
HYG/DDS values to be higher here.  No DMDCH was observed at 
325oC, whereas the more active catalysts displayed up to 3.6% 
selectivity of this product at 350oC. In summary, the catalysts with 
higher HYD activities may be suitable for the deep HDS reaction.  

 
Table 3. Deep HDS with Co/Mo/S-Clay Catalysts 

Catalyst %DMDBT 
conversion 
at 325oC 

HYG/DD
S 

at 325oC1

%DMDBT 
conversion 
at 350oC 

HYG/DD
S 

at 350oC1

TEA-
AM30 

10.5 4.4 16.1 2.2 

TEA-AS30 9.5 3.6 14.2 1.9 
TEA-TM40 5.9 2.8 10.4 1.9 
Li-TM40 6.0 3.5 10.1 1.5 
TEA-HS30 7.1 3.6 10.0 2.3 
TEA-SM30 6.9 3.5 9.5 2.0 
Laponite 3.0 2.3 2.9 1.5 

1Ratio of hydrogenation products (HYG) over direct desulfurization 
products (DDS) (see Table 4).  

 
Table 4. Product Selectivity (%) from Deep HDS at 350oC 

Catalyst DMBP 
(DDS)1

HDMDBT 
(HYG)1

DMDCH + MCHT 
(HYG)1

TEA-AM30 31.8 45.8 22.4 
TEA-AS30 34.5 46.4 19.1 
TEA-TM40 34.2 48.2 17.6 
Li-TM40 39.6 42.2 18.2 
TEA-HS30 30.3 53.7 16.0 
TEA-SM30 34.0 48.7 17.4 
Laponite 39.8 33.6 26.6 

1DMBP = dimethyl biphenyl; HDMDBT = tetrahydrodimethyl 
dibenzothiophene; MCHT = methylcyclohexyltoluene; DMDCH = 
dimethyldicyclohexane. 
 

It is known that Ni/Mo/S-catalysts have higher activity for deep 
HDS than Co/Mo/S-catalysts because Ni has high hydrogenation 
activity. In fact, a reference Cr424 Ni/Mo/S commercial catalyst 
showed 24.5% DMDBT conversion under the same conditions at 
325oC where the Cr344 Co/Mo/S catalyst showed 11.4% conversion. 
All of the clay supports show higher HYD activity than Cr344.  The 
TEA-AM30 support, furthermore, displays activities (%DMDBT 
conversions) that are very similar to the HDS activity of the 
commercial Co/Mo/S-catalyst. If this material were to be modified 
further by different preparation methods or pretreatments, it shows 
potential as a promising deep HDS catalyst. Future studies will focus 
on testing these supports as Ni/Mo/S-catalysts.  

Catalyst Stability. XRD, N2 porosimetry, and TEM 
characterization of some of the materials was done after Co/Mo/S 
loading and after DBT HDS catalysis. For these purposes, only the 
most reactive (TEA-HS30, Li-AS30) and least reactive (TEA-SM30) 
catalysts were examined. Table 5 provides the N2 porosimetry data 
for these samples.  

 
Table 5. N2 Porosimetry of Various DBT HDS Catalysts 

stage surface area 
m2/gm 

pore volume 
cc/gm 

hysteresis 
loop type 

TEA-HS30 
calcined 225 .38 H2 
after Co/Mo/S 143 .27 H2 
after HDS 99 .22 H2 

Li-AS30 
calcined 200 .24 H2 
after Co/Mo/S 125 .15 H2 
after HDS 65 .10 H2 

TEA-SM30 
calcined 278 .46 H2 
after Co/Mo/S 115 .25 H3 
after HDS 78 .22 H3 

 
 As would be expected, the surface areas and pore volumes 
decrease quite markedly upon Co/Mo/S loading of the supports, and 
further still after HDS reaction. The one parameter that changes for 
the least active catalyst (TEA-SM30) that does not change for the 
active catalysts is the hysteresis loop type. It is apparent that, for 
whatever reason, the mesostructuring of this material was lost upon 
metal loading. Possible reasons for this phenomenon remain under 
investigation. Fig. 3 displays representative isotherm data with the 
different hysteresis loop types. 
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Figure 3.  N2 isotherms for (a) calcined clay TEA-HS30 and (b) 
calcined and Co/Mo/S-loaded TEA-SM30; solid circles = adsorption, 
open circles = desorption. 
 

The high resolution TEM image shown in Fig. 4 is for the 
Co/Mo/S-Li-AS30 active catalyst. Note the curved layered structure 
that nearly envelops one of the silica particles and the lattice fringes 
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in the upper left portion of the image. Both are assumed to arise from 
the Co/Mo/S-species since neither has been observed in the precursor 
clay supports.  
 

               
    
Figure 4.  HR-TEM image of Co/Mo/S-Li-AS30 (scale bar 10 nm). 
 
Conclusions 

For an as yet undetermined reason, precursor silica sols that 
yield silica particles sizes of 15 nm within the synthetic clays appear 
to be optimum for HDS and deep HDS reactions. Both smaller and 
larger silica sol sizes were employed, but both showed a negative 
effect on final catalytic results. It is presumed that the 15 nm sols 
foster the most crystalline materials (from XRD data) and the 
optimum mesostructuring (in terms of textural porosity and 
morphology) of the clay catalyst precursor. This may also have an 
impact on the optimum Co/Mo/S-species size and/or shape. Variation 
between the activity of a particular catalyst for HDS vs. deep HDS is 
not directly comparable due to differences in conditions such as 
calcination, Co/Mo/S-loading, reaction temperatures, etc.  The Li-
clays are overall more active for DBT HDS than the TEA-versions. 
In general, the former have lower pore volumes at 0.24-0.26 cc/gm 
than the latter (0.41-0.49 cc/gm). High crystallinity is also apparent 
for the Li-clays from the electron diffraction patterns taken during 
TEM imaging of these clays, which showed very strong and sharp 
diffraction rings (data not shown). 
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Introduction 

The need to deeply reduce the sulfur level of fuels has led to a 
high interest in materials different from the classic hydrotreating 
catalysts based on MoS2. Whereas metal carbides and nitrides are 
initially highly active, but not stable in a sulfur-containing 
atmosphere, the metal-phosphorus and metal-silicon bonds are 
stronger than the metal-sulfur bond. Under hydrodesulfurization 
(HDS) conditions the surfaces of molybdenum and nickel 
phosphide take up sulfur atoms, but the kernels of the metal 
phosphide particles stay intact.1, 2 Metal phosphides and silicides 
may therefore be promising hydrotreating catalysts for deep HDS. 
Supported metal phosphides of Mo, W, Co and Ni can be prepared 
from the corresponding metal salts and (NH4)2HPO4 by reduction 
in H2 and the resulting materials have very promising hydrotreating 
activities.3-8 Unfortunately, the dispersion of thus-prepared 
supported metal phosphides is low, because the P-O bond is strong 
and its reduction requires high temperature. Hydrogen atoms, 
formed on the metal atoms, spill over to the phosphate and reduce it 
to phosphorus or phosphine, which can react with the metal 
particles to a metal phosphide. The high temperature leads to a low 
dispersion of the resulting metal phosphide particles. We have 
therefore looked for phosphor-containing species that contain P-X 
bonds that are easier to break than the P-O bond in phosphates and 
phosphites. We have found that supported metal phosphide 
particles of high dispersion can be obtained by treating reduced 
metal particles on a support by phosphine. In this chemical vapor 
deposition method there is no need to go to high temperatures, and 
as a consequence the size of the metal phosphide particles is 
equivalent to that of the metal particles and can be kept small. 
  
Experimental 

Catalyst preparation. Silica-supported nickel phosphide was 
prepared by reaction of supported Ni and NiO particles with PH3. 
The supported metal precursor was prepared by pore-volume 
impregnation. The silica support was dried at 373 K for 12 h prior 
to impregnation. Three aqueous solutions of nickel nitrate, nickel 
acetate, and nickel nitrate containing the chelating ligand 
nitrilotriacetic acid (NTA)9 were used in the impregnation. The 
corresponding samples are denoted as N-X (nitrate), A-X (acetate) 
and NTA-X respectively, where X is the weight percent of nickel in 
the samples.  The dried, impregnated solids were reduced in 
flowing H2 at 673 K for 2 h. In one experiment, a dried powder 
impregnated with nickel nitrate was calcined at 773 K for 3 h 
before reduction in H2. The reduced samples were cooled down to 
298 K in flowing H2. The reduced Ni/SiO2 samples were exposed 
to a flowing 10% PH3/H2 mixture (20 ml/min) between 298 and 
523 K; the final temperature was maintained for 2 h. Then the 
samples were cooled down to 298 K in flowing H2, flushed with He 
for 20 min and passivated in a flow of 1 mol% O2/He. In addition, a 
sample was prepared by the classical phosphate reduction method3 
for comparison (NP-13, nickel loading 13 wt%).  

Catalyst characterization. The catalysts were characterized 
by XRD, nitrogen adsorption, and CO chemisorption (in the latter 
case after re-reduction of the samples in situ in H2 at 623 K for 2 
h). 31P MAS-NMR spectra were obtained with an Advance 400 WB 

Bruker spectrometer at room temperature. Samples were packed into a 
4-mm-diameter rotor in an inert atmosphere and measured with 
spinning at 10 kHz. The spectra were obtained by applying the Fourier 
transformation to the free induction decay signals. The isotropic shifts 
of the signals were obtained by comparing spectra measured at 
different spinning rates. 

HDS and HDN activities. The HDS of dibenzothiophene (1 kPa) 
and the hydrodenitrogenation (HDN) of orthomethylaniline (3 kPa) 
were carried out in a continuous–flow microreactor at a total pressure 
of 3.0 MPa as described before.7, 10 The passivated catalysts were 
activated in situ with H2 at 673 K and 0.1 MPa for 3 h. The liquid 
reactant was fed into the reactor by means of a high–pressure pump 
using toluene (HDS) and n-octane (HDN) as the solvent. The catalyst 
was stabilized at 643 K and 3.0 MPa for at least 12 h before samples 
were taken for analysis. The experiments were carried out in the 
absence of H2S, in the presence of H2S and after removal of H2S from 
the feed. During two weeks of operation there was almost no 
deactivation of the catalyst. 
 
Results 

After reduction of the impregnated and dried Ni/SiO2 precursors in 
H2, the XRD patterns of the N-4.8 and N-13 Ni/SiO2 precursors 
exhibited peaks corresponding to Ni. Using the Scherrer equation, 
average crystallite sizes of 8 and 10 nm were calculated, respectively. 
In the XRD patterns of the two reduced 5 wt% Ni/SiO2 precursors, 
which were prepared with a solution of nickel acetate (A-5) and with a 
solution of nickel nitrate and NTA (NTA-5), only the features of 
amorphous silica were visible. It implies that the nickel particles were 
too small to be detected by XRD, which was confirmed by TEM and 
H2 chemisorption. 

The reduced Ni/SiO2 precursors were treated with a 10% PH3/H2 
mixture (20 ml/min) from 298 to 523 K (2 h), cooled down to 298 K in 
flowing H2, flushed with flowing He, and then passivated in a flow of 1 
mol% O2/He. Figure 1 shows the XRD patterns of the 13 wt% Ni/SiO2 
precursor, prepared from nickel nitrate (N-13), after reaction with 
phosphine at different temperatures. After reaction at 298 K, the 
diffraction characteristics of Ni particles are still present, similar to 
those of the starting Ni/SiO2 precursor.  
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Figure 1. XRD patterns of the 13 wt% Ni/SiO2 precursor, prepared 
from nickel nitrate, after reaction with phosphine at different 
temperatures. *, Ni3P 

 
The Ni peaks almost disappeared after reaction at 323 K, only a 

broad Ni peak at ca. 44.6o remained. In the XRD pattern of the Ni/SiO2 
precursor after reaction with phosphine at 373 K intense peaks were 
present at 40.7o, 44.6o, and 47.4o and weaker peaks at 54.2o and 55.0o, 
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all attributed to Ni2P. Very weak peaks were present at 41.8o, 42.8o, 
43.6o, and 45.3o, corresponding to Ni3P. When the reaction 
temperature was increased to 423 and 523 K, only the Ni2P 
diffraction peaks were present, indicating that pure Ni2P can be 
prepared on silica by treatment with phosphine above 423 K. The 
average crystallite size of both Ni2P/SiO2 catalysts, obtained at 473 
and 523 K, was ca. 13 nm. 31P MAS-NMR spectra of the samples 
prepared at 423 and 523 K showed peaks around 4075 and 1200-
1700 ppm. Although these peaks are in the region to be expected 
for Ni2P, the peaks in the region of 1200-1700 ppm were not 
exactly equal to those of highly crystalline Ni2P. 

Metallic Ni/SiO2 precursors, prepared from different metal 
salts, were treated with 10% PH3/H2 at 523 K. Figure 2a shows 
that the XRD pattern of the catalyst prepared by the classical 
phosphate reduction method3 had sharp peaks; large Ni2P particles 
with an average crystallite size of 30 nm had formed. The 
Ni2P/SiO2 catalysts, made from nickel nitrate and with Ni loadings 
of 4.8 and 13 wt%, exhibited broader XRD peaks (Figs. 2b and c) 
and average crystallite sizes of 11 and 13 nm were calculated, 
respectively. The XRD patterns of the samples prepared with nickel 
acetate and with nickel nitrate and NTA showed only the features 
of amorphous silica, implying that the nickel phosphide particles 
were too small to be detected by XRD. 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 2. XRD patterns of Ni2P/SiO2 catalysts prepared from 
different precursors. 

 
To examine if PH3 also reacted with supported NiO, the 

calcined 13 wt% NiO/SiO2 sample was treated with a 10% PH3/H2 
mixture at different temperatures. The XRD patterns show that, 
after reaction with phosphine at 523 K for 2 h, the NiO peaks had 
almost disappeared and that weak peaks at 40.7o, 44.6o, and 47.4o 
attributed to Ni2P were present. When the reaction temperature was 
increased to 623 K, only the diffraction peaks corresponding to 
Ni2P were present. This indicates that silica-supported Ni2P can 
also be achieved by treating a NiO/SiO2 precursor with phosphine 
above 623 K. 

The hydrotreating activity of the N-13 Ni2P/SiO2 catalyst was 
tested in the HDS of dibenzothiophene and the HDN of 
orthomethylaniline. The activity of Ni2P in the HDS of DBT was 
very high. The product distribution was similar to that over sulfided 
CoMo and NiMo catalysts. The amount of tetrahydro-DBT was 
very low showing that it is easily desulfurized. Bicyclohexyl was 
observed only in trace amounts. The further hydrogenation of 
biphenyl to cyclohexylbenzene and of cyclohexylbenzene to 
bicyclohexyl did not take place. Also the HDN activity was very 

good and much higher than that of the metal phosphide catalysts 
determined before.7 
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Figure 3. HDS of dibenzothiophene over the N-13 Ni2P/SiO2 catalyst.  

 
Discussion 

Our results demonstrate that metal phosphide particles on a 
support can very easily be prepared from metal or metal oxide particles 
by treatment with phosphine and hydrogen. In case of Ni, the metal 
particles already became fully phosphided at 423 K, while NiO 
particles needed 623 K. These temperatures are very much lower than 
the temperatures required in the phosphate method of preparing metal 
phosphide. Because of the very strong P-O bond, temperatures of about 
1000 K are needed. Such high temperatures lead to the almost 
exclusive formation of phosphorus (phosphine is not stable at high 
temperature), which diffuses only slowly into the metal particles. All 
this leads to sintering and loss of dispersion. At these high temperatures 
phosphate also reacts with supports like alumina and therefore a large 
excess of phosphate has to be added in order to make metal phosphide 
particles. Thus, only alumina-supported metal phosphide catalysts with 
loadings above 20 wt% have been reported.  
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Conclusions 

The phosphine method allows preparing the metal phosphide 
particles at moderate temperature. As a result, the particle size is 
equivalent to that of the precursor particle size and small supported 
metal phosphide particles can be made of any metal or metal oxide 
precursor that can be made with high dispersion. Even on alumina, low-
loading metal phosphide catalysts with high dispersion can be made. 
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Introduction 

The use of ZSM-5 additives in FCC units began in the early 
1980s to increase the octane of the FCC gasoline produced, 
particularly in distillate mode operation where the low severity leads 
to lower octane1. More recently, as the value of gasoline octane has 
decreased, and the values of petrochemical feedstocks have 
increased, ZSM-5 is increasingly being used to produce increased 
quantities of light olefins (particularly propylene and butylenes)2.  

While propylene is the product generally desired as an FCC 
product for feed for polypropylene, ethylene is also of considerable 
value if it can be obtained in a practical manner. Ethylene is 
generally separated cryogenically from the light gas products of 
thermal cracking. Cryogenic separation is generally not available for 
FCC off-gas because of the low concentrations of ethylene normally 
found, but in instances where a thermal cracking process is utilized in 
the same refinery as an FCC unit, ethylene is often recovered if 
sufficient capacity exists. 

It has been recognized that use of ZSM-5 additives results in 
increased yields of ethylene, although these are small compared to 
propylene. Zhao and Roberie investigated the effects of different 
levels of ZSM-5 additives at two temperatures3. They found that with 
32% of an additive containing 25% ZSM-5 (8% crystallinity), they 
could produce about 3.2% ethylene along with close to 15% 
propylene. In the present investigation, we show how changing 
catalyst formulations can radically increase the yields of ethylene, as 
well as the combined light olefin yields, under practical FCC 
conditions. 
 
Experimental 

FCC conversion experiments were performed in quartz fixed 
bed reactors similar to those described by Chester and Stover4. 
However, in contrast to the run methodology described by them, all 
runs were performed at constant WHSV (either 6 or 12) and varying 
time on stream in order to produce high C/O ratios when catalysts 
had low activity for overall cracking  (as is the case when ZSM-5 
additives were used without a USY catalyst component). A Mid-
continent Sour Heavy Gas Oil (SHGO) was used as feed. 

ZSM-5 additive catalysts were prepared (generally) from low 
SiO2/Al2O3 ZSM-5 crystals (40%) and a matrix containing kaolin 
clay (30%) and silica sol as binder. Active alumina (5%, except 
where noted) was added by dispersing suitable quantities of 
psuedoboehmite with acid prior to addition to the catalyst slurry. 
Phosphorus (2.3%) was added to the slurry prior to spray drying. 
Other ZSM-5 crystals with varying SiO2/Al2O3 and crystal sizes were 
obtained from commercial sources. 
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The base catalyst (designated Octacat) used in blending 
experiments and as a comparison was obtained from W.R.Grace, Inc. 
and contained 40% USY (no rare earths) in a silica-sol, clay matrix. 

Prior to testing all catalysts were calcined at 538 oC (1000 oF) 
for 3 hours after being heated at a rate of 2.8oC/min. Catalysts were 
then steamed (except where specified) by cyclic propylene steaming 
for 20 hours at 780 oC (1435 oF) at 4.4 bar (50 psig) with 50% steam 
in order to simulate aging in an FCC regenerator. In cyclic propylene 
steaming, 5 min cycles of N2, propylene and air are used throughout 
the steaming. 

 
Results and Discussion 
 In the initial investigation, ZSM-5 catalysts with differing 
properties were tested at 1200 oF start-of-run temperature; no large 
pore zeolite was used to provide high conversion. The results are 
shown in Table 1, where Octacat is used as a comparison. 

Note that the lower SiO2/Al2O3 ratio zeolites all produced from 
6-8% ethylene. Under the same conditions, USY (Octacat) only 
produced 1% ethylene, indicating that thermal conversions were 
minimal under the experimental conditions. The best ethylene yield 
was obtained with low SiO2/Al2O3 ZSM-5 with no active Al2O3 in 
the matrix. Propylene yields followed the same trends as ethylene, 
and are of the same magnitude as observed with ZSM-5 additives at 
lower temperatures3.  

However, activities are quite low, as indicated by the Cat/Oil 
ratios necessary to reach 60% conversion (9-24). Since ZSM-5 does 
virtually no heavy oil conversion, the matrix bears the load; the 
active Al2O3 has no apparent effect, as indicated by comparing the 
standard catalyst with one with no Al2O3 in the matrix. 
Comparatively, the nanocrystalline ZSM-5 is surprisingly active, 
perhaps because of its high external surface area. In conventional 
additives, the poorer stability of nanocrystalline ZSM-5 has 
precluded its use5, but it has been found that phosphorus stabilization 
is effective in stabilizing these small crystals6. Selective ZSM-5, with 
much lower activity and inherently larger crystal size and poorer 
diffusion, is the poorest performer. 

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2005, 50(1),  350



 

Table 1.  Performance of ZSM, cracking Gas Oil at 1200oF (60% 
Conversion) 

 

Catalyst Octa-
cat 

Standard 
ZSM-5 

no Al in 
Binder 

Nano- 
crystal 
ZSM-5 

Select
-ive 

ZSM-5 

SiO2/Al2O3 USY 25.0 25.0 60.0 450.0 

Size N/A 200-
500nm 

200-
500nm 

20-
50nm ~1µm 

Conversion, 
wt% 

60.0 
 

Cat./Oil 3.3 14.3 13.8 8.9 23.9 

C2-, wt% 4.0 7.1 7.4 7.0 9.4 

C2=, wt% 1.0 6.7 7.7 6.0 5.5 

C3=, wt% 4.2 12.7 13.3 12.7 10.7 

C3, wt% 1.2 2.1 2.6 1.9 1.6 

C2=+C3=, 
wt% 5.2 19.4 21.0 18.7 16.2 

C4=, wt% 5.3 7.3 7.0 7.6 7.7 

C4, wt% 1.9 0.8 0.9 0.8 0.5 

Gasoline 
wt%, C5-

430oF 
40.3 17.8 16.8 19.3 17.8 

LFO, wt% 25.1 19.8 19.9 21.4 18.8 

HFO, wt%, 
700oF + 14.9 20.2 20.1 18.6 21.2 

Coke, wt% 2.1 5.5 4.4 4.7 6.7 

Cracking at 1200oF Start of run, Mid-continent SHGO 

 
In order to increase the activity of the system, ZSM-5 was 

blended with Octacat in varying proportions and also tested at 1200 
oF. The results are shown in Table 2 at a constant 70% conversion; 
actual conversions in the midrange blends (30-70%) could be much 
higher. Higher conversions could be obtained without sacrificing the 
ethylene yields; with the catalyst containing 70% Octacat/30% ZSM-
5, conversions as high as 78% could be attained with ethylene yields 
of 7%. With that catalyst, total light olefin yields of well over 30% 
C2

=-C4
=  are obtained even at 70% conversion; coke yields are also 

low and the Cat/Oil ratio, is well below 10 and within more normal 
FCC ranges. Investigations of other ZSM-5 catalysts, as described in 
Table 1, in this system showed that the catalyst without any Al2O3

 in 
the matrix showed an additional benefit in ethylene yield (about 0.7% 
at 70% conversion. 

 
 
 
 
 
 
 
 
 

 

Table 2. Performance of Octacat/ZSM-5 Blends in 
Cracking to Olefins. 

 

Catalyst,% 
Octacat 0 30 50 70 90 100 

Conv., wt% 70.0 
Cat./Oil 22.0 22.0 15.2 7.7 4.9 4.9 

C2-, wt% 8.9 5.9 5.8 4.8 4.8 7.9 
C2=, wt% 8.5 7.7 7.0 6.0 5.3 2.6 
C3=, wt% 14.3 15.8 17.1 16.3 15.6 7.3 
C3, wt% 3.1 2.6 2.4 2.3 2.2 1.9 
C2=+C3=, 

wt% 22.8 23.5 24.1 22.3 20.9 9.9 

C4=, wt% 7.1 8.7 9.3 10.2 9.5 8.2 
C4, wt% 1.1 1.1 1.2 1.8 1.6 1.9 
Gasoline 
wt%, C5-

430oF 
18.9 18.3 19.9 22.9 25.2 35.4 

LFO, wt% 16.7 16.3 16.8 19.6 19.1 19.9 
HFO, wt%, 

700oF + 13.3 13.7 13.2 10.4 10.9 10.1 

Coke, wt% 8.1 8.4 6.0 4.1 4.4 4.7 

Cracking at 1200oF Start of run, Mid-continent SHGO 

 
 Although a process has been proposed for operation at 
temperatures higher than 1200oF (the CPP Process7), operation at 
such a high temperature is unlikely to be practical in normal FCC 
units because of metallurgy requirements. So a lower temperature, 
1080oF, was tested. This is not an unreasonable riser bottom 
temperature in current FCCs that operate at above 1000oF riser top 
temperature. The results are shown in Table 3. Ethylene yields are 
still high for the standard catalyst, down from 7 to 4.6% for the 50% 
catalyst. But when Al2O3 is removed from the matrix, and some 
steam is added (which simulates real operations), ethylene yields 
were close to 8%, suggesting that with the right catalyst system and 
operating conditions, existing FCC units could produce high ethylene 
yields. 
 
Table 3. Cracking Results for a 50%Octacat/50% ZSM-5 

Catalyst at 1080oF. 

Catalyst Standard 
ZSM-5 

no Al2O3 
in Binder 

Conversion., wt% 75.0 
Cat./Oil 17.8 9.6 

H2O Co-feed, wt% 0.0 7.5 
WHSV 12.0 6.0 

C2-, wt% 4.4 4.4 
C2=, wt% 4.6 7.8 
C3=, wt% 16.0 14.8 
. C3, wt% 2.8 4.4 

C2=+C3=, wt% 20.6 22.6 
C4=, wt% 10.6 7.8 
C4, wt% 3.8 3.6 

Gasoline wt%, C5-430oF 23.1 24.2 
Coke, wt% 5.3 3.4 

Cracking at 1080oF Start of run, Mid-continent SHGO 
Catalyst:50% Octacat/50% ZSM-5 
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 In another experiment, the effect of steaming the ZSM-5 was 
examined: an unsteamed catalyst (calcined only) was compared to 
the standard steam treated catalyst. The results are shown in Table 4 
and are remarkable. 
 

Table 4. Effect of Steaming ZSM-5 on Cracking 
Performance 

 
ZSM-5 Treatment Steamed Unsteamed 
Conversion, wt% 75.0 

Cat./Oil 12.9 8.6 
C2-, wt% 7.6 7.6 
C2=, wt% 6.5 9.2 
C3=, wt% 16.6 14.3 
C3, wt% 2.8 3.8 
C4=, wt% 9.4 7.1 

C2=+C3=+ C4=,wt% 32.5 30.6 
C4, wt% 2.3 2.0 

Gasoline wt%, C5-
430oF 22.8 25.5 

LFO, wt% 15.9 16.1 
HFO, wt%, 700oF + 9.1 8.9 

Coke, wt% 7.0 5.5 
Cracking at 1200oF Start of run, Mid-continent 

SHGO 

Catalyst:70% Octacat/30% ZSM-5 

 
 Both activity and ethylene yield increased by about 50%. This 
suggests strongly that the high ethylene yields associated with ZSM-
5 are in fact catalytic, and thermal mechanisms make no major 
contributions. 
 Mechanistic Considerations.  Note, however, that although the 
ethylene yield is higher in the higher activity system, propylene has 
actually decreased, and in fact total light olefins have also decreased. 
This decrease is offset by an unexpected increase in gasoline yield.  

Buchanan8 has reviewed the mechanisms occurring in the use of 
ZSM-5 in FCC applications. Olefinic naphtha is produced by 
cracking of the feed by the base catalyst. A USY catalyst is preferred 
for making olefins, since its hydrogen transfer activity is much lower 
than for REY-based catalysts. The olefinic naphtha contains light 
(C5-C7) and heavy (C8

+) olefins, which are converted to C2-C4 olefins 
by ZSM-5. Heavy olefins are also cracked to lighter olefins. Naphtha 
olefins are also isomerized by ZSM-5, increasing gasoline octane; 
highly branched olefins cannot be cracked by ZSM-5 because of its 
pore size.  
 The increased ethylene but decreased total light olefin yield 
when ZSM-5 activity is increased as in Table 4 can be explained by a 
combination of olefin interconversion and selective aromatization. 
Olefin interconversion is a reaction optimally catalyzed by ZSM-5 
and tends to bring olefin distributions closer to their thermal 
equilibrium distribution, and is thought to occur by a combination of 
oligomerization, cracking, disproportionation and hydrogen transfer9. 
The detailed mechanism has not been worked out. When ZSM-5 
activity is increased, olefin interconversion reactions are accelerated, 
producing more ethylene. Ethylene is, however, notably unreactive 
toward aromatization10, but the increased activity does produce 
selective aromatization of propylene and butylenes to form 
aromatics. Thus increased ZSM-5 activity is seen to produce higher 
ethylene yields, lower propylene and incremental gasoline aromatics 
that could be used in petrochemical processes and raise gasoline 
octane. 

 
Conclusions 

A comparison can be made between the catalyst and process 
system discussed in this paper with the Sinopec DCC process, which 
utilizes a ZSM-5 containing catalyst at temperatures of about 1050oF 
in a conventional FCC. The Sinopec data on a hydrotreated paraffinic 
feed was compared to an equally paraffinic resid on a 50% 
Octacat/50% ZSM-5 catalyst. The comparison is shown in Table 5. 
The DCC yields of ethylene and propylene are considerably inferior. 
 By proper selection of catalysts, feeds and reaction parameters, 
it is possible to produce ethylene yields in excess of 10% under 
conditions attainable in most modern FCC units. This is of particular 
value in units already associated with petrochemical plants with 
available cryogenic separation units. 

 
Table 5. Comparison with Sinopec DCC Process11 

 
Catalyst This Work DCC 

Feed 
Gippsland 

760oF+ 
Resid 

Hydrotreated 
Paraffinic 

Feed 

Gravity, API 28.41 31.40 
Distillation, 

oF     

IBP 619 315 
10 717 649 
50 827 806 
EP 1342 1076 

Catalyst 50%Octacat 
/ 50%ZSM-5 

ZRP-1 
(ZSM-5) 

H2O 
Cofeed, 

wt%  
 7.5, 15 ~22 

Conversion, 
wt% 82 

C2-, wt% 5.9 5.2 
C2=, wt% 12.3 5.1 
C3=, wt% 20.9 17.4 
C2=+C3=, 

wt% 33.2 22.5 

Coke, Wt. % 3.6 ~6 
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Introduction 

Oxo process alcohols are a major class of organic chemicals.1 
The oxo process (i.e., hydroformylation) consists of reacting an 
olefin with carbon monoxide and hydrogen at elevated temperatures 
and pressures, in the presence of a suitable catalyst, to produce an 
aldehyde with a carbon number one higher than the starting olefin.  
The product stream from the Oxo process needs to be hydrogenated 
to convert the aldehydes to alcohols.  Catalysts frequently used for 
aldehyde hydrogenation include copper chromite, molybdenum 
sulfide, nickel, and cobalt.  Although copper chromite has excellent 
hydrogenation activity, it is also very sensitive to sulfur poisoning, 
making it difficult to use with sulfur containing feed streams.  
Sulfided Ni-Mo/Al2O3 catalysts provide excellent hydrogenation 
activity while showing a high tolerance to sulfur compounds, 
however, a major problem is the selectivity loss due to side reactions. 

Although there is ample literature on the application of sulfided 
Ni-Mo catalysts in hydrotreating, especially in HDN reactions, there 
have not been many studies focusing on their application in aldehyde 
hydrogenation reactions.  Especially an understanding of how the 
surface characteristics correlate with different reaction pathways is 
lacking. This communication presents the results on the catalytic 
performance of reduced and sulfided Ni-Mo/γ-Al2O3 catalysts in 
hydrogenation of lower aldehydes and their pre-reaction, post-
reaction, and in-situ characterization using XRD, TEM, XPS, 
DRIFTS, and chemisorption techniques. 
 
Experimental 

Catalyst Preparation.  Alumina-supported catalysts with 
different MoO3 and NiO loadings were prepared by wet co-
impregnation of γ-Al2O3 with aqueous solutions of ammonium 
heptamolybdate [(NH4)6Mo7O24·4H2O] and nickel nitrate 
[Ni(NO3)2·6H2O]. The preparation procedure was reported 
previously.2  Catalyst compositions are reported as weight 
percentages of the oxide precursors, i.e., MoO3, NiO.  Prior to 
reactions, the catalysts were sulfided or reduced in situ, followed by 
He flushing at the same temperature for 2 hour and cooling to 
reaction temperature.  

Catalyst Characterization.  In-situ XRD patterns were 
acquired by a Bruker D8 Advance X-Ray Diffractometer equipped 
with atmosphere and temperature control capabilities and operated at 
40 kV and 50 mA.  Reduction was performed in-situ under 5% H2/N2 
gas flow using a linear temperature-program between isothermal 
steps. XPS was performed using an AXIS Ultra XPS spectrometer, 
operated at 13 kV and 10 mA with monochromatic Al Kα radiation 
(1486.6 eV).  Catalysts were mounted on sample holder with 
conductive tape in dry glove box and transferred to the analysis 
chamber of the spectrometer with a controlled-atmosphere 
transporter.  Charge neutralization was used to reduce effect of 
charge built on samples.  All binding energies were referenced to Al 
2p of 74.4 eV.  DRIFTS experiments were performed using a Bruker 
IFS66 instrument equipped with MCT detectors (operated at -196 oC) 
and a KBr beam splitter.  Catalyst was placed in a sample cup inside 

a Spectratech diffuse reflectance cell equipped with KBr windows 
and a thermocouple mount that allowed direct measurement of the 
surface temperature.  NO and CO2 adsorption process was carried out 
by introducing NO or CO2 into the system at room temperature and 
followed flushing with He.  Pyridine was carried into the chamber by 
He with a diffusion tube, followed by He flushing.  TPD experiments 
were performed using a system previously described.3 The reactor 
effluent composition was continually monitored as a function of 
sample temperature by a mass spectrometer (Hewlett-Packard, MS 
Engine 5989A). The volumetric measurements of CO2 and NO 
chemisorptions (at 30 and –78 oC, respectively) were performed 
using Micromeritics ASAP2010 instrument.   

Reaction Studies.  Hydrogenation of aldehydes was carried out 
in a fixed bed flow reactor, which made out of 1/4-in stainless steel 
tubing.  The amount of catalyst loaded into the reactor corresponded 
to a total surface area of 25 m2 except when otherwise noted.  
Reaction temperatures were in the range of 140–180 oC and pressure 
was kept at 1000 psig.  Hexanal, propanal, and other feeds were 
introduced into the reaction system by saturating a stream in H2 using 
a bubbler.  The concentration of feed was controlled by the 
temperature of bubbler and verified by GC analysis.  The outlet of 
reactor was connected directly to a condenser, which was cooled in 
an ice-water bath.  Decane was used as the solvent in the condenser.  
Condensed species were analyzed by GC using the auto liquid 
injector.  The lighter components were analyzed on-line using the gas 
injection mode of the GC.  
 
Results and Discussion 

The reaction products from hydrogenation of aldehydes were 
grouped in three categories: alcohol, heavy products and light 
products.  The primary selectivity loss was due to heavy product 
formation from condensation of aldehydes and aldehyde with 
alcohol.  DRIFTS experiment4 for bi-metallic Ni-Mo catalysts and 
FTIR experiment5 for mono-metallic Mo catalysts showed that NO 
and CO2 can be used as probe molecules for anion vacancies (i.e., 
coordinatively unsaturated sites) and surface hydroxyl groups, which 
may be associated with alumina surface.  The correlations of NO and 
CO2 uptake, measured through a volumetric chemisorption 
technique, with propanol and heavy product formation rates in 
propanal hydrogenation over sulfided catalysts are presented in 
Figure 1. 
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Figure 1.  Correlations of NO and CO2 adsorptions with formation 
rates of propanol (a) and heavy products (b). Solid points: Mo 
catalysts with different loading; Blank points: Ni-Mo catalysts. 
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Hexanal hydrogenation exhibits similar correlations.  Alcohol 
formation rate varies linearly with NO uptake, implying that the 
anion vacancies are indeed the active sites for aldehyde 
hydrogenation to form hexanol.  Results obtained by using alcohols 
as feed molecules showed a higher reactivity for alcohol, suggesting 
that the “observed” formation rate of propanol may be significantly 
lower than the actual formation rate due to further reaction of alcohol 
once it is formed.  This would explain the minus formation rates for 
propanol when NO adsorption is extrapolated to zero.  The heavy 
product formation rate increases linearly with increasing CO2 uptake, 
suggesting a correlation between the CO2 adsorption sites and the 
active sites for the heavy product formation.  However, the 
extrapolated lines do not go through the origin, suggesting that there 
may be additional sites contributing to the formation of heavy 
products, which are not “probed” by CO2 adsorption.  These could be 
more acidic OH groups as well as the sulfhydryl (SH) groups.  

Figure 2 shows the adsorbed pyridine bands (adsorbed at 150 
°C) over 3%Ni-15%Mo/Al2O3 catalysts treated at different 
conditions.  The spectrum taken over the bare support reduced at 500 
oC is also included for comparison.   
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Figure 2.  DRIFTS spectra of adsorbed pyridine over 3%Ni-
15%Mo/Al2O3 catalysts and Al2O3 support treated at different 
conditions.  O-oxidized, S-sulfided, R-reduced; numbers present 
temperatures. 

 
The bands at 1445 and 1538 cm-1 are the characteristics of anti-

symmetric vibrations of adsorbed pyridine over L and B acidic sites, 
respectively. The band at 1489 cm-1 has contributions from the 
symmetrical vibrations of both L and B sites.  The reduced Al2O3 
support shows strong bands from Lewis acid sites only.  No Bronsted 
acid sites are observed over the bare support.  The oxidized sample 
exhibits strong bands at 1538 and 1635 cm-1 (anti-symmetric and 
symmetric vibration of adsorbed pyridine over Bronsted acidic sites, 
respectively), signaling the presence of Bronsted acid sites.  The 
spectra taken over the reduced and sulfided samples are very similar, 
with strong bands arising from pyridine adsorbed on Lewis acid sites 
along with relatively weak bands from pyridine adsorbed on 
Bronsted acid sites.  One interesting point to note about these results 
is that pyridine adsorption on Bronsted acid sites over these catalysts 
was not observed by some researchers, especially when the IR 
spectra were collected under high vacuum.  Other researchers, 
however, reported the presence of Bronsted acid sites in IR spectra as 
identified by pyridine adsorption,6-7  in agreement with our 
observations.  The fact that the DRIFT spectra in our experiments 

were collected after flushing (without evacuating) the sample 
chamber with He and by using a high-sensitivity MCT detector 
(operated at 77 K) can explain why the presence of Bronsted acid 
sites were clearly visible.  It is conceivable that under vacuum 
conditions, SH- or OH- groups may re-associate with H+ ions and 
desorb, eliminating the Bronsted acid sites.  The fact that the 
Bronsted acid sites were observed over both reduced and sulfided 
catalysts seem to support our earlier assertion that the two catalysts 
may have analogous sites in the form of OH- and SH- groups or S or 
O vacancies. 8

In situ XRD and DRIFTS experiments and controlled-
atmosphere XPS studies showed that sulfidation was not complete at 
temperatures lower than 400 °C.  Higher sulfidation temperatures, on 
the other hand, led to the formation of sulfate species on the surface.  
Pre-treatment of the catalyst following sulfidation was also seen to 
play a major role in the relative abundance of the CUS sites, SH sites 
and OH sites. 

 
Table 1.  Performance Comparison of Reduced and Sulfided Ni-

Mo/Al2O3 Catalysts in Propanal Hydrogenation. a  
  

180 oC 160 oC 140 oC Performance 
S-400 R-500 S-400 R-500 S-400 R-500 

S%-lights 2.8 0.7 1.1 0.2 0.3 0.1 
S%-propanal 57.4 69.1 38.6 54.0 29.2 49.6 
S%-heavies 39.8 30.2 60.3 45.8 70.5 50.3 
C%-propanal 53.7 67.0 25.4 40.3 13.6 21.9 

a Reaction conditions: 1000 psi, 0.35% propanal in 250 cm3 
(STP)/min H2, 12.5 m2 catalyst. 

 
Reduced Ni-Mo/Al2O3 catalysts show superior aldehyde 

hydrogenation activity and alcohol selectivity than their sulfided 
counterparts, as shown in Table 1.  As shown earlier,8  reduced 
catalysts, which may be represented as a Ni-Mo-O structure, possess 
catalytic behavior analogous to Ni-Mo-S catalysts.  A reduction 
temperature of 500 °C appears to be optimum for forming a catalyst 
surface where majority of Mo species are in a +4 oxidation state and 
the oxygen anion vacancies are maximized.  This temperature also 
appears to be optimum for minimizing the exposed alumina surface 
and the OH groups that lead to heavy product formation.  The in-situ 
X-ray diffraction, controlled-atmosphere XPS, DRIFTS and 
chemisorption studies have provided complementary data that 
support this assertion.  
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Introduction 

The increasing demand for light olefins and the insufficient 
capacity from current production by steam and catalytic cracking are 
the driving forces to seek alternative ways to manufacture these 
chemicals.  The most feasible processes on a commercial scale at 
present are catalytic dehydrogenation (DH) and oxidative 
dehydrogenation (ODH) of light alkanes. Commercial catalysts for 
alkane DH process are supported chromium oxide and platinum 
metal. Supported vanadium oxides (VOx) have also been recently 
reported to be very active and selective for the DH of light alkanes.1, 

2 However, the structure of supported VOx and the deactivation/coke 
deposits under DH conditions are not well understood.   

The focus of this study is the application of Raman spectroscopy 
to investigate the structural changes of surface VOx and the coke 
formation process during butane DH over V/δ-Al2O3 catalysts with 
various surface VOx densities (0.03 – 14.2 V/nm2). A better 
understanding of coke formation chemistry and the role of different 
VOx species in coke formation could facilitate optimization of 
catalysts and possible reduction of side reactions leading to coke.  
  
Experimental 

Sample preparation. Supported VOx samples were prepared 
via incipient wetness impregnation of aluminas (δ-Al2O3: Johnson 
Matthey, UK, SBET = 101 m2/g) with aqueous NH4VO3 solutions. 
Surface VOx density varied in the range 0.03 – 14.2 V/nm2. A 
V/Al2O3 sample with surface VOx density of Y V/nm2 will be 
denoted as YV in the following text 

Raman Studies.  When doing butane DH reactions, the sample 
was first either calcined (5% O2/N2) at 823 K or reduced (5% H2/N2) 
at 873 K in a fluidized bed reactor3 and then exposed to 3% 
butane/N2 at different temperatures for 30 min. The sample was 
purged with He at reaction temperature for another 10 min before 
spectral collection. The reaction of 1-butene, cis-2-butene, trans-2-
butene, and 1,3-butadiene (all the C4 olefins are around 3% in N2) 
with supported VOx was conducted on a 1.2V sample in the similar 
way as butane DH.  

Most Raman spectra were collected at room temperature in 
flowing He on the UV Raman instrument built at Northwestern 
University.4   
 
Results and Discussion 

We selected several V/δ-Al2O3 catalysts (0.03V, 1.2V, 4.4V, 
and 14.2V) for butane DH studies because our Raman study5 
suggests that these catalysts contain surface VOx species with 
different structures. 0.03V possesses exclusively isolated VOx in 
tetrahedral coordination. 1.2V contains both isolated and 
polymerized VOx species. A mixture of polyvanadates with different 
polymerization degrees and crystalline V2O5 are present on 4.4V and 
14.2 V samples. We expect that a Raman study of butane DH over 
these samples may provide a correlation between the nature of coke 
species and the structure of the catalysts.  

Taking 1.2V sample as an example, the Raman spectra collected 
during butane DH at different temperatures are shown in Fig. 1.  At 
temperatures below 673 K, a weak Raman band at around 1605 cm-1, 
due to C=C stretching in polyaromatics,6 is observed together with 
the two bands at 1022 and 910 cm-1 due to V=O and V-O-Al modes 

 
 

Figure 1. Raman spectra from butane dehydrogenation over calcined 
1.2V/δ-Al2O3 at different temperatures 

 
 

of surface VOx species,5 respectively.  After butane DH at 673 and 
773 K, an intense band at 1598 cm-1 due to polyaromatics develops. 
Simultaneously, bands at 1500, 1438, 1183, 1004, and 845 cm-1 are 
observed. Meanwhile, Raman bands due to surface VOx are no 
longer observable, due to absorption of radiation by surface coke 
species. The band at 1500 cm-1 can be assigned to conjugated 
polyolefins or cyclopentadiene species.7, 8 The band at 1438 cm-1 is 
due to the bending mode of CH3/CH2 or C-H in aromatic rings. C-C 
stretching in aromatics usually shows up around 1180 cm-1. The two 
sharp bands at 1004 and 845 cm-1 can be either ascribed to surface 
VOx species or coke species. They are confirmed to be due to coke 
deposits on the surface by doing the same reaction on an oxygen-18 
exchanged V/δ-Al2O3 sample. Their assignment will be addressed 
later. As the DH temperature goes up to 873 K, the Raman bands 
below 1500 cm-1 decrease greatly in intensity. The intensity ratio 
I1598/I1438 increases as the temperature increases, indicating the 
formation of more dehydrogenated coke species at higher reaction 
temperatures. Raman spectra obtained from the reaction of butane 
with pre-reduced 1.2V are quite similar to those on pre-oxidized 
1.2V (Fig. 1). It seems that the initial valence state of surface V does 
not affect the nature of coke species. 

The Raman spectra of butane DH over other V/δ-Al2O3 samples 
(0.03V, 4.4V, and 14.2V) show similar Raman bands to those on 
1.2V sample, indicating that similar coke species are formed on these 
catalysts. The band intensity patterns suggest that the coke species 
formed on supported VOx have a sheet-like topology.8 However, 
some slight spectral differences can be distinguished. The intensity 
ratio I1598/I1438 increases not only as the reaction temperature rises but 
also as surface VOx density increases, implying that highly 
dehydrogenated coke species are more easily formed on 
polyvanadates than on monovanadates. Moreover, conjugated 
polyolefins with a Raman band at ca. 1500 cm-1 are not formed on 
0.03V sample. These differences show that the nature of the coke 
formed on the surface is somehow related to the structure of VOx 
species. It is also noted that Raman bands due to surface VOx are still 
observable, with decreased intensity, only for the 0.03V sample after 
butane DH. The decrease in intensity of the bands suggests a 
reduction of surface VOx under butane DH conditions. 

C4 olefins (1-butene, 2-butenes, and 1,3-butadiene) are supposed 
to be the primary products from butane DH. So Raman studies of 
their reaction with the supported VOx catalysts will not only help to 
assignment of the two Raman bands at ca. 850 and 1005  
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cm-1 but also provide information on which of these olefins are the 
coke formation intermediates.   

the 
coke formation intermediates.   

Raman spectra from the reaction of the C4 olefins on 1.2V 
sample show quite similar features to each other and to those from 
butane DH at temperature above 573 K This indicates that the four 
C4 olefins are possible coke precursors in butane DH reaction on 
supported VOx catalysts.  

Raman spectra from the reaction of the C

Raman spectra (Fig. 2) from 1,3-butadiene DH on 1.2V sample 
show some different features from other olefins and butane at 
reaction temperatures below 573 K A comparison of these Raman 
spectra can be helpful for the interpretation of the two bands at 
around 850 and 1006 cm-1. It is interesting to see that these two 
bands are readily formed upon room temperature adsorption of 1,3-
butadiene on the 1.2V sample and persist from reaction temperature 
up to 773 K (see Fig. 2). The two bands observed at room 
temperature can be removed after heating in He at 573 K, suggesting 
they are due to adsorbed 1,3-butadiene on the V/δ-Al2O3 sample. 
Thus the bands at 850 and 1006 cm-1 can be assigned to =CH2 
rocking and =CH bending, respectively. But the bands appearing at 
higher temperature (above 473 K) are quite stable upon desorption.  
Therefore, we propose that the two bands at ca. 850 and 1006 cm-1 
observed upon the reaction of C4 olefins and butane on VOx samples 
are related to a –CH=CH2 structure but not exactly 1,3-butadiene. 
This group is possibly connected to aromatic rings because the two 
bands seem to be from the same coke species as the bands at 1183, 
1438, and 1598 cm-1 which are due to polyaromatics. 

Raman spectra (Fig. 2) from 1,3-butadiene DH on 1.2V sample 
show some different features from other olefins and butane at 
reaction temperatures below 573 K A comparison of these Raman 
spectra can be helpful for the interpretation of the two bands at 
around 850 and 1006 cm

Regeneration of the coked samples by 2% O2/N2 at different 
temperatures is also carried out to reveal the oxidation behavior of 
coke species. It turns out that the total oxidation temperature of the 
coke species also depends on the surface VOx density, i.e., the 
structure of surface VOx species. Coke species formed on 
polymerized VOx are more easily removed than on isolated VOx. The 
structure of V/δ-Al2O3 is fully regenerated after the coke removal 

Regeneration of the coked samples by 2% O
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butane DH at temperature above 573 K This indicates that the four 
C4 olefins are possible coke precursors in butane DH reaction on 
supported VOx catalysts.  

-1. It is interesting to see that these two 
bands are readily formed upon room temperature adsorption of 1,3-
butadiene on the 1.2V sample and persist from reaction temperature 
up to 773 K (see Fig. 2). The two bands observed at room 
temperature can be removed after heating in He at 573 K, suggesting 
they are due to adsorbed 1,3-butadiene on the V/δ-Al2O3 sample. 
Thus the bands at 850 and 1006 cm-1 can be assigned to =CH2 
rocking and =CH bending, respectively. But the bands appearing at 
higher temperature (above 473 K) are quite stable upon desorption.  
Therefore, we propose that the two bands at ca. 850 and 1006 cm-1 
observed upon the reaction of C4 olefins and butane on VOx samples 
are related to a –CH=CH2 structure but not exactly 1,3-butadiene. 
This group is possibly connected to aromatic rings because the two 
bands seem to be from the same coke species as the bands at 1183, 
1438, and 1598 cm-1 which are due to polyaromatics. 

2/N2 at different 
temperatures is also carried out to reveal the oxidation behavior of 
coke species. It turns out that the total oxidation temperature of the 
coke species also depends on the surface VOx density, i.e., the 
structure of surface VOx species. Coke species formed on 
polymerized VOx are more easily removed than on isolated VOx. The 
structure of V/δ-Al2O3 is fully regenerated after the coke removal 
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Figure 2. Raman spectra from 1,3-butadiene dehydrogenation 
over calcined 1.2V/δ-Al2O3 at different temperatures 
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Introduction 

Hydrogenation of aromatic compounds is an important 
research area due to stringent environmental regulations on the 
content of aromatics in fuels.  Ni catalysts have been widely studied 
for the reaction because of their high activity and relatively low cost 
[1].  This study focuses on the development of the RF plasma 
technique to improve the activity and stability of Ni catalysts for 
benzene hydrogenation to cyclohexane because plasma based 
techniques for catalyst preparation have recently been used to 
develop catalytic materials with unusual catalytic properties 
including high metal dispersion and better stability [2,3].  The goal is 
to demonstrate the unique capability of RF plasma technique to 
improve the efficiency of various catalytic processes by controlling 
the metal dispersion and the interaction between metals and supports. 
 
Experimental 
 20-40 mesh alumina particles with or without plasma pre-
treatments are impregnated with calculated nickel nitrate solution 
using the incipient wetness technique.  The support material with 
plasma treatments before impregnation are designated as (B), for 
example air(B) representing catalyst with plasma treatment before 
impregnation with nickel nitrate.  The catalysts treated with plasmas 
are designated as (A), for example H2(A) representing catalyst with 
H2 plasma treatment after nickel nitrate impregnation.   
 Plasma treatments were carried out in the custom-designed 360° 
rotating RF plasma system.  The detail of the system is described in 
the previous publication. [4]  400 mtorr and 160 watt were used for 
both H2 and air plasmas in this study.  Typically, one gram of 
catalysts is loaded in the plasma chamber for plasma treatments.  The 
time for plasma treatment ranges from 10 to 30 minutes with a 
continuous wave.   
 5%Ni/Al2O3 catalysts tested include air(B), H2(B) un-calcined 
and air(A) and H2(A).  Reaction study was carried out with a space 
velocity of ~63,000 cc/h-g catalyst at temperatures from 50-150°C 
with hydrogen to benzene ratio of 18 to 1.  
 
Results and Discussion 

The activities of catalysts as a function of time on stream after 
reduction in H2 at 450°C are shown in Figure 1.  The activity goes 
through an initial fast decrease and quickly stabilizes followed by a 
slow decrease with time.  The activity order of five different 
5%Ni/Al2O3 catalysts after 8 hours on stream is air(B) > H2(B), 
air(A) > H2(A), un-calcined.  The results suggest both air and H2 
plasma modifications before the impregnation of nickel precursor are 
effective in improving the activity.  However, only the air plasma 
modification after nickel precursor impregnation slightly improves 
the activity while the H2 plasma has negligible effect.  The improved 
activity of catalysts with plasma modifications is hypothesized to be 
resulted from cleaned surfaces to stabilize smaller Ni metal particles 
to achieve higher dispersion.   

To determine the plasma effect on catalytic stability we use an 
extended reduction in H2 at 600°C for 5 hours to speed up the 
deactivation.  The activities of all catalysts are tested again under the 
same reactions as the catalyst with a reduction at 450°C.  The results 
of conversion versus time are shown in Figure 2.  The activity order 
after 8 hours on stream is air(A), H2(A) > air(B), H2(B) > un-

calcined.  The relative stability of catalysts is calculated based on the 
percent decrease from the activity with 450°C reduction to the 
activity with 600°C reduction.  The result is summarized in Table 1.  
The percent decrease order for all five catalysts is H2(A) < air(A) < 
H2(B) < air(B), un-calcined.   
 
Summary 
 Plasma modifications before and after impregnation of metal 
precursors are effective in improving the activity of Ni catalysts for 
benzene hydrogenation.  Plasma modification before impregnation is 
slightly more effective than the plasma modification after 
impregnation.  However, plasma modifications after impregnation 
increase the stability of catalysts much more than that of catalysts 
with plasma modification before the impregnation.  The economic 
benefit of much improved stability of Ni catalysts for hydrogenation 
of benzene is significant.  Via RF plasma techniques similar benefits 
for various catalysts and other industrial processes can be expected. 
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Figure 1. Activities of Ni catalysts versus time for benzene 
hydrogenation at 150°C after reduction at 450°C. 
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Figure 2. Activities of Ni catalysts versus time for benzene 
hydrogenation at 150°C after extended reduction at 600°C. 
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Table 1. Activity and stability of Ni catalysts for benzene 
hydrogenation at 150°C. 

% benzene conversion after  8 
hours on stream 

Catalyst 

Reduction at 
450°C 

Reduction at 
600°C 

Percent 
decrease of 
activity 

Air(B) 55.8 36.9 38.8 
H2(B) 52.1 35.2 32.4 
Un-
calcined 

46.9 29.5 37.2 

Air(A) 51.2 44.2 13.6 
H2(A) 46.3 43.0 7.1 
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Introduction 

Iron based catalysts exhibit high activity and selectivity in 
hydrogenation of coal (1-2). Ultra fine iron based catalysts is 
desirable due to the presence of a larger percentage of unsaturated 
coordination sites on surface and intimate contact with coal during 
hydrogenation (2). In situ impregnation of iron based catalyst is even 
better because the nano-size iron species form not only on coal 
surface but also in coal’s pore network. Correspondingly, significant 
enhancements in coal hydrogenation conversion can be achieved 
using in situ catalyst impregnation compared to those using physical 
mixing of ultra fine catalysts and coal. The objective of this study is 
to investigate chemical transformation of impregnated ferrous sulfate 
based catalysts during hydrogenation of a Chinese coal. To overcome 
the interference of coal matrix on analysis, X-ray diffraction (XRD) 
and X-ray photoelectron spectroscopic (XPS) were used to study the 
catalyst composition in the bulk and on the surface of coal samples 
before and after the hydrogenation. The neighbouring coordination 
structure of iron element was also determined by the extended X-ray 
adsorption fine structure (EXAFS) 

 
Experimental 

Yanzhou coal (YZ), a Chinese bituminous coal, was used. Its 
properties are listed in Table 1. It was ground to <170µm and dried 
under vacuum before use.  
 

Table 1.  Properties of Yanzhou Coal  
Proximate analysis, wt% 
Moisture, as Ash, as Volatile Matter, daf 
2.7 2.84 44.71 
Ultimate analysis, wt%, daf 
C H N S 
81.49 5.86 1.27 2.70 
Petrographic Composition, wt% 
Vitrinite 
 

semi-vitrinite exinite Inertinite 
 76.7 2.5 2.9 17.9 

“as” denotes  as received; “daf” denotes dry ash free. 
 

The catalyst precursor was impregnated on coal. The 
impregnation procedures had been reported earlier (2). Three samples 
were prepared using different reagents. Sample YZ1 was prepared by 
impregnation of FeSO4 onto YZ coal; sample YZ3 by co-
impregnation of FeSO4 and Na2S; and sample YZ4 by co-
impregnation of FeSO4 and urea. The iron loadings of the three 
samples are 2.0 wt%. The hydrogenations were carried out in a 25 ml 
tubing bomb reactor at 400oC under an initial H2 pressure of 7.0 MPa 
without using a solvent. Detailed experimental procedures have been 
reported elsewhere (2).  

                                                                        
∗ Corresponding author. Tel: +86-351-4048571; Fax: +86-351-
4041153; E-mail address: jyang@sxicc.ac.cn. 

XRD analysis was made on a Dmax-rA X-ray diffractometer 
with a Cu Kα radiation operated at 40kV and 50mA. XPS analysis 
was carried out in 2202-XL ESCA. Carbon (1s) at 284.0 eV was used 
as the reference for binding energy. EXAFS characterization was 
conducted at a beamline of 4W1B at Beijing Synchrotron Radiation 
Facility. The X-ray energy was varied from approximately 200 eV 
below the Fe K-shell absorption edge to 800 eV above the edge using 
a double crystal Si (111) monochromator. 
 
Results and discussion 

Activity of the catalysts in hydrogenation of the coal is defined 
as the percentage conversion of coal to THF soluble materials on dry-
and-ash-free base. Compared to the YZ coal, the conversions of the 
iron loaded samples are significantly high (38% for YZ, 54% for 
YZ1, 77% for YZ3 and 70% for YZ4). The activities of the catalysts 
on YZ3 and YZ4 are higher than that on YZ1, indicating promotive 
effect of Na2S and urea on the activity of FeSO4.  

XRD analysis showed well-developed crystals in YZ1 
corresponding to FeSO4⋅H2O and a small amount of β-Fe2O3 (see 
figure 1 and Table 2). The existence of FeSO4⋅H2O species is 
consistent with what reported by Artork et al (3). The presence of β-
Fe2O3 may result from air oxidization of the highly dispersed iron 
element on coal surface. XRD patterns of YZ3 and YZ4 are 
significantly different from that of YZ1. FeS2 was found in YZ3 as 
the main species, which is consistent with the stoichiometry of the 
reaction between FeSO4 and Na2S. FeOOH was also observed in YZ3, 
possibly resulted from hydrolysis of sulfide ion and oxidization of 
ferric ion in the basic solution of Na2S. Iron oxides, such as β-Fe2O3, 
FeOOH and Fe3O7(OH)⋅7H2O, are the main species in YZ4, which is 
similar to the form of super-acid catalyst (Fe2O3/SO4).  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Scattering angle (o) 
 

Figure 1.  XRD patterns for the raw coal and the coal impregnated 
with the catalyst precursors. 
 

Table 2. Results from XRD Analyses 

Sample Major species Minor species 

YZ 1 FeSO4.H2O β-Fe2O3 

YZ 3 FeS2, FeOOH  

YZ 4 FeOOH, Fe3O7(OH).7H2O, β-Fe2O3 FeSO4.6H2O 
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XPS analysis revealed that oxygen, iron, carbon and sulfur 
elements exist distinctly on the surface （see figure 2）. It was found 
that the surface Fe/C ratio on YZ1 is lower than the theoretic value 
(4.62x10-3 vs. 5.5710-3), suggesting some iron penetrated into the 
pore network of the coal. The surface Fe/C ratio for YZ3 and YZ4 
are higher than the theoretic value (7.58 x10-3 and 11.34 x10-3 vs. 
5.5710-3), resulting from the fast precipitation between the iron ions 
and the promoters (S ions and OH ions) during the impregnation. It 
was also found that about 1/2 of the surface Fe in YZ1 is in the form 
of FeSO4 and about 1/5 of that in the form of Fe2O3. However, about 
1/2 of the surface Fe in YZ3 and YZ4 is in the form of FeOOH and 
1/10-1/5 of that in the form of Fe2O3. Correspondingly, most of the 
surface S in YZ1 is in the form of SO4

2- and about 1/10 of that in 
organic sulfur form. On the contrary, more organic sulfur appears on 
the surface of YZ3 and YZ4.  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 2.  XPS spectra for the raw coal and the coal impregnated 
with the catalyst precursors. 

 
EXAFS analyses indicate that, before the hydrogenation, most 

of the iron coordinates with oxygen and sulfur, and FeSO4 character 
is weak or is overlapped with Fe/S coordination. Radial structure 
function (RSF) of the pure compounds and the impregnated samples 
are shown in figures 3 and 4. The position and shape of Fe/O and 
Fe/S coordination peaks vary with the promoters. It indicates the iron 
in deferent samples presents with different forms and concentrations, 
which can be related to different hydrogenation activity.  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 3.  Radial structure function (RSF) of pure compounds. 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 4.  Radial structure function (RSF) of the impregnated samples. 
 
The residues from the hydrogenation generally exhibit Fe1-xS 

(pyrrhotite) characteristics. This agrees with the common 
understanding that pyrrhotite is the active species for hydrogenation 
of coals.  However it was also found that the iron species in YZ3 
sample (Na2S as the promoter) completely transforms to the form of 
Fe1-xS while part of iron element in YZ4 sample (urea as the 
promoter) existed in the form of FeSiO3 (FeO⋅SiO2) after 12 min 
reaction. XPS analyses showed that as the progress of the 
hydrogenation, the surface concentrations of oxygen and sulfur 
decrease and the surface concentration of carbon increase, and 
FeOOH and Fe2O3 transform into FeS. the concentration of SO4

2- 
decreases for YZ3 residue and increases for YZ4 residue with the 
increasing of the reaction time. In addition to the higher Fe/O 
character of YZ4 residue, it suggests that urea may promote the 
transform of super acid, Fe2O3/SO4

2-. 
 

Conclusions 
Impregnation of FeSO4 alone leads to slightly increase the coal 

conversion than that without any catalyst. However, the co-
impregnation of FeSO4 and promoter, Na2S or urea, results in a 
remarkable increase of the conversion, which is nearly twice as much 
as that of the raw coal.  

When FeSO4 is impregnated alone on the coal, the iron form 
generally remains unchanged but with a small amount of iron oxides 
on the coal surface. Co-impregnation of FeSO4 and Na2S leads to the 
occurrence of FeS and FeOOH species. Co-impregnation of FeSO4 
and urea results in complete surrounding of iron element by oxygen.  

In spite of the different iron forms, most of the iron transforms 
to Fe1-xS after 12 min hydrogenation reaction, although some of iron 
oxides still exist after the 12 min reaction in the presence of urea. The 
oxide is in combination with SiO2 (from coal ash). The co-
impregnation of FeSO4 and urea on the coal may lead to formation of 
super acid sites during hydrogenation of coal. 
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Abstract 

There is a bit of butadiene in C4 fraction, and it does great harm 
to the parts of further process. The simplest and most economical 
measure is transforming butadiene to butylenes by selective 
hydrogenation. Non-noble metal Ni is the active ingredient in these 
experiments, we investigate the pretreated conditions of the catalyst, 
including the sulfuration mode、sulfur solution concentration and 
sulfuration time. 

Keyword: C4 fraction, butadiene, selective hydrogenation, Ni/Al2O3 

Since the 1990s, because of the progress in the separating 
technology, the application of C4, which is used as the raw material of 
chemical petroleum, achieves fast development［1］. However a bit of 
butadiene in C4 fraction does great harm to the parts of next processes. 
In order to resolve these problems, the simplest and most economical 
measure is transforming butadiene to butylenes by selective 
hydrogenation. At present, there is a lot of study on noble metal Pd, 
or adding a small amount of auxiliary agents, such as Cu、Ag、Fe、
Co、Au、Zn、Pb、Cr、Ga、In［2-5］. But Pd catalysts have more 
shortcomings: high price; polymerization reaction may lead to the 
selectivity descends, the polymers pollute the surface of catalysts, 
then make the stability decline; it is poisoned by mercaptan、carbonyl 
sulphur and arsenic etc. Therefore the exploitation of non-noble metal, 
which is inexpensive and has high activity、stability and anti-sulfur 
ability, has obvious significance［6］. 

 
1 Experiment  

1.1 Catalyst preparation.  φ 1-2 mm γ-Al2O3 ,which is 
provided by the Petroleum Chemical Third Plant of Fushun, is 
calcined through high temperature. A certain amount of nickel is 
loaded in γ-Al2O3 carrier by impregnation. Then the catalyst is dried 
and calcined at given temperature. Before the usage, the catalyst is 
reduced by H2 and pretreated in special sulfuration conditions. 

1.2 Analysis measure.  The catalyst is estimated in the up-flow 
fixed-bed reactor, which includes gas、liquid and solid three phases . 
The inner diameter of the reaction pipe is 11mm. The raw material is 
sent to the reactor by pump, and the reactions take place in liquid 
phase. The gas specimens of the raw material and products are 
analyzed by model sq206 gas-phase chromatographic instrument. The 
length of chromatographic column is 50m; inner diameter is 0.53mm, 
the chromatographic column fixed liquid is AT. Al2O3 /S. Collection 
and analysis of the chromatographic data are done by AnaStar 
chromatographic workstation. 

1.3 Raw material.  The raw material is liquid petroleum gas, 
whose compositions are listed in table 1. The reaction conditions are 
as follows: the temperature70℃、pressure1.3MPa、LHSV 9h-1、ratio 
of hydrogen to C4 fraction 2:1(in reaction conditions). 

 

 

Table1.  The Mass Composition of Raw Material 

component content /wt％ component content /wt％ 

isobutane 36.1800 isobutylene 15.6638 

butane 10.2508 cis- butylene -2 10.4948 

anti- butylene -2 14.9082 1，3-butadiene 0.1159 
butylene 12.3865 sulphur 246mg/m3

 
2 Results and Discussions 

2.1 The necessity of sulfuration.  Because the catalyst has 
some strong active sites, diolefin tends to deep hydrogenation. So it is 
necessary that the catalyst is pretreated before the usage, and the 
strong active sites are deactivated, to ensure the selectivity and 
stability of the catalyst. It can be seen from Fig 1 that, in the same 
reaction condition, selectivity and activity of the catalysts, which are 
pretreated before the usage, are better. The sulfurating reagent is the 
accepting body of electrons, and its adsorption ability is more than 
olefin, but less than diolefin. So it can restrain olefin hydrogenation 
effectively. When the catalyst is pretreated, strong active sites are 
occupied by sulfides, the chance that butadiene contacts with 
hydrogen decreases; at the same time, the concentration of butadiene 
in the surface of the catalyst is diluted by sulfides, the conversation of 
butadiene declines; the middle production olefin is easy to be 
desorbed from the surface of the catalyst, then it can avoid the olefin 
hydrogenation. So it is necessary that sulfuration of the catalyst 
before the usage. 
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Figure 1.  The compare activity and selectivity sulfuration 

 
 2.2 Effect of S concentration in the sulfur solution on the 
activity of the catalyst.  It can be seen from Fig 2 that the effect of 
S concentration in the sulfur solution on the activity of the catalyst 
are obvious. If the sulfuration time and volume of the sulfur solution 
is the same, the S concentration in the sulfur solution increase, the 
effect of sulfuration may become better. When the catalyst is 
pretreated by the sulfur solution whose S concentration are 
0.07mol/L and 0.035mol/L, the former is better. For the 0.07mol/L, 
because the sulfides absorb in the active sites more, the original 
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activity is lower, but the stability is higher. If S concentration of the 
sulfur solution is too high（0.7mol/L），the active sites absorb too 
much sulfides, so the number of active center is too few, then the 
activity of catalyst may decline very low. Therefore the reasonable S 
concentration in the sulfur solution is 0.007mol/L. 
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Figure 2. Effect of S concentration in the sulfur solution on the 
activity of the catalyst   

 2.3 Effect of sulfuration mode on the activity of the catalyst.  
It can be seen from Fig 3 that, using interior sulfuration 
mode, the original activity is higher, but the stabilization is 
slower, and the final activity is inferior; while the exterior 
sulfuration is opposite. Because that with interior 
sulfuration mode, the time of sulfuration is short, the 
sulfuration is inadequate, the number of active centers is 
more, and the original activity is higher. After a period of 
reaction, because the effect of sulfuration isn’t good, the 
sulfides in the raw material absorb in the active sites, so the 
catalysts lose activity, which lead to the final activity is 
inferior. Though the sulfur solution volume is the same in 
both exterior sulfuration and interior sulfuration, the effect 
of sulfuration by soak is better than that by stream. The 
sulfides which absorb in the active sites from the sulfur 
solution is more, the effect of sulfuration is better, so the 
catalyst keeps stabilization soon, and the final activity is 
higher. So in the same condition, the effect of sulfuration 
by exterior sulfuration is better than that by interior 
sulfuration. 
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Figure 3. Effect of sulfuration mode on the activity of the catalyst 

 Though the effect of sulfuration by exterior sulfuration is better, 
the catalysts contacts with the oxygen in air, when they are put into 
the sulfur solution. Then some strong active sites may be oxygenated, 
and the catalysts lose activity. In order to avoid this question, we can 
prolong the sulfuration time. Therefore interior sulfuration is the 
preferable sulfuration mode. 

 2.4 Effect of sulfuration time on the activity of the catalyst. 
The Fig 4 reflects the effect of different sulfuration time on 
the activity of the catalyst. When the sulfuration time is too 
short (20min), the activity declines fast, because the 
catalyst is pretreated inadequately, the strong active centers 
are not deactivated fully. This lead to the original activity of 
the catalyst is very high, along with the reaction going on, 
the catalyst will absorb the sulfides from the raw material. 
The stronger the active center is, the more sulfides it will 
absorb. Then the number of active centers will decrease 
rapidly, the activity of the catalyst also declines fast. 
Mounting up the sulfuration time, the activity can keep 
stable, because the sulfurating reagent acts perfectly. 
During the reaction, there are competing absorption 
relationships between diolefin and sulfide to the catalyst in 
the raw material. Because the activity of the catalyst is 
tempered, the diolefin absorbs in the catalyst firstly, in the 
absorption process. Therefore the absorption of sulfide is 
very slow, and this can ensure the catalyst has stable 
hydrogenation activity. If the sulfuration time is too long 
(90min), the active centers of the catalyst react with too 
much sulfides, then lose activity. Therefore the best 
sulfuration time is 60min.    
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Figure 4. Effect of sulfuration time on the activity of the catalyst   
 
3 Conclusions   

We pretreated the catalyst, and selected the fittest pretreated 
conditions: S concentration in the sulfur solution（0.007mol/l）、the 
sulfuration mode(interior sulfuration)、and the sulfuration time（
60min）. Therefore the activity and stability of the catalyst can be 
improved. 
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Introduction 

The demand to improve the fuel efficiency of vehicles and the 
need to decrease the CO2 emissions has recently led to the 
introduction of the so-called lean-burn engine technology. However, 
the presence of excess oxygen strongly decreases the efficiency of the 
catalytic reduction of NOx of the Three Way Catalyst. A possible 
solution involves the use of a Lean NOx Trap (LNT) catalyst: a LNT 
catalyst consists of a storage component (e.g. BaO) and a precious 
metal, generally Pt, dispersed on a high-surface area carrier, e.g. 
Al2O3. One typical example of this class of catalysts is the Pt-Ba/γ-
Al2O3 system [1,2]. The LNT catalysis is based on a cyclic process 
during which the storage of NOx is accomplished under lean 
conditions and the subsequent catalyst regeneration is carried out 
during a short period under rich conditions. For this reason they are 
also referred to as NOx Storage/Reduction (NSR) catalysts. 

In spite of the fact that a number of papers have been published 
on the catalytic behavior of Pt-Ba/Al2O3 catalysts, still the 
mechanism of the NOx adsorption and of their subsequent reduction 
has not been completely clarified so far. In our Labs, an extensive 
investigation was started with the aim of elucidating the NOx-storage 
capability of Pt/Al2O3, Ba/Al2O3 and Pt-Ba/Al2O3 catalyst samples, 
and the characteristics of the adsorbed NOx species. In particular, NO 
and NO2 adsorption experiments have been carried out at different 
temperatures in the presence and in the absence of oxygen. FT-IR 
spectroscopy and the transient response method (TRM) have been 
used for this purpose as complementary techniques. The collected 
data are herein presented and addressed, and a novel pathway for 
NOx storage that implies the direct uptake of NO in the presence of 
oxygen in the form of nitrites [3] at Ba sites nearby Pt will be 
presented and discussed. This adsorption route implies a proximity 
between Pt and Ba sites: therefore, in order to better elucidate the role 
of the Pt-Ba interaction on NOx storage and reduction, the adsorption 
of NOx/O2 and their subsequent reduction was then investigated over 
model Pt-Ba/Al2O3 samples with Ba loadings in the range 0-30% 
w/w. The results have also been compared with those obtained on a 
physical Pt/Al2O3-Ba/Al2O3 mixture, and a kinetic literature model 
for NOx storage over Pt-Ba/Al2O3 [4] has been adapted to our 
catalytic system in order to simulate the transient NOx adsorption 
over the different considered catalytic systems [5]. 

Finally, the results of studies aimed at a better understanding of 
the effect of the operating conditions (reaction temperature, presence 
of CO2 and/or H2O in the feed, use of H2 or C3H6 in the regeneration 
step, lengths of lean and rich steps) on the NOx adsorption/reduction 
is herein addressed and discussed.  
 
Experimental 

Catalyst preparation. The γ-alumina support was obtained by 
calcination at 700°C of a commercial alumina material (Versal 250 
from La Roche Chemicals). Pt/Al2O3 (1/100 w/w) and Ba/Al2O3 
(20/100 w/w) catalysts were prepared by incipient wetness 
impregnation of the alumina support with aqueous solutions of 
dinitrodiammine platinum (Strem Chemicals, 5% Pt in ammonium 

hydroxide) or barium acetate (Strem Chemicals, 99%). The powders 
were then dried overnight in air at 80°C and finally calcined at 500°C 
for 5 h. The Pt-Ba/Al2O3 (1/x/100 w/w) samples at different barium 
loading (5-30%) were prepared by impregnation of calcined Pt/Al2O3 
with different solutions of barium acetate.  

Characterization techniques. Absorption/transmission IR 
spectra were performed on a Perkin-Elmer FT-IR 1760-X 
spectrophotometer equipped with a Hg-Cd-Te cryo-detector, working 
in the range of wavenumbers 7200-580 cm-1 at a resolution of 2 cm-1 
(number of scans ∼60). For IR analysis powder samples were 
pelletized in self-supporting discs (10-15 mg cm-2) and placed in a 
quartz IR cell allowing thermal treatments in vacuo or in controlled 
atmosphere. Pellets were activated by heating in vacuo at 773 K 
(1023 K in some cases) subsequently in dry oxygen at the same 
temperature and cooled down in oxygen.  

Catalytic activity tests. The NOx storage-reduction capability 
of the catalyst has been investigated by transient experiments 
performed in a flow micro-reactor system equipped with a mass 
spectrometer for product analysis [3,5,6]. The dynamics of the NOx 
adsorption-reduction has been investigated by alternating rectangular 
step feed of NO or NO2 (1000 ppm) in He + 3% v/v O2 and of 
propylene (1000 ppm) or hydrogen (2000 ppm) in He, separated by a 
He purge in between. Experiments have been performed at different 
temperatures in the range 250-400°C. In each run 120 mg of catalyst 
(75-100 µm) were used and a total flow rate of 200 cm3/min STP was 
maintained in the different phases. The experiments have been 
performed in the absence and in the presence of carbon dioxide (2000 
ppm) and/or water (1%). 

 
Results and discussion  

Nature of the barium species involved in the NOx storage 
process. A conditioning procedure of the catalyst, i.e.  some storage-
reduction cycles, must be performed in order to obtain reproducible 
results [6]. Figure 1 shows the results collected during the three 
initial NOx storage cycles performed at 350°C onto a calcined Pt-
Ba(16)/Al2O3 catalyst sample after in-situ calcination in dry air at 
500°C, in terms of NOx, H2O and CO2 outlet concentration as a 
function of time. In the first NOx storage cycle (section I of Figure 1) 
upon the NO step addition at t = 0 s the NOx outlet concentration 
presents a delay of about 50 s, and then slowly increases with time 
eventually reaching the inlet concentration value. A significant 
evolution of CO2 is also monitored with a time delay about 50 s. The 
data prove that NOx is first adsorbed at BaO and then at BaCO3 (with 
release of CO2), in line with the greater basic character of the former 
site. Indeed IR analysis and XRD spectra indicate that in the fresh 
calcined catalyst sample Ba is present as Ba carbonate. The 
decomposition of part of BaCO3 during the in-situ calcination in dry 
air leads to the formation of BaO. Accordingly BaCO3 (that is 
predominant) and BaO, but not Ba(OH)2, are present on the fresh 
catalyst sample before NOx adsorption, and this explain the sequence 
observed upon NOx adsorption. In the second NOx storage run 
(section II of Figure 1), performed after reduction with diluted H2 at 
the same temperature, it appears that the time delay in the NOx outlet 
concentration is greater (250 s vs 50 s), water evolution becomes 
evident and occurs with a time delay of 150 s, CO2 evolution is 
significantly reduced and is now observed after 250 s. The data prove 
that the storage of NOx occurs first at BaO, then at Ba(OH)2 and 
finally at BaCO3, in line with the basic character of the different Ba 
adsorption sites, and that the storage at BaCO3 is of lower 
importance. 
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Figure 1.  Subsequent NOx storage runs at 350°C on the fresh Pt-
Ba(16)/γ-Al2O3 sample: NOx, H2O, CO2 outlet concentration and NO 
inlet concentration. 

 
In the third adsorption cycle (section III of Figure 1), again 

performed after reduction of the catalyst with H2 at 350 °C, the NOx 
adsorption is further enhanced and the transformation of barium 
carbonate into barium oxide and barium hydroxide is almost 
complete, so that the catalyst appears to be fully conditioned after 
three cycles. Besides water evolution is increased whereas that of 
CO2 is almost negligible because the transformation of BaCO3 into 
BaO and Ba(OH)2 has proceeded further. 

The stability order of the different Ba species involved in the 
NOx storage process reflects their increasing acid character: 

BaO < Ba(OH)2 < BaCO3 
NOx are stored on barium carbonate, barium hydroxide and 

barium oxide depending on the characteristics of the regeneration 
step. The catalytic surface is mainly constituted by barium hydroxide 
and barium oxide when the reduction run is performed using 
hydrogen as reducing agent; and it is mainly constituted by barium 
carbonate and barium oxide when the reduction run is performed 
using propylene. Obviously, the presence of other species in the feed 
gases (e.g. water and CO2) affects the features of the NOx adsorption 
by modifying the nature of the surface Ba species involved in the 
NOx storage. 

NOx adsorption mechanism. In order to achieve a complete 
qualitative and quantitative comprehension of the mechanism that 
govern the NOx adsorption phase, NO and NO2 adsorption 
experiments were carried out over model Al2O3-supported Pt-Ba, Ba 
and Pt samples. Both the FT-IR spectroscopy and the transient 
response method (TRM) were used as complementary techniques. 

Upon NO admission, small amount of NOx species are adsorbed 
on Ba/γ-Al2O3 sample, identified by IR as bidentate nitrites. On the 

other hand, on Pt-Ba/γ-Al2O3 catalyst, a higher NOx adsorption is 
observed, with formation of nitrite and in minor amounts of nitrate 
ads-species.  

Upon NO2 admission, the NOx adsorption process on the Ba/ 
and Pt-Ba/γ-Al2O3 samples is important and a simultaneous release of 
NO is evident, following a disproportionation stoichiometry: O2- + 3 
NO2 → 2 NO3

- + NO ↑. On Pt-Ba/γ-Al2O3 NO2 decomposition to NO 
and O2 is also evident, catalyzed by the Pt presence. IR spectra 
showed that on both samples NO2 is stored with formation of only 
nitrate species, mainly of ionic type.  

At variance, NO + O2 adsorption over both Ba/γ-Al2O3 and Pt-
Ba/γ-Al2O3 showed important NOx adsorption with formation of 
nitrite species at first, which then evolve to ionic and in minor extent 
bidentate nitrates. This evolution is slow and only partial on Ba/γ-
Al2O3, while nitrites are very rapidly and completely oxidized to 
nitrates in the presence of Pt. 

On this basis, the reaction pathway depicted in Scheme 1 is 
suggested for NOx adsorption over supported Pt-Ba catalysts. 
According to the proposed scheme, in the presence of NO/O2 
mixtures (the actual gases in the exhausts), NOx are stored on Ba 
neighbouring to Pt sites in the form of nitrite ad-species (step a). 
Nitrite ad-species are then progressively oxidized to nitrates, which 
are prevailing at saturation (step b). Our data point out that routes (a) 
+ (b) (“nitrite route”) occur on the binary Ba/γ-Al2O3 catalyst as well, 
although in to a negligible extent if compared to Pt-Ba/γ-Al2O3. 
Hence the presence of neighbouring Pt and Ba sites is important for 
this route.  

Pt BaO

NONO22
--

NO + O2 Al2O3

Nitrite speciesNitrite species

Pt + Ba

In parallel with the “nitrite route”, the oxidation of NO to NO2 
on Pt sites by gaseous oxygen can also occur (step c); the NO2 thus 
formed is stored on BaO directly in the form of nitrates (“nitrate 
route” = steps (c) + (d)), i.e. without the intermediacy of nitrites, 
according to a disproportionation reaction (step (d)).  

The “nitrite” and “nitrate” pathways operate simultaneously 
during the NO/O2 storage but the first one, which is responsible for 
the formation of nitrites, dominates over the disproportionation route 
since nitrites are the most abundant species before NOx breakthrough.  

Effect of Ba loading on NOx storage. Characterization 
measurements (XRD, BET surface area, H2 chemisorption) 
performed over Pt-Ba(x)/Al2O3 catalysts indicated that the addition of 
Ba affected negatively both the morphological properties and the 
noble metal dispersion for the systems with Ba loading higher than 
10%. Nevertheless, the increase in the Ba loading resulted in a strong 
increase of the NOx adsorption at breakthrough and in the 
percentages of Ba involved in the storage: a maximum value of 25% 
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Scheme 1 - NOx storage pathway 
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ca. was evaluated for the system with 23 % w/w of Ba content. As a 
matter of facts, this clearly appears in Figure 2, where the outlet NO, 
NO2 and NOx (NO+NO2) concentration curves recorded upon NO 
step addition are displayed as a function of time for the Pt-Ba(x)/γ-
Al2O3 catalysts, along with that of the NO inlet concentration. In all 
cases NO and NO2 are detected at the reactor outlet, NO2 formation 
being ascribed to the occurrence of the oxidation of NO by O2 on Pt 
sites. The dead time observed in the NOx concentration profile 
indicates that during the initial part of the pulse the NO fed to the 
reactor is completely stored on the catalyst surface. 
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Figure 2. NO, NO2 outlet concentration and NO inlet concentration vs time 
upon NO addition on the Pt-Ba(x)/γ-Al2O3 catalysts at 350°C: A) Ba(0); B) 
Ba(5); C) Ba(10); D) Ba(16); E) Ba(23) and F) Ba(30) catalysts. 

According to the “nitrite” route invoked in Scheme 1, a 
cooperative effect between Pt-Ba neighboring couples appears to be 
relevant in favoring the step-wise oxidative adsorption of NO in the 
form of nitrite-like ad-species on the Ba sites. Hence, it can be 
speculated that upon increasing the Ba loading (up to a maximum 
value) the number of Pt-Ba neighboring couples increases, along with 
the NOx stored via the “nitrite” route. Accordingly neighbors Pt-Ba 
species would favor the NOx storage process according to the 
“nitrite” pathway, thus resulting in a better utilization of the Ba 
component. 

Data also indicated that the higher the Ba content the lower was 
the NO2 concentration value at catalyst saturation, this effect being 
marked for the highest Ba loadings. This behavior can be explained 
considering that a decrease in the Pt content of the catalysts was 
associated with the Ba addition to the Pt/Al2O3 binary sample, but 
also that a masking of Pt sites is possibly occurring when the Ba 
coverage approaches and exceeds the monolayer coverage. The fact 
that the NOx storage capacity seems to be independent from the 
oxidative capability of the catalysts apparently contrasts with the NOx 
adsorption mechanism reported in the literature [4], which considers 
the oxidation of NO to NO2 as the first necessary step for the storage 
of NOx species. 

Our data were quantitatively analyzed by using a detailed 
literature kinetic model [4]. The results, discussed in [5], have shown 
that the model satisfactorily accounts for the dynamics of both NO/O2 
and NO2 adsorption over Pt-Ba/Al2O3 and on the mechanical mixture 
Pt/Al2O3 - Ba/Al2O3. However, it was also pointed out that in order to 
account for the NOx breakthrough, the model overestimates the 
oxidation of NO to NO2, i.e. is not able to account independently for 
the NOx adsorption and NO oxidation. Besides, upon adsorption of 
NO/O2 or NO2, the model foresees the formation of an unique 

intermediate species whose nature does not depend on the inlet gas 
composition. This intermediate species is then slowly transformed 
into nitrates. This result contrasts with FTIR data which showed the 
intermediacy of nitrites species in the case of NO/O2 adsorption, and 
the formation of nitrates only when starting from NO2. Work is 
currently in progress in order to gain a better adequacy of the model 
to our data, e.g. by including an additional NO adsorption pathway 
according to the above proposed nitrite route; preliminary results 
obtained in this direction seem very promising. 

Reduction of the stored NOx species. The reduction of the 
stored NOx species has been carried out over all the investigated 
systems (including the physical mixture) by step-wise addition of H2 
in He at 350°C. If one exclude the physical mixture, for all the 
investigated catalysts the stored NOx species are readily reduced to 
N2 and H2O. When the Ba content of the samples was higher than 
16%, at the end of the N2 production ammonia appears at the reactor 
outlet: accordingly these catalysts were characterized by a lower 
selectivity, which was close to 30% for the Pt-Ba(30) sample. Hence, 
the bulk of data collected evidenced that the reduction process is very 
complex and that it can lead to nitrogen and/or ammonia depending 
on the formulation and properties of the catalysts. Notably, in the 
case of the physical mixture, no reduction of the stored NOx was 
achieved: this clearly indicates that the simultaneous presence of Pt 
and Ba on the same support is required for catalyst regeneration. 

A comprehensive and detailed picture explaining the mechanism 
of the reduction process and in particular of its selectivity is currently 
under investigation in our laboratories 

Effect of the operating conditions on the storage of NOx. 
Reaction temperature - The storage of NOx in the presence of 3% 
oxygen over the fully conditioned Pt-Ba(16)/γ-Al2O3 sample has been 
investigated in a wide temperature range, extending from 200°C to 
400°C. In all cases H2 was used in the regeneration step, hence BaO 
and Ba(OH)2 are the Ba sites involved in the NOx storage, as 
discussed above. 

On increasing the temperature up to 400°C a maximum in the 
NOx breakthrough was observed at 350 °C. In all cases, after 
breakthrough the NOx outlet concentration increased and approached 
asymptotically the NO inlet concentration value. During NOx storage 
a small amount of water was released indicating that the adsorption 
of NOx species occurs on BaO and on Ba(OH)2 sites, leading to 
formation of nitrites and nitrates species according to reaction 
pathway in Scheme 1. 

Calculations showed that considerable amounts of NOx are 
stored onto the Pt-Ba/γ-Al2O3 catalyst during the storage, up to 0.58 
mmoles/g catalyst at 300°C. The corresponding % Ba involved up to 
catalyst saturation was roughly 24%; the % Ba that was involved up 
to the NOx breakthrough was significantly lower at any temperature, 
and increased with temperature up to about 14% at 300°C, at which 
temperature it levels off. Based on the amounts of water which was 
released, it can be estimated that the relative amounts of Ba(OH)2 
involved in the NOx storage process was large (≅ 50-60%) at low 
temperature but diminished significantly with temperature (down to 
10-15%), as expected.  

CO2 presence - The influence of 0.3% CO2 on the NOx storage 
was investigated in the range 150-400°C. Due to the presence of CO2, 
BaCO3 was the most abundant barium-species present at the catalyst 
surface. At any temperature the NOx breakthrough was remarkably 
reduced in the presence of 0.3% CO2, as observed in Figure 3 where 
the comparison was made for a temperature of 300 °C. Notably, i) no 
water was released upon NOx storage but only CO2; ii) no delay was 
observed in the evolution of CO2, suggesting that the catalyst surface 
was fully carbonated. The shorter time delay in the NOx breakthrough 
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and the slower rise of the NOx concentration can be ascribed to lower 
reactivity of BaCO3 towards NO with respect to BaO and Ba(OH)2. 

Accordingly, the net amount of NOx that was stored was 
significantly lower than in the absence of CO2 and was twice the net 
amount of CO2 that was released from the catalyst. Notably, the 
effect of CO2 was much more relevant on the amounts of NOx which 
are stored up to NOx breakthrough rather than up to saturation. 

H2O presence - The presence of water in the feed gas during the 
NOx storage was studied in the range 150-400°C over the Pt-
Ba(16)/γ-Al2O3 catalyst. Data indicated that the storage of NOx was 
always accompanied by a simultaneous release of water (without 
dead time), suggesting that the adsorption of NOx occurs primarily on 
Ba(OH)2 sites. Besides a striking effect of water was the increase at 
low temperature and a decrease at high temperature of the time delay 
of NOx outlet concentration. It seems that water has a promoting 
action at low temperature and a negative effect at high temperature 
on the reactions involved in the NOx storage process.  

Nature of the reducing agent – As previously shown, the NOx 
storage was affected by the nature of the Ba sites (BaO, Ba(OH)2 or 
BaCO3) involved in the process. N2 and H2O are formed upon 
regeneration of the adsorbed NOx species with hydrogen whereas N2, 
CO2 and H2O are released when propylene is used as reducing agent: 
accordingly it was expected that different Ba species are formed on 
the catalyst surface during regeneration (i.e. BaO / Ba(OH)2 in the 
case of H2,  BaO / Ba(OH)2 / BaCO3in the case of propylene) thus 
affecting the subsequent NOx storage process. 

The results obtained at 300 and 350 °C over the Pt-Ba(16)/γ-
Al2O3 sample when propylene or hydrogen are used as reducing 
agents show that at both temperatures the NOx breakthrough was 
lowered when the regeneration was carried out with propylene. This 
is likely related to the fact that less active BaCO3 species are left on 
the catalyst after regeneration with propylene. On the other hand, if 
NOx adsorption is carried out in the presence of CO2, similar results 
are obtained after propylene and hydrogen regeneration, because in 
both cases the NOx storage occurs on BaCO3 sites.  

Lean-rich cycles. In order to further investigate the catalytic 
performances of Pt-Ba/Al2O3 catalyst in more representative 
conditions, lean-rich experiments have been performed in which the 
lengths of both the lean and the rich phases have been changed, and 
the effects of these variations on the efficiency and selectivity in the 
removal of NOx have been analyzed. Lean-rich cycles have been 
carried out using stoichiometric and over-stoichiometric conditions: 
stoichiometric conditions are those in which the theoretical amount of 

reducing agent is used to remove adsorbed NOx according to the 
stoichiometry: Ba(NO3)2 + 5H2 → BaO + N2 + 5H2O.  
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In the case of stoichiometric conditions, NOx adsorption was 
carried out up to breakthrough (200 sec), estimated from a fully 
regenerated catalyst.  Upon cycling the catalyst, the NO breakthrough 
progressively decreases from 200 s to 185 s. At this point the NOx 
breakthrough was always observed at 185 s. Since the adsorption 
phase has been maintained for 200 s, NOx are observed at the reactor 
outlet during the lean phase; in addition, NO was detected during the 
reduction phase. No H2 slip was observed during the rich phase. 

When the lean-rich NOx cycles were performed with an over-
stoichiometric rich phase (i.e. when the reduction time is increased by 
10% with respect to the stoichiometric one) the NO breakthrough 
time was found to be always constant (ca.200 sec). In this case, NO 
production (300ppm) was observed only during the reduction phase, 
pointing out that or the reduction of adsorbed species is not totally 
selective to N2 and/or that a thermal decomposition of  surface 
nitrates takes place, due the to exothermic reduction reactions. 
Furthermore, in these conditions H2 slip is observed. 

Figure 3.  Storage of NOx at 300°C over Pt-Ba(16)/γ-Al2O3 in the 
absence (dashed line) and in the presence (solid line) of CO2: NOx 
and CO2 reactor outlet concentration 

Lean-rich NOx cycles have also been performed progressively 
reducing the adsorption time (NOx breakthrough, ¾ of NOx 
breakthrough, ½ of NOx breakthrough) and keeping an over-
stoichiometric rich phase. In all cases, NO is never observed during 
the storage phase, being performed before breakthrough; furthermore, 
on decreasing the storage time, the amount of NO produced during 
the reduction phase decreases as well. In particular, when the storage 
phase length corresponds to half of the NOx breakthrough, no NOx 
are evolved during both the lean and the rich phase. Accordingly, the 
NOx abatement efficiency (i.e. NOx reduced / NOx fed to the reactor) 
increases by decreasing the storage period, approaching the 100% 
when the storage phase is ½ of NOx breakthrough.  

The bulk of the collected data indicated that the catalytic 
performances of the catalysts strongly depends on the length of both 
lean and rich periods. In particular, by maintaining the NOx 
adsorption phase at or slightly below breakthrough, NO production is 
observed only during the regeneration period. This can be ascribed to 
a thermal desorption of the adsorbed species and/or to a not selective 
reduction process. On the other hand, when the storage is limited, 
complete NOx abatement efficiency is achieved. It can be speculated 
that when the lean phase is short, below NOx breakthrough, NOx are 
adsorbed at Ba sites neighbor to Pt and are more selectively reduced. 
Work is presently ongoing to check the mechanism of the reduction 
process, particularly addressing selectivity. 
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Introduction 
 Emissions abatement strategies for lean burn engines are 
challenging, because of the need to reduce NOx in the excess of 
oxygen that exists in lean burn exhaust1.  Various types of deNOx 
catalysts are under consideration2-6.  Critically important is the 
acidity of the support.  Acidity favors the formation of N2 over 
N2O, another green house gas, yet carbon deposition deactivates 
the catalyst if there are too many acid sites7. 
 Gallium-exchanged zeolites have been reported to be 
very active in the selective catalytic reduction (SCR) with high 
selectivity for the formation of N2

8.  They are diamagnetic which 
makes these systems suitable for study by NMR techniques.  We 
attempt to understand the role of the gallium (III) ions in Ga-
exchanged ferrierites in the SCR reduction of NOx with ammonia 
under flow conditions using 15N NMR spectroscopy.  In addition, 
we exploit the sensitivity of the 15N NMR chemical shift of 
ammonia to probe the acidity of the ferrierites. 
 
Experimental 
 Zeolite ferrierite was obtained from Tosoh (TOS) and 
Zeolyst (ZEO).  The gallium-exchanged samples were prepared by 
ion-exchange from the ammonium form of the parent zeolites.  An 
aqueous solution of gallium (III) nitrate was mixed with 
ammonium-ferrierite.  The solution was stirred at room temperature 
for two days. After 24 hours, the solids were isolated from the 
solution by centrifugation, and fresh gallium solution was added 
for an additional period of 24 hours.  The solids were again isolated 
and washed repeatedly by centrifugation, dried and calcined at 
400-500ºC.  Elemental analysis and sample identifications for the 
ferrierite catalysts are summarized in Table 1. 
 
            Table 1.  Elemental Analysis of Ferrierite Sample. 

 
Sample ID ZEO ZEO-Ga TOS TOS-Ga 

Sample 
Description 

Zeolyst Zeolyst/Ga Tosoh Tosoh/Ga 

Ga (wt%)  0.47  0.76 
K (wt%) 0.0141 <0.09 4.165 4.81 
Na (wt%) 0.0282 0.027 0.6012 0.21 
Si/Al ratio 10  7.3  
Al/Fe ratio 231  112  

 
 The NMR data were acquired on an Apollo 
(Tecmag)/MSL-400 (Bruker) NMR spectrometer operating at a 
Larmor frequency of 40.545 MHz for 15N.  The samples in NMR 
tubes were heated for 12 hours at 400ºC under vacuum and then 
exposed to 0.1 MPa 15N labeled NH3.  NMR data were acquired 
directly after the gas was loaded.  Then, the samples were heated to 
300ºC over a period of 30 min, kept at this temperature for 30 min, 
quenched, and analyzed by NMR at ambient temperature.  
Consecutive heating cycles were repeated up to a total heating time 
of 2 hours. 
 For the in situ experiments, the catalyst was loaded into a 
U-shaped NMR tube and heated under a flow of helium for 12 

hours at 300ºC.  The reaction mixture consisted of 20% NH3 and 
20% NO, each in a balance of He.  The two gas mixtures were 
stored separately in stainless steel bottles so that the flow rate of 
each component could be controlled individually.  After passing 
through the calibrated flow meters, the two components were 
mixed and then admitted to the sample.  The reaction was 
monitored using 15N NMR spectroscopy. 
 It should be noted that NO is NMR inactive due to its 
paramagnetism. 
 
Results and Discussion 
 NH3 Adsorption Experiments. We used 15N NMR 
spectroscopy to monitor ammonia adsorption on the ferrierites.  
The chemical shift is indicative of the zeolite acidity.  With 
increasing acidity (both Lewis and Brønsted), the ammonia is more 
strongly bound, which leads to an increase in the 15N NMR 
chemical shift. 
 When compared to the free gas, we observed an increase 
in line width and a loss in resolution of the 15N-1H J couplings due 
to a decrease in mobility brought about by adsorption.  At ambient 
temperature, the chemical shifts may be affected by water which is 
formed in the reaction (Figure 1).  After heating, the 15N NMR 
chemical shifts for ammonia adsorbed on ZEO and ZEO-Ga, are 
the same within experimental error, while there is a significant 
difference in shifts between TOS and TOS-Ga. 
 The 15N NMR chemical shifts can be discussed in light of 
Brønsted and Lewis acidity.  The Tosoh ferrierite has fewer 
Brønsted acid sites in agreement with the presence of more K+ and 
Na+ having exchanged for H+.  The elemental analysis suggests that 
some of Na+ was exchanged with NH4

+ and subsequently Ga3+.  It 
is anticipated and has been shown that Ga exchange in the zeolite 
decreases the Brønsted and increases the Lewis acidity9.  Extra-
framework hydrated gallium, however, increases the Brønsted 
acidity due to formation of Ga-OH groups10. 
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Figure 1.  The dependence of the 15N NMR chemical shift of 
ammonia with respect to heating time at 300ºC for ZEO (●), ZEO-
Ga (○), TOS (■), TOS-Ga (□).  The pressure of ammonia is 0.1 
MPa.  The number of scans is 8000 and the recycle delay is 250 ms 
using a 90º pulse duration of 28.5 µs.  The error bars are smaller 
than the size of the symbols used. 
 
 The ammonia resonances of the ZEO samples are shifted 
downfield with respect to the TOS samples, indicating a higher 
number of acid sites of the ZEO ferrierites.  The presence of 
gallium does not affect the chemical shifts in ZEO as, on average, 
ammonia preferentially samples the stronger Brønsted binding 
sites.  In TOS, gallium increases the number of Lewis sites.  
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Therefore, the chemical shifts of 15N NMR ammonia resonances 
are shifted farther downfield, indicative of more strongly bound 
ammonia. 

In Situ Flow Experiments. In light of the catalytic 
experiments under flow conditions, we investigated the interplay 
between spin-lattice relaxation time T1 and flow rate.  Briefly, if 
the dwell time of the gas in the NMR pick-up coil region is longer 
than T1, the time constant measured in an inversion recovery 
experiment should be close to the T1 measured under static 
conditions.  If the flow rate is sufficiently high to reduce the dwell 
time below the static T1, the time constant will be smaller than the 
true T1.  Thus, a measure of the relaxation time under flow 
conditions is an indirect measure of the contact time of the gas with 
the catalyst.  In order to optimize our experimental conditions for 
maximum signal intensity, we measured the apparent T1 at 
different flow rates.  These data are summarized in Table 2.  
 
Table 2.  Time Constants of Ammonia at Different Flow Rates. 

 
Flow rate [ml/min] Time constant T1 [ms] 

10              (NH3 mixture alone) 29.4±3.1 
10          (NH3 mixture on ZEO) 29.8±1.3 
50          (NH3 mixture on ZEO) 24.6±0.4 
Static     (NH3 mixture on ZEO) 53.3±0.5 

 
 As a baseline, we also measured the apparent T1 for 20% 
NH3 in He balance in the absence of a catalyst (Figure 2).  At a 
flow rate of 10 ml/min, this time constant is significantly shorter 
(by two orders of magnitude) then the static T1 for pure ammonia 
gas at 1 atm (1.4 s).  At a cell volume of 0.5 cm3, we can estimate 
from the flow rate a dwell time of 50 ms.  This result is in 
acceptable agreement with the time constant measured of 30 ms. 

 

-4 105

-2 105

0

2 105

4 105

6 105

0 50 100 150 200 250

In
te

ns
ity

 o
f a

m
m

on
ia

 p
ea

k 
[a

u]

delay [ms]  
 

 
Figure 2.  Inversion recovery of NH3 alone in the U-shaped sample 
tube at 10 ml/min.  The gas mixture contains 20% of NH3 in He 
balance. 
 
 For the NH3/He mixture in the presence of the catalyst, 
we measured a static T1 of 50 ms.  At a flow rate of 10 ml/min, this 
time constant is reduced to 30 ms, the same value that was 
observed without a catalyst (Figure 3).  This strongly indicates that 
the ammonia is rapidly exchanging with the gas phase and easily 
swept out of the coil region.  At an increased flow rate of 50 
ml/min, the time constant is further reduced.  For an empty sample 
tube, the dwell time should be reduced to 10 ms.  The observed 

change is much less dramatic, indicating binding to the surface 
sites. 
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Figure 3.  Inversion recovery of NH3 on ZEO in U-shaped sample 
tube under static conditions (□), with flow of 10 ml/min (●), and 
with flow of 50 ml/min (x).  The gas mixture contains 20% of NH3 
in He balance. 
 
 Previous data11 showed that under batch-mode 
conditions, ZEO had the greatest catalytic activity due to its high 
acidity.  We studied the reaction of ammonia with nitric oxide on 
ZEO under flow conditions at room temperature.  First, we purged 
the catalyst with the NH3/He mixture in the U-shaped sample tube 
located inside the NMR instrument for 1 hour.  Then, the flow of 
NH3 was stopped and the NO/He mixture was allowed to flow at a 
rate of 10 ml/min.  The 15N NMR signal intensity of ammonia was 
monitored every 5 minutes.  The results are summarized in Figure 
4. 
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Figure 4.  Intensity of 15N NH3 peak with respect to time of flow 
of NO. The gas mixture contains 20% of NO in He balance. The 
space velocity is 10 ml/min. 
 
 During the first 15 min, the signal intensity was, within 
experimental error, constant, indicative of an induction period to 
allow for NO adsorption on the sample.  After 15 min, the signal 
intensity decreased as the reaction proceeded.  The reaction 
product, nitrogen gas, however, was not detected.  This is most 
likely due to the fact that the small and weakly interacting N2 
molecule (diameter of 3 Å) is swept out of the region of the NMR 
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pick-up coil by the gas flow.  A continuous decrease in ammonia 
signal intensity was observed for 60 min.  At this point, the flow of 
NO was stopped, and the gas mixture left in the now closed system.  
A spectrum acquired after 4 h showed two resonances, one for 
ammonia and one for nitrogen.  This observation confirms the 
hypothesis that the N2 is swiftly transported out of the coil region.  
When re-starting the flow of NO/He, the nitrogen signal 
disappeared once again and the ammonia signal intensity further 
decreased after an induction period of about 15 min. 

 
Conclusions 
 15N NMR of ammonia adsorbed on the zeolites provides 
a measure for the Brønsted acid strength and reveals that the ZEO 
samples have stronger binding sites than TOS.  The increase in the 
number of Lewis sites in the gallium-exchanged TOS sample is 
reflected in the downfield shift of the 15N resonance.  For ZEO, 
where a large number of Brønsted sites is available, this effect is 
not measurable. 
 It is concluded, that the ferrierite itself is sufficient for 
catalytic reduction of NOx with ammonia at room temperature.  No 
metal exchange nor increased temperature are needed.  This is in 
agreement with our previous results.  Experiments with higher 
temperatures (up to 300ºC) are currently in progress. 
 Preliminary flow studies show that nitrogen binds only 
weakly to the surface of the zeolite and is rapidly swept out of the 
catalyst region by the flowing gas.  Ammonia is more strongly 
bound to the surface than NO.  Nevertheless, exchange of adsorbed 
phase ammonia with the gas phase is occurring. 
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Introduction 

The control of NOx (NO and NO2) emissions from combustion 
processes, including vehicle engines, remains a challenge particularly 
for systems operating at high air-to-fuel ratios (so-called ‘lean’ 
combustion).  The current “3-way”, precious metal-based catalytic 
converters are unable to selectively reduce NOx with reductants (e.g., 
CO and residual unburned hydrocarbon) in the presence of excess O2.  
In the last few years, worldwide environmental regulations regarding 
NOx emissions from diesel engines (inherently operated ‘lean’) have 
become significantly more stringent resulting in considerable 
research efforts to reduce NOx under the highly oxidizing engine 
operation conditions.  Urea selective catalytic reduction (SCR) and 
non-thermal plasma assisted NOx reduction have been explored as 
possible technologies.  In recent years, alkaline and alkaline earth 
oxide-based NOx storage/reduction catalysts (especially BaO/Al2O3) 
have been developed, and have shown promising activities for lean-
NOx reduction [1,2]. 

The NOx storage/reduction catalysts have dual catalytic 
functions.  One is the oxidation of NO to NO2 and its subsequent 
uptake as nitrate under lean condition, and the other is reduction of 
the released NOx under rich condition. Both of these processes are 
facilitated by a noble metal, in particular Pt.  The actual NOx storage 
material is BaO in most practical applications.  Although it is 
understood that NO2, formed on Pt, is stored on the BaO phase as 
Ba(NO3)2 and the interaction between Pt and BaO is important, the 
effect of this interaction on the reactivity is not clear [2].  In this 
presentation, we will elucidate the role of Pt and BaO components, 
and the interaction between these two constituents during the NOx 
storage/reduction process by studying Pt-BaO/Al2O3 catalysts with 
varying BaO loadings, and different Pt particle sizes. 
 
Experimental 

Materials.  A series of catalysts with different barium oxide 
loadings were prepared by conventional impregnation methods.  
First, Ba(NO3)2 was loaded by repeated incipient wetness and drying 
on a high surface area gamma-alumina (Condea, 200m2/g), followed 
by the impregnation of Pt(NH3)4(NO3)2 with the same incipient 
method and drying.  The dried samples were calcined at 500oC for 2 
hrs in flowing air, which resulted in 2wt% Pt with 2, 8, and 20wt% 
BaO supported on Al2O3. 

Reactivity Studies.  The reaction studies were carried out in a 
plug-flow quartz reactor with simulated diesel exhaust.  The NOx 
levels in the inlet (~200ppm) and outlet gases were measured with a 
chemiluminescence NOx analyzer.  The NOx conversion was defined 
as the ratio of the amount of NOx stored to the amount of inlet NOx 
during lean cycle over different time intervals (typically 4 min and 30 
min), prior to the rich cycle for 1 min. 

Characterization Methods.  The samples were characterized 
by XRD and BET.  Catalyst samples were also pressed onto a fine 
tungsten mesh, and placed into the in-situ cell used for FTIR and 

temperature-programmed desorption (TPD) studies.  The cell was 
connected to a gas handling/pumping station, and through both a leak 
and a gate valve to a mass spectrometer.  This set up allowed us to 
conduct TPD experiments (open gate valve), and to analyze the gas 
composition in the IR cell (through the leak valve). 
 
Results and Discussion 

Figure 1 shows the TEM image for different BaO samples with 
variable loading.  In spite of the significant difference in BaO 
loading, all of the samples show highly dispersed Pt clusters of less 
than 2 nm. 

 
Figure 1.  TEM image of 2%Pt/2%BaO/Al2O3 (a), 
2%Pt/8%BaO/Al2O3 (b), and 2%Pt/20%BaO/Al2O3 (c). 
 

Figure 2 shows NOx conversion at various temperatures, and 
NOx uptake profiles at 250oC for these three samples. NOx conversion 
increased with BaO loading over the whole temperature range, as did 
the time for NOx breakthrough.  However, NOx conversion for 30 min 
was not linearly proportional to the amount of barium oxide; in other 
words, the BaO portion participating in NOx storage decreased with 
barium loading.  For the case of 2%Pt/20%BaO/Al2O3 catalyst, only 
12% of the BaO was converted to barium nitrate.  This percentage of 
the participating BaO, for Pt-BaO/Al2O3 catalysts with 2 wt% and 
8wt% BaO loading, was calculated to be 68% and 40%, respectively. 
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Figure 2.  NOx conversion for 30 min and NOx uptake profiles (at 
250 oC) over Pt-BaO/Al2O3. 
 

Low BaO efficiency cannot be explained by the insufficient 
production of NO2 arising from the deactivation of Pt because all 
three samples contain nearly the same size and loading of Pt.  
However, the fact that NOx breakthrough increases with BaO loading 
may imply that the step of transferring NO2 to the neighboring 
barium sites determines the NOx uptake.  For example, it has been 
proposed that an intimate interaction between Pt and BaO is required 
for facile transfer of NO2 to BaO, this step perhaps being a key one 
for obtaining higher NOx storage. 

The availability of Pt sites was checked with CO adsorption at 
300K. On 2%Pt-8wt%BaO/Al2O3, three intense bands were observed.  
The absorption feature at 2085 cm-1 is associated with linearly 
adsorbed CO on Pt0.  The other two bands indicate the formation of 
carbonates upon CO exposure, mainly of bidentate type (bands at 
1650-1550, 1350-1250 cm-1).  There is another low intensity peak at 
2220 cm-1 which can be associated with CO chemisorbed on Al3+ 
Lewis acid sites [3,4].  This feature indicates that part of the Al2O3 

a b c
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surface is available for CO adsorption.  On 2%Pt-20wt%-BaO/Al2O3, 
linear CO was also observed on Pt at 2079 cm-1.  The intensity of this 
CO band is similar on the two catalysts, indicating that the 
accessibility of Pt particles is not hindered at the higher BaO loading 
of 20wt%.  On the other hand, carbonate formation was enhanced on 
the 2%Pt-20wt%-BaO/Al2O3 catalyst which might originate from the 
higher Ba-content.  After CO adsorption, TPD experiments were 
conducted.  As the IR spectra of Figure 3 indicate, CO is very stable 
on these catalysts and higher Ba content seem to lowers the strength 
of Pt-CO binding, although the surface accessibility of Pt remains the 
same.  NO2 exposure of the COads-Pt-BaAl samples results in the 
disappearance of the CO absorption features at much lower 
temperatures (~400K), due, at least in part, to the Pt-catalyzed 
reaction between CO and NOx. 
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Figure 3.  IR spectra after CO adsorption on 2%Pt-8wt%-BaO/Al2O3 
and 2%Pt-20wt%-BaO/Al2O3 catalysts at 300K (A).  A series of IR 
spectra collected during TPD after CO adsorption on 2%Pt-8wt%-
BaO/Al2O3 (B).  The insert on (B) shows the integrated intensities of 
the CO band as a function of catalyst temperature for both materials. 
 

NO2 adsorption onto a CO pre-covered surface was carried out 
at different NO2 exposures (1, 5, and 10 Torr).  Two different types of 
nitrates were found: surface (bidentate) and bulk (ionic) nitrates.  
Using spectral deconvolution, changes in the individual absorption 
features as a function of NO2 exposure were obtained for both 
catalysts.  Increasing the amount of adsorbed NO2 the ratio between 
these two surface NOx species changed.  Monitoring the gas phase 
composition during the adsorption, NO, N2O and N2 were detected.  
FTIR spectra collected during TPD showed that surface nitrates were 
transformed to bulk nitrates as the temperature was increased.  The 
distribution of gas phase products was dependent upon the amount of 
adsorbed NO2. 
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Abstract 

Presented here is an approach for active lean NOx catalysis and 
so-called ‘assisted’ lean catalytic processes, where the reductant is 
treated in some fashion prior to reaction over the NOx catalyst.  It 
consists of a modified lean NOx catalytic approach where diesel or 
natural gas is treated in a fuel reformer to provide highly active 
oxygenated species for NOx reduction, and this reformed mixture is 
injected into the exhaust upstream of the lean NOx catalyst to 
promote reduction.  The process employs a millisecond contact time 
reformer1 to convert either diesel or natural gas to largely syngas 
components in addition to minimal amounts of carbon dioxide.  The 
syngas is then pressurized to 200-300 psi and passed over a Cu/Zn 
catalyst at 240-280oC to form a mixture of dimethyl ether (DME), 
methanol (MeOH), hydrogen, carbon monoxide, carbon dioxide, and 
nitrogen.  This mixture is then fed into the exhaust upstream of a lean 
NOx catalyst. 

Efforts to date have focused on optimization of the three stages 
of the system:  syngas production, reductant synthesis, and lean NOx 
catalysis.  Results have shown that DME and MeOH are highly 
selective for NOx reduction in simulated exhaust streams.  Current 
efforts are examining the impact of residual syngas on lean NOx 
activity with DME-MeOH reductants.  In addition, syngas production 
and reductant synthesis are being optimized and integrated.  Progress 
on these activities will be presented in addition to developments in 
lean NOx catalysts for this system. 

 
Introduction 

The diesel engine is attractive due to its ability to deliver power 
efficiently at high load conditions, and its extended operational 
lifetime.  These attributes lead to a dominant engine in commercial 
trucking and heavy equipment.  However, the diesel engine is 
burdened with significant particulate and nitrogen oxides (NOx) 
emissions.  Engine burn strategies and passive particulate filters are 
expected to drop particulate emissions levels to below regulatory 
limits.  However, meeting future regulatory requirements for NOx 
emissions have proven to remain a significant concern.  NOx 
adsorber traps have shown promise and are simplistic in their design, 
however they are vulnerable to sulfur poisoning and the cost of the 
precious metal loading is of significant concern.  Selective catalytic 
reduction (SCR) which utilizes urea has been successfully 
demonstrated in on-board configurations, however it is burdened with 
relying on the infrastructure needed for urea distribution and 
concerns with ammonia slip still remain.  Alternative approaches 
include lean NOx catalysis & plasma-facilitated lean NOx catalysis, 
however lean NOx catalysis has not shown relatively high activity 
levels, and plasma-facilitated lean NOx catalysis suffers from high 
fuel-penalty losses. 

One approach being examined is active lean NOx catalysis and 
‘assisted’ lean NOx catalytic processes.  In this presentation, we will 
present a modified lean NOx catalytic approach where diesel or 
natural gas is treated in a fuel reformer to provide highly active 
oxygenated species for participation in the ‘assisted’ catalytic lean 
NOx reduction process. 

In the ‘assisted’ lean NOx catalytic process, NOx species 
undergo selective catalytic reduction (SCR) to N2 on the surface of an 
appropriate catalyst.  The SCR process employs a reducing agent 
(typically hydrocarbon-based) to facilitate the reduction of NOx 
species.  The effect of the active reducing agent on the NOx SCR 
process has been reported by this group1.  Results have shown that 
the appropriate reducing agent & catalyst combination can enhance 
the NOx SCR process and broaden the effective temperature range 
for the SCR process.  Current investigations of dimethyl ether (DME) 
as the active reducing agent have shown high selectivity for NOx 
reduction in simulated exhaust.  Investigations have also shown high 
activity employing methanol (MeOH) as the active reducing agent. 

The approach presented here will demonstrate progress on the 
synthesis of a DME/MeOH mixture from fuel that will be employed 
as the active reducing agent in the NOx SCR process.  A fuel 
reformer will be employed to facilitate the reformation of fuel to a 
DME/MeOH mixture in a two-step process: (1) the reforming of fuel 
to syngas, and (2) the synthesis of DME/MeOH from the syngas.  
The DME/MeOH mixture is then injected into the exhaust upstream 
of the lean NOx catalyst to promote the reduction of NOx to N2. 
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FIGURE 1. Overall schematic of the 3-stage NOx reduction process: 
includes (1) the conversion of fuel to syngas, (2) the synthesis of 
DME/MeOH from the syngas stream, and (3) the catalytic reduction 
of NOx in diesel exhaust assisted by the injection of the DME/MeOH 
mixture into the exhaust. 
 
Experimental 

Reforming of logistical fuels to hydrogen is a topic of great 
interest in automotive and fuel-cell related fields due to the large 
relative energy density of the logistical fuels and the elaborate 
distribution networks currently in place.  Steam reforming, partial 
oxidation, and autothermal conversion are approaches considered for 
the conversion of fuel to syngas.  Steam reforming (SR) has been 
shown to effectively produce high ratios of H2:CO [CnHm + nH2O  
nCO + (m/2 +n)H2].  SR is an equilibrium-based process, and the 
water-gas shift (WGS) reaction [H2O +CO  H2 + CO2] can be 
employed in the presence of excess steam to produce additional H2 at 
lower temperatures.  However SR is energy intensive as the reaction 
is largely endothermic, and SR catalysts will sulfur poison.  
Additionally, SR has the tendency to form soot when processing 
large alkanes.  However the most significant drawback for the 
application at hand is the requirement to have significant amounts of 
water available for the SR process. 

Partial oxidation (POx) is an exothermic process and requires no 
additional energy for operation [CnHm + (n/2)O2  nCO2 + (m/2 + 
n)H2].  However it does suffer from dilution effects as a result of 
using air as the oxygen source, and produces a lower H2:CO ratio in 

Prepr. Pap.-Am. Chem. Soc., Div. Fuel Chem. 2005, 50(1),  397

mailto:christopher.aardahl@pnl.gov


respect to SR.  Due to the significant amounts of water required for 
SR, POx has been chosen as the current path forward for the 
production of syngas from fuel.  The process shown here employs a 
millisecond contact time reformer2 to convert either diesel or natural 
gas to largely syngas components in addition to minimal amounts of 
carbon dioxide. 

The POx reformer facilitates the vaporization of fuel in air and 
then passes this air-fuel mixture over a Rh-based γ-alumina catalyst 
which facilitates the fuel POx process.  Fuel vaporization is assisted 
by a fuel injector that forms a spray to create a film of fuel on the 
inside of the reactor wall.  Vaporization of fuel then takes place from 
this film in a boundary layer void of oxygen, thus avoiding 
autothermal ignition.  The Rh catalyst consists of a γ-alumina layer 
deposited onto an 80-ppi reticulated ceramic support (Hi-Tech 
Ceramics), with Rh deposited onto the γ-alumina layer via Rh-nitrate 
solution.  Blank reticulated ceramic supports are placed directly 
upstream and downstream of the catalyst for heat shielding, and a 
blank support is placed upstream from this assembly to promote 
mixing and facilitate plug flow.  Characterization of the POx product 
stream is performed with a gas chromatograph (GC) equipped with a 
thermal conductivity detector (TCD) and a mass selective detector 
(MSD). 

The catalytic chemical synthesis of DME/MeOH from syngas is 
an exothermic process that is equilibrium favored at relatively low 
temperatures (240-280oC) and relatively high pressures (200-
600psig).  Synthesis gas conversion to DME/MeOH is equilibrium 
hindered by nitrogen dilution (from the POx reaction) via a decrease 
in the partial pressure of H2 and CO.  The equilibrium calculations of 
DME & MeOH formation at various temperatures & pressures will 
be presented.  The effect of nitrogen dilution on the equilibrium 
conversion numbers will also be presented. 
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FIGURE 2. Equilibrium DME (& MeOH) production versus 
temperature from 2:1 H2/CO syngas at three (3) pressures: (□) 50 
atm, (∆) 40 atm, and (◊) 30 atm. 

 
The syngas stream produced from the fuel POx reformer is 

pressurized to 200-300 psi and passed over a Cu/Zn catalyst at 240-
280°C to form a mixture of DME, MeOH, hydrogen, carbon 
monoxide, carbon dioxide, and nitrogen3.  The current testing 
apparatus utilizes simulated syngas which is delivered via Brooks 
mass flow controllers.  The simulated syngas is pre-heated before 
entering an oil-heated catalytic reactor at the desired reaction 
pressure.  The product gas mixture from the reactor is then chilled to 
remove condensable constituents prior to analysis via an Agilent four 
(4) column micro-GC which utilizes TCD detectors. 

The performance of the NOx SCR process is characterized by 
flowing simulated exhaust with active reducing agents over powder 
catalysts packed inside a 1-inch quartz tube inside of a Thermodyne 
tubular furnace.  Steady-state NOx reduction efficiencies are 
determined by measuring the presence of NOx species before and 
after the catalyst.  NOx measurements are made via a California 
Analytical 600-HCLD chemiluminescent NOx detector  
 
Results and Discussion 

Efforts to date have focused on optimization of the three stages 
of the system: syn-gas production, reductant synthesis, and lean NOx 
catalysis.  The main variables investigated in the syngas production 
are catalyst formulation, support characteristics, carbon to oxygen 
ratios and contact times.  The main variables of reductant synthesis 
have been pressure, temperature, contact time and partial pressure 
reduction.  The variables for lean NOx catalysis have been 
temperature, catalyst formulation, reductant to NOx ratio and specific 
reductant effect.  

Results have shown that DME and MeOH are highly selective 
for NOx reduction in simulated exhaust streams.  Steady-state results 
will be shown demonstrating the effectiveness of DME as the 
reductant on undoped γ-alumina catalyst.  Steady-state results will 
also be shown investigating the effect of Ag-doping the NOx 
reduction catalysts.  Figure 3 shows the steady-state NOx reduction 
efficiency on one undoped and four (4) Ag-doped γ-alumina 
catalysts.  At 400°C using DME at C1:NOx ratio of 4 and 44000 
GHSV, undoped γ-alumina catalyst demonstrates NOx conversion 
above 70% from 400°C to 460°C and above 60% from 380°C to 
almost 500°C.  DME combustion activity appears to be too high on 
Ag-doped γ-alumina catalysts to result in significant NOx reduction, 
even at extremely low silver loading. 
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FIGURE 3.  Steady-state NOx reduction performance versus 
temperature with DME at C1:NOx ratio of 4 and 44000 GHSV on 
five (5) γ-alumina based catalysts: (○) undoped, (□) 0.0635-wt% Ag, 
(∆) 0.253-wt% Ag, (◊) 0.522-wt% Ag, and (X) 1.020-wt% Ag. 
 
Several proprietary catalyst formulations are currently being 
investigated for NOx reduction activity with DME and MeOH as 
reductants.  Specific precious metal mixtures have shown increased 
steady-state NOx reduction activity, and these results will be 
presented. 

Additional efforts are currently underway examining the impact 
of residual syngas on lean NOx activity with DME-MeOH 
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reductants.  Testing is underway investigating the effect of H2, CO, & 
syngas on the SCR of NOx.  Preliminary results indicate minimal 
effect of the presence of varying amounts of H2 & CO separately on 
the NOx reduction activity of undoped γ-alumina.  However an 
adverse effect is seen resulting from varying amounts of syngas.  
These preliminary results will be presented and discussed. 

Performance of the millisecond contact time reformer is being 
optimized for syngas production; testing is currently underway with 
n-decane.  The C:O ratio for combustion of n-decane is 0.323, and 1 
for syngas.  Thus, C:O ratios of 0.7 to 2.5 are being examined, 
resulting in catalyst operating temperatures of >1200°C to <700°C 
(respectively).  Contact times in the reformer of 6 and 12 
milliseconds are being examined.  Results have shown promise for 
syngas production from n-decane, with optimum performance 
appearing at the lower contact time and lower C:O ratios.  However 
operating temperature of the catalyst is of concern, as elevated 
temperatures (>1200°C) witnessed at lower C:O ratios can result in 
catalyst deactivation and Rh mobility.  The results of these 
investigations will be presented. 

Reductant synthesis results with varying temperatures, 
pressures, syngas ratios,  syngas compositions will be presented and 
discussed.  The effect of contact time will also be shown, with all 
results compared to thermodynamic equilibrium. 

And finally, progress on the integration of the POx reformer & 
DME/MeOH synthesis apparatus will be addressed and discussed. 
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Introduction 

Internal combustion engines operating under lean-burn 
conditions exhibit high fuel efficiency.  Removal of harmful NOx 
gases from the exhaust in the presence of excess oxygen, however, 
presents a great challenge to the catalysis community.  Traditional 
three-way catalysts are ineffective under these conditions.  
Therefore, new approaches toward NOx reduction have been sought 
in the last decade.  Urea selective catalytic reduction (SCR), plasma 
assisted NOx reduction, and NOx storage/reduction (NSR) are three 
promising technologies for diesel emission control.   

In the NSR technology, an active oxides (alkaline and alkaline 
earth) material takes up NOx under lean engine operation conditions 
and stores them as nitrates [1].  In a brief rich cycle these nitrates are 
released form the active oxide catalyst component, and reduced to N2 
on the precious metal component, almost exclusively Pt.  The 
precious metal also plays a key role in the storage cycle as well; it 
converts NO to NO2 that, in turn, can adsorb on the active oxide 
component.  The most commonly used catalyst in this technology is 
Pt/BaO/Al2O3.   Both the uptake and release of NOx have been 
extensively studied on these BaO-based systems.  Although the NOx 
uptake mechanism is fairly well understood today [2-6], the nature of 
the nitrate species formed is poorly characterized.  For instance, it 
has been reported that during temperature programmed desorption 
(TPD) two distinct  NOx features appear.  At lower temperature the 
only desorbing species was NO2, while at higher temperature NO+O2 
were seen to desorb.  The origin of these two desorption features has 
not been discussed unambiguously.   

Here we report the results of our multi-spectroscopy study in 
which we set out to understand the nature of different nitrate species 
formed during NO2 uptake on BaO/Al2O3 NOx storage materials.  To 
this end, we investigated NO2 adsorption and desorption on Al2O3, 
8wt%-, and 20wt%-BaO/Al2O3 catalysts using FTIR, TPD, 15N solid 
state NMR spectroscopies.  We also followed the changes in catalyst 
morphology during these processes using time resolved XRD (TR-
XRD) and TEM. 
 
Experimental 

BaO/Al2O3 catalysts were prepared by incipient wetness of γ-
Al2O3 (200 m2/g) with an aqueous Ba(NO3)2 solution.   Prior to 
adsorption studies the samples were calcined at 773K in air flow in 
order to decompose the nitrates and form the active oxide phase.  For 
FTIR and TPD experiments the powder catalyst sample was pressed 
onto a tungsten mesh, which, in turn, was attached to a copper 
sample holder assembly.  This sample mounting allowed us to heat 
the sample resistively to ~1000K.  The IR cell consists of a 2 ¾” 
stainless cube with CaF2 windows, and is connected to a gas handling 
manifold, pumping station, and a mass spectrometer (UTI 100C).  A 
Mattson Research Series FTIR spectrometer was used throughout the 
study, operated at 4 cm-1 resolution, and each spectrum collected was 
the average of 64 scans.  Prior to acquiring an IR spectrum a 
background spectrum was recorded with the catalyst sample in the IR 
beam to eliminate the contribution of the oxide materials. TPD 
experiments were carried in two different systems: in the IR cell, and 

in a flow through reactor.  Desorbed NOx species were followed 
either by a mass spectrometer (IR cell) or by a chemiluminescence 
NOx analyzer (flow through cell). 

15N solid-state NMR spectra were acquired on a 
Varian/Chemagnetics CMX Infinity 300 MHz instrument,  equipped 
with a Varian/Chemagnetics 7.5 mm HX MAS probe operating at a 
spectral frequency of 30.40651 MHz.  In the in-situ NMR cell 0.5 g 
of catalyst sample was pretreated under vacuum (<1x10-7 torr) at 
773K for 2 hrs.  NO2 saturation of the samples was conducted at 
673K.  The NO2 saturated samples were transferred into the gas-tight 
rotor (7.5 mm O.D.) for solid state 15N-NMR measurements. All 15N 
NMR spectra were externally referenced to 15N-ammonium chloride 
at 0 ppm.  All spectra were obtained spinning at 5 kHz and using a 10 
seconds recycle delay. 

The TR-XRD experiments were carried out at the beam line 
X7B of the National Synchrotron Light Source (NSLS), at 
Brookhaven National Laboratory.  In these experiments the 
decomposition of the Ba(NO3)2 phase in the as-prepared catalysts, as 
well as the formation and decomposition of nitrate species upon NO2 
uptake and release were followed. 
 
Results and Discussion 

TEM images of the as-prepared Ba(NO3)2/Al2O3 show the 
presence of large Ba(NO3)2 crystallites on the Al2O3 support.  EDS 
analysis revealed that the Ba distribution was uneven on the alumina 
support; there were Ba-rich regions (where the Ba(NO3)2 particles 
reside) and Ba-free areas.  XRD pattern recorded from this material 
also indicated the presence of large crystals of Ba(NO3)2.  TR-XRD 
analysis suggested that the average particle size of the Ba(NO3)2 
crystals remained constant until the sudden disappearance of the 
Ba(NO3)2 phase.  TEM images from 8wt%-, and 20wt%-BaO/Al2O3 
showed no BaO particles on the alumina support, and the evenly 
distributed BaO phase was confirmed by EDS measurements.  The 
morphologies of the two Ba-containing materials were identical to 
that of the alumina support.  TR-XRD results indicated that some of 
the BaO was present as nano particles.  When these BaO/Al2O3 
samples were exposed to NO2 at 300K, the formation of nano-sized 
(~5nm) Ba(NO3)2 crystals were seen.   Heating the sample in NO2 
flow to 573K resulted in the formation of large Ba(NO3)2 crystallites 
(~15nm).   

TPD spectra acquired in the flow through reactor form the 
Al2O3, 8wt%-, and 20wt%-BaO/Al2O3 following NO2 adsorption 
show in Fig. 1.  A broad NO2 desorption feature is seen from the 
alumina support in the 500-800K temperature range.  In the TPD 
spectrum from the 8wt%-BaO/Al2O3 sample two desorption features 
can be distinguished: a low temperature NO2 peak, and a high 
temperature NO feature.  This high temperature NO desorption 
feature is always accompanied by an O2 feature, suggesting that in 
this range the nitrates formed in the NO2 uptake cycle decompose as 
NO+O2.  The same two desorption features are observed on the 
20wt%-BaO/Al2O3 system, however, the intensity ratio of these two 
features is very different from that seen for the 8wt%-BaO/Al2O3.  
Based on the morphology changes discussed above, and the IR an 
NMR results we will discuss next, we propose that the lower 
temperature peak (NO2) in TPD represents desorption of surface 
nitrates formed on a monolayer of BaO interacting strongly with the 
underlying Al2O3 support.  BaO present on the support in excess of a 
monolayer forms bulk-like Ba(NO3)2 crystallites and decomposes as 
NO+O2 similarly to unsupported Ba(NO3)2.  This proposal is 
supported by the observation that the integrated area under the lower 
temperature desorption peak is directly proportional to the surface 
area of the catalyst.   
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Figure 1.  TPD spectra form Al2O3, 8wt%, and 20wt% BaO/ Al2O3 after 
NO2 saturation at 300K. 

 
The existence of different nitrate species on these BaO/Al2O3 

samples is further supported by the results of our FTIR and 15N SS 
NMR studies.  IR spectra obtained after NO2 adsorption at both 
300K and 673K on Al2O3, 8wt%-, and 20wt%-BaO/Al2O3 catalysts 
are displayed in Fig. 2.  In agreement with the results of previous 
studies [2-6] both bridging bidentate (1300 and 1575 cm-1) (surface) 
and ionic (1300 and 1420-1480 cm-1) (bulk-like) nitrates are formed 
on both BaO-containing catalysts.  The relative intensities of these 
two features, however, are vastly different on the two samples.  On 
8wt%-BaO/Al2O3 the intensity of the surface nitrate features are 
much higher than that of the bulk nitrates.  It is also evident that at 
this low BaO coverage not the entire Al2O3 surface is covered with 
BaO, while in the case of the 20wt% sample no NO2 adsorption on 
the alumina support is seen.  Heating the samples to 673K in the 
presence of NO2 does not affect the IR spectrum of Al2O3, while 
changes in the IR spectra of the BaO-containing samples are evident.  
On the 8wt%- BaO/Al2O3 the intensities of the surface nitrates 
increase, while those of the bulk nitrates decrease, suggesting some 
redistribution of the Ba(NO3)2 phase on the alumina support at high 
temperatures.  On the 20wt% sample we see changes in much smaller 
extent: the intensities of the surface nitrate peaks decrease, while 
those of the bulk nitrates increase as we form larger Ba(NO3)2 
particles at higher NO2 uptake temperatures.  
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Figure 2.  IR spectra from Al2O3, 8wt%, and 20wt% BaO/ Al2O3 after NO2 
adsorption at 300K (solid lines), and 673K (open circles). 

15N solid state NMR spectra obtained form the three samples are 
shown in Fig. 3.  On Al2O3 only one broad peak is seen at 313ppm.  
We assign this feature to surface nitrates on the Al2O3 support.  The 
broadness of this peak shows the heterogeneity of the adsorption sites 
on this support.  On 8wt%-BaO/Al2O3 three distinct features are seen 
in the NMR spectra: at 313, 337, and 340.5ppm chemical shifts.  The 
presence of the 313ppm feature shows that the alumina support is not 
fully covered by BaO, and available for NO2 adsoprtion.  The two 
features at higher chemical shifts can be assigned to nitrates [7,8], 
specifically to surface (337ppm) and bulk (340.5ppm) nitrates.  
Increasing the BaO content of the catalyst to 20wt% results in a large 
increase in the intensity of the bulk nitrate feature, while the surface 
nitrate peak is very similar to that of the 8wt% sample.  Also, on the 
20wt%-BaO/Al2O3 catalyst no alumina surface is available for NO2 
adsorption as it is completely covered with BaO.   
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Figure 3.  15N solid state NMR spectra form Al2O3, 8wt%, and 20wt% BaO/ 
Al2O3 after NO2 saturation 673K. 
 
Conclusions 

The results of this multi spectroscopic study clearly show the 
formation of a monolayer BaO on the alumina support during 
catalyst preparation.  This film adsorbs NO2 in a bridging bidentate 
configuration, and releases NOx as NO2.  As the concentration of 
BaO exceed that of a monolayer, BaO particles form. These particles 
are then converted to bulk-like Ba(NO3)2 upon NO2 adsorption and 
release NOx as NO+O2 during temperature programmed desorption.   
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Introduction 
 Catalytic oxidation of carbon monoxide on platinum group 
of metals has been well studied.  Supported palladium catalysts have 
shown good possibilities for low temperature CO oxidation1. Pre-
oxidized Pd/Al2O3 catalysts produced 20% CO conversion at 2100C 
and the pre-reduction did not change the catalytic activity2. The 
dependence of catalytic activity on methods of preparation, pH, 
temperature of calcination has been reported for some catalysts3, 4. 
However, systematic studies on the effect of catalyst preparation 
including the effect of drying conditions (temperature, atmosphere, 
drying rate etc) on palladium catalysts   are missing. The results of 
preliminary studies on drying atmosphere and rate are reported in this 
paper. 
 
Experimental 
 Catalyst Preparation.  Catalysts were prepared by 
adsorption of tetraaminepalladium (+2) nitrate to silica slurry. 
50grams of silica were slurried in 400ml H2O. The pH was adjusted 
to 9.5 by addition of conc. NH4OH. Separately 2gm of Pd 
(NH3)4(NO3)2 was dissolved in 50ml of H2O and added to the basic 
silica solution and stirred for 3 hours. The slurry was dried at room 
temperature in static air. This sample was then further dried in a 
microreactor in helium or oxygen atmosphere at different heating 
rates (1, 5, 100C/min). The flow rate of the drying gas was 
maintained at 50cc/min. The temperature was ramped up to 1000C at 
different drying rates, soaked at 1this temperature for 3hr and then 
calcined at 3000C for 3hr, followed by reduction in hydrogen at 
3000C for another 3hr.  
 Catalytic Activity studies.  Catalysts activities were 
studied in a fixed bed flow micro reactor. The reactor was interfaced 
through a multi-loop sample collector and an injection valve to 
analyze the effluent gases from the reactor on line by gas 
chromatography (Shimadzu 14B) using carboxen column and TC 
detector. The reacting gas (1%CO, 10% oxygen and balanced He) at 
60cc/min was passed  through the reactor containing 0.2 gm of 
catalyst and the temperature was raised up to 250ºC at 2ºC/min. The 
effluents were analyzed by GC to determine the concentrations of CO 
and CO2. 
 FTIR Spectroscopy.  A thin transparent wafer of the 
catalyst was prepared by mixing with KBr in an IR dye and press and 
place in the sample chamber of an in-situ IR cell (ISRI, Inc.). The IR 
cell was placed in the beam path of the FTIR spectrometer (Shimadzu 
Prestige 21). The catalyst wafer was pretreated in hydrogen for three 
hr at 2000C before reaction. The reacting gas (pure CO or 1% CO, 
10%O2, and balance He) was passed at a flow rate of 60cc/min and 
the temperature of the IR cell was ramped at 20C/min until 2500C.    
The transmission infrared spectra were recorded at a resolution of 
2cm-1 and 30 scans/ spectrum in the computer using IR solution 
software. The spectra were obtained in the absorbance mode after 
subtraction of the background spectrum of the catalysts disk under He 
atmosphere.  
 

Results and Discussion 
  The activities in terms of conversion at different 
temperatures for two drying rates are reported in Figure1.  The 
conversion increased by 10% with increase in drying rate at 90 and 
1100C. The influence of drying atmosphere (helium and oxygen) on 
activity is shown in Figure 2. The conversion increased by about 7% 
in oxygen atmosphere at 700C and then rapidly from 46 %( in He) to 
91 %( in oxygen) at 1100 C. The preliminary results indicate the 
noticeable effect of drying atmosphere and rate on catalyst activity 
and further detailed studies including drying temperature and flow 
rate are being continued.  
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Figure1. Effect of drying atmosphere on activity  
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Figure 2.Effect of drying rate on activity 
  
 The FTIR spectra in Figure 3 are reported for the catalyst 
dried in helium at 5°C/min. The gas phase CO is in the region (2100-
2200 cm-1). The IR peaks due to various modes of adsorbed CO 
vibrations (terminal and bridging) are in the region of 1700 -1900  
cm-1. These data are in conformity with earlier reported results5. The 
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absorbance due to gas phase CO decreased with increasing 
temperature due to oxidation. The absorbance due to CO adsorbed 
species also changed with temperature. 
 

 
Figure3. FTIR spectra  
 
Significance 
 Our results indicate that Pd/SiO2 catalyst remove 90-100% 
CO at 110-130°C. Further work on the catalyst is under progress for 
developing a low temperature catalyst for CO oxidation. 
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Introduction 

Considerable interest remains in carbon monoxide 
hydrogenation reactions for either the synthesis of hydrocarbons, 
methanol or higher alcohols. In these synthesis reactions, efforts have 
been made to limit the selectivity to methane in preference to other 
products such as alcohols or alkenes. It is widely recognized that 
higher alcohols together with methanol can be produced from syngas 
by appropriate modification of methanol synthesis catalysts and 
reaction conditions 1-2. However, such reaction conditions are hardly 
consistent with the preservation of a high dispersion of the active 
phase in conventional CuZnAl catalyst. It has been demonstrated that 
active catalyst for the synthesis of methanol can be prepared by 
dispersing Cu on ZrO2 3. The most efficient catalysts (CuMnOxZrO2, 
or CuLa2Zr2O7) for methanol synthesis have been shifted towards 
higher alcohols under mild conditions using K and FT-elements (Fe, 
Co and Ni, etc.) as promoters either in our previous work or in the 
literatures 4-6]. Palladium is also well known as an active phase for 
CO hydrogenation. Indeed, an alkalized PdZnMrZrO2 catalyst has 
been developed for methanol-isobutanol synthesis, as ZrO2 was 
claimed to be active for iso-synthesis 7. The catalyst for the process 
also requires high temperatures (>400°C) and pressures (>12 MPa) 
and produce isobutanol with relatively low productivity (<100 g/kg-
cat.h). Moreover, the addition of palladium into other metal catalysts 
can lead to a substantial improvement in catalytic properties due to its 
excellent candidates of activate hydrogen, which could then spread 
over the neighboring phases through a hydrogen-spillover mechanism. 
Thus, the modification is further made in the alkalized CuMnZrO2 
catalyst by Pd to increase the production of higher alcohols without 
simultaneously increasing unwanted methanation in this work.  
 
Experimental 

Catalysts preparation. Catalytic formulations of CuMnZrO2 
and PdCuMnZrO2 were prepared by co-precipitation in constant pH 
conditions about 10-11 using the corresponding metal nitrates as 
precursors with aqueous sodium carbonate solution, followed by 
aging, washing and drying. Alkalization was carried out by wetness 
impregnation K2CO3 with the precipitates, and then the samples were 
calcined at 350℃ for 4 h under air. The prepared catalysts were 
denoted as K-CMZ and K-PCMZ. Another Pd doped catalyst named 
K-P-CMZ was prepared by successive impregnating of CuMnZrO2 
with aqueous Pd(NO3)2 and K2CO3, and then the samples were dried 
and  calcinatin in each step as above. The real metal content in the 
prepared K and Pd doped CuMnZrO2 catalyst analyzed by ICP was 
as follows: K(3.4wt%), Pd(0.91wt%), Cu(18.5wt%), Mn(7.1wt%), 
Zr(42.6wt%).  

Catalytic activities test.  CO hydrogenation tests were carried 
out using a stainless steel fixed-bed reactor, which contained 1.0ml 
catalyst. All the catalysts were reduced in H2 (5% in N2) flow at 300
℃  and atmospheric pressure for 6 hr before syngas exposure. 
Shimazu-8A GC was used to analyze the products. H2, CO, CH4 and 
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CO2 were determined by thermal conductivity detector (TCD) 
equipped with a TDX-101 column. The water and methanol in liquids 
were also detected by TCD with a GDX-401 column. The alcohols 
and hydrocarbons were analyzed by flame ionization detector (FID) 
with a Propake-Q column. 

 
Results and Discussion 
 
 
 
 
 

 

 

 

 
 

 
 

 

 
 
 
Figure 1. The activity and selectivity of K and Pd modified 
CuMnZrO2 catalysts for CO hydrogenation 
Reaction conditions: P=12.0 MPa, T=3400C, GHSV=10000 h-1, 
H2/CO (molar)=1.0: 1 
 

K was usually used as a promoter for methanol synthesis shifted 
towards higher alcohols. As shown in Figure 1, K-CMZ catalyst 
showed a relatively high activity for CO hydrogenation at the 
reaction conditions. The space-time-yield of alcohols was about 0.66 
g/ml-cat.h with the content of C2+OH about 20wt%. Unlike that of 
methanol synthesis under mild reaction conditions, the selectivity of 
alcohol in the products was only 42.4% because amount of 
hydrocarbons (mainly CH4, see Figure 2)) and CO2 was formed. 
Apparently, the activity was remarkably promoted by Pd addition to 
K-CMZ catalyst. Though the selectivity of alcohols was slightly 
increased, their space-time yields and the content of C2+OH were 
both remarkably improved. This might due to Pd as an excellent 
candidate of activate hydrogen, which could spread over the 
neighboring phases through a hydrogen-spillover mechanism, then 
improved the rate of carbon hydrogenation. Unfortunately, the 
selectivity of hydrocarbons was also increased either on K-P-CMZ or 
K-PCMZ catalyst, though the production of CO2 was effectively 
suppressed.  
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Figure 2. Distributions of 
hydrocarbon products over K 
and Pd doped CuMnZrO2 
catalysts.  
P=12.0 MPa, T=3400C, 
GHSV=10000 h-1, H2/CO =1.0. 
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Table 1. The catalytic performance of K-PCMZ catalyst for CO hydrogenation at virous temperatures. 
CO conv. 
(mol%) Selectivity (C-mol%) Alcohol distribution (wt%) Reaction temp. 

 (ºC)  CHx CO2 ROH 

Alcohol yield 
(g/ml.h) C1OH C2 OH C3 OH C4 OH C5+ OH 

       320 26.5 37.3 11.0 51.7 0.81 88.4 4.80 3.06 2.93 0.82 

340 29.3 40.8 14.8 44.4 0.75 81.9 6.32 5.15 4.75 1.89 

355 22.6 41.9 20.4 37.7 0.41 71.3 7.92 8.44 8.33 4.16 

Reaction conditions: P=12.0 MPa, GHSV=10000 h-1, H2/CO (molar)=1.0: 1 
 

Interestingly, it was found that the distribution of hydrocarbons 
on K-PCMZ was distinctive with that on K-P-CMZ catalyst (see 
Figure 2). The quantity of methane produced on K-PCMZ was less 
than 5wt%, and the C4 hydrocarbons were the main gas-phase 
product with iso-butylene above 80wt%. But the hydrocarbon 
products over K-P-CMZ were mainly methane as same as that on K-
CMZ catalyst. This results suggested that the doped manner of Pd in 
CuMnZrO2 greatly changed the active site for CO conversion, which 
will be discussed elsewhere.  

Table 1 gave the results of CO hydrogenation over K-PCMZ 
catalyst at different temperatures. The liquid products were mainly 
alcohols with a small amount of water and oils. The space-time yield 
of alcohols decreased with the rising of reaction temperatures as 
amount of CO2 produced, but the content of higher alcohols (C2+OH) 
in the liquid-phase increased, which reached about 30% at 355ºC. 
Hydrocarbons (mainly C4 iso-butylene) were also facile to be 
produced over the catalyst with the selectivity of about 40%.  
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Figure 3. The Schulz-Flory-Anderson plots for the distributions of 
alcohols and hydrocarbons,(Date derived from CO hydrogenation 
over K-PCMZ catalyst at 340ºC.) 

 
Although several mechanisms had been proposed for either 

higher alcohols or iso-butylene synthesis from CO hydrogenation, 
there was still controversy regarding the detailed reactions 8,9. It was 
promised that the modifications of the catalyst composition and the 
reaction conditions greatly influenced the products of CO 
hydrogenation reaction. It could be seen that the distribution of 
hydrocarbons obtained from the developed catalyst and process did 
not obey the conventional Schulz-Flory-Anderson role for the F-T 
reaction (see Figure. 3). A discontinuity at C4 was observed for iso-
synthesis. For the distribution of alcohols, methanol was distinctive 
deviation from the ASF plot, and a little higher of C4 due to the 
branched alcohols included. This was in line with the results of the 

synthesis of higher alcohols over alkalized methanol synthesis 
catalyst. 
 
Conclusions 

A catalyst for CO hydrogenation reactions and the process 
involving in mixed alcohols synthesis and isosynthesis for coal or 
natural gas conversion via lean hdydrogen syngas had been 
developed. These produced a single-phase liquid product of C1 to C5 
alcohols with iso-butylene as the main gas-phase hydrocarbon 
product The space-time-yield of mixed alcohols and iso-butylene 
were high, and the operating conditions were less severe than the 
priors.  
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Introduction 

Co/SiO2 catalysts were widely investigated with regards to 
conversion of natural gas into clean liquid fuels. The metal dispersion 
of Co/SiO2 catalysts was determined by either the support porosity or 
the preparation parameters. For instance, Khodakov [1] showed that 
the dispersion and reducibility of Co/MCM-41 was dependent on the 
porosity. Van Steen [2] reported that the solvent category, the cobalt 
precursor modified the cobalt structure.  

The catalysts structure was tentatively correlated with the 
performance of cobalt catalysts in FT synthesis. Iglesia [3] showed 
that the TOF was invariable no matter what the support or dispersion 
was. Similarly, Ho [4] found TOF of Co was independent of Co 
dispersion or surface texture if the surface contamination was 
avoided and the degree of reduction was hold to certain degree. 
Nonetheless, the relationship between structure and selectivity was 
controversial. Reuel [5] suggested that the product selectivity was a 
function of the dispersion as well as the extent of reduction. 
Khodakov [1] observed that the small Co species located in narrow 
pores yielded higher CH4 selectivity than larger cobalt particles did. 
Besides, Anderson [6] proposed that the diffusion constants of H2 and 
CO in wax-filled pore made the difference in selectivity. Iglesia [7] 
taught that the alpha-olefin re-adsorption was essential to change of 
hydrocarbon distribution.  

In the work, several Co/SiO2 catalysts with well-defined 
structure were studied in FT synthesis. The structure was correlated 
with the CH4 yield or C2

+ yield rather than with CO conversion or 
CH4 selectivity. To our surprise, it was found that the CH4 was 
formed non-selectively on total cobalt whereas the C2

+ hydrocarbon 
was merely formed on reduced cobalt. The active phase of dual sites 
was thus proposed. 
 
Experimental 

The silica supports were prepared by hydrolysis of 
tetraethylorthosilicate and the control of silica porosity was realized 
by tuning the pH value of the gel process. The gel is dried at 393K 
and calcined at 773K.The Co/SiO2 catalysts were prepared by 
incipient wetness impregnation with aqueous cobalt nitrate, followed 
by drying at 393K and calcined at 673K.  

The content of cobalt and possible impurities were measured with 
Ion Coupled Plasma (ICP). The BET surface area, pore volume and 
average pore diameter was derived by N2 physisorption with an 
automated Micromeritics ASAP2010 system. XRD was taken in a 
Dmax-γA diffractometer operating at 40kV, 100mA. The scan was 
taken in the range of 35-38° at a speed of 0.125o/min and the NaCl 
standard was used as a reference substance. TPR was performed with 
a catalyst loading of 40mg at a heating rate of 10K/min in H2/Ar (5% 
vol.). The selection of experimental parameters satisfied the criterion 
of βS0/FC0 ≤15K (where S0 is the amount of reducible species in the 
sample, FC0 is the hydrogen feed to the reactor and β is the heating 
rate) to achieve high resolution of peaks. The H2 consumption was 
monitored with TCD. The extent of reduction was measured with 
pulse O2 titration at 673K. The O2 uptake was quantified by rating the 
GC-MS area with a pulse loop of known volume.  

The performance of catalysts was evaluated in a pressured fixed-
bed reactor. The FT synthesis was carried out at 2MPa, 2000h-1, 
H2/CO ratio of 2 and a temperature range from 463 to 493K. The 
products were collected with a hot trap and a cold trap in sequence. 
The gaseous effluent was analyzed by two on-line GC-8A 
chromatographs. The liquid was analyzed with a GC-920 
chromatograph equipped with OV-101 capillary column. The carbon 
balance and mass balance was 100±3%. 
 
Results and Discussion 

ICP showed that Na or S impuritys, which usually presented in 
commercial silica, were not detected in the silica. The density of 
surface silanol was measured with TG in the flow of inert gas, and 
the density was almost a constant value, e.g. 4.5 per square 
nanometer. The acidic property of silanol was evaluated by 
monitoring the pH value of slurry consisting of distilled water and 
silica powder. It was shown that the silanol was neutral in spite of 
adopting ammonia in silica preparation. In summary, the surface 
property of the silica was homogenous, apparently due to the same 
preparation route. N2 adsorption showed that the pore diameter of 
silica increased gradually and the specific surface area decreased in 
the sequence from Si(1) to Si(7) (see Table 1). Hence, such silica 
provided a window to study the influence of silica porosity on 
structure and performance of Co/SiO2 catalysts.  

The metal loading in the catalysts was determined by ICP and 
the Co loading was about 12%. In XRD pattern, only diffraction 
peaks assigned to Co3O4 were observed. By calculating the width of 
peak of 311 crystal plane and applying Scherrer equations, the size of 
Co3O4 in calcined catalyst was calculated. As shown in Table 1, the 
Co3O4 size decreased monotonously as the function of pore size. 
Such a relationship was well stated in impregnated metal catalysts 
[2,8]. In TPR profiles, there were four element peaks after  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
deconvolution. The fixed location of those peaks suggested that there 
were four Co-containing species in Co/SiO2 catalysts. However, the 
ratio of the species changed as the silica pore size increased, with the 
low-temperature peaks (547, 588K) enlarging at expense of high 
temperature peaks (700, 950K). It was commonly accepted that the 
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Figure 1. The TPR profiles of several Co/SiO2 catalysts
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twin peaks at low temperature were stepwise reduction of Co3O4 [9], 
the peak at 700K was cobalt oxide interacting with support, and the 
highest was cobalt silicate or hydrated cobalt silicate [1]. So, a large 
amount of cobalt silicate was formed in narrow-pore silica supported 
Co/SiO2 catalysts. Since no diffraction peak of this species was 
discerned in XRD, it was speculated that the species was highly 
amorphous. The extent of reduction of the catalysts was determined 
by the titration of O2 at 673K (see Table1). The reduction degree 
increased with the increase of pore diameter. All this suggested that 
the dispersion and reducibility were intervened each other, and both 
of them could be correlated with the amount of silicate-like species.   
 
 Table 1. The structural and kinetic constants of Co/SiO2 catalysts 

a: measured by line broadening method of XRD 
b: measured with O2 titration at 673K 
c: CO+H2—CH4+H2O;  
d: CO+H2—(CH2)8.5+H2O  
 

The CH4 selectivity as well as the CO conversion changed 
greatly as a function of catalyst structure. However, the reactivity was 
not taken to correlate with the structure here. Instead, the concept of 
absolute yield of CH4, which was defined as the amounts of CH4 per 
unit cobalt per time, was introduced. So was the absolute C2

+ yield. 
The two values of the catalysts were plotted against the reduction 
degree. The CH4 yield was insensitive to the reducibility whereas the 
C2

+ yield responded to reducibility regularly (see Fig.2). This meant 
that the CH4 formation depended on the total cobalt, no matter if it 
was reduced. On contrast, the C2

+ products (featured with carbon 
chain formation) only formed on reduced Co.  
  
 
 
 
 
 
 
 
 
 
 
 

 
 
 
 
 
 

 
         In light of the above results, the F-T synthesis over cobalt was 
modeled as two parallel reactions with the same feedstock. The  
product of reaction 1 was CH4 and that of 2 was (CH2)8.5, which was 
the molar average of paraffin expected by ASF rule. If the reactions  

( ) ( )[ ]
⎪⎭

⎪
⎬
⎫

⎪⎩

⎪
⎨
⎧

−−+−=− AAAAAA
V xyxy

VRT
F

RT
Ek 00

010
1 1ln1lnln δδ

φ

Figure 3.   The kinetic equation of the parallel reaction mechanism. 
k1

0: preexpoential factor of reaction 1; E1: activation energy of 
reaction 1; φ:CH4 sel.; δA: contract factor; χA: conversion.  
 

 

Reaction 1c Reaction 2d

Cat. 
surface 
area 
(m2g-1) 

Pore diameter 
(nm) 

Co3O4 
sizea

(nm) 

Degree of 
reductionb

(%) 

Pre-
exponential 
factor 

Active 
energy 
(kJ/mol) 

Pre-
exponential 
factor 

Active 
energy 
(kJ/mol) 

Si(1)  710.5 2.2 10 51 1.3×1010 116.1 4.9×108 99.8 
  Si(2)  649.9 2.4 11 53 4.2×1010 119.8 7.8×1013 147.1 
Si(3)  622.1 3.0 12 61 2.9×107 89.8 1.4×1014 148.9 
Si(4) 523.8 5.1 15 73 1.8×109 106.6 3.0×1012 131.2 
Si(5)  366.5 8.7 16 84 1.3×108 96.4 4.9×1013 143.8 
Si(6)  298.7 11.8 20 87 3.4×108 101.0 5.0×1013 143.5 
Si(7) 268.2 15.1 22 100 3.3×1010 119.6 8.2×1013 144.8 

were first order to H2 partial pressure, an equation describing the 
integrated fixed bed was obtained (see Fig.3). By substituting the 
experimental data into the equation, the pre-exponential factors and 
active energies of component reactions were derived (see Table 2). 
The difference in kinetic constants between two reactions was 
remarkable and this evidenced the presence of two kinds of active 
sites. 
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Figure 2. The absolute yield of CH4 or C2
+ relating to extent of 
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Introduction 

Methanol is not only a great important chemical raw material, 
but also a green cleanly fuel. The selective oxidation of methane to 
oxygenates such as methanol and formaldehyde over oxide catalysts 
has been of great interesting because it is an alternative route for the 
conversion of natural gas to high additional value products. Great 
efforts have been done for developing effective catalyst systems for 
the selective oxidation of methane to methanol.1~3

The reducibility of oxide catalysts and the lattice oxygen in the 
surface and bulk of oxide catalysts may play important role in the 
selective oxidation of methane and lower alkanes or olefins.4~7 
Lattice vacancies in oxides are favorable for the mobility of the 
lattice oxygen. It has been reported that the mobility of the lattice 
oxygen of CoMoO4 could be greatly improved by the replacement of 
a part of Co2+ by Fe3+.8 This paper reports our recent research results 
of methane oxidation over WO3/Co1-nFenMoOy catalysts. 
 
Experimental 

Catalyst preparation.  Co1-nFenMoOy (n=0~0.2) serials 
supports were prepared by citric acid method.9 (NH4)6Mo7O24·4H2O, 
Co(NO3)2·6H2O, Fe(NO3)·9H2O, citric acid and nitric acid were 
dissolved in the distilled water. The solution was condensed at 80℃ 
for 4h and then frothed at 110℃ for 8 h. The obtained solids were 
dried at 110℃ for 12h and calcined at 600℃ for 8h to give the 
supports. The 10 wt% WO3/Co1-nFenMoOy catalysts were prepared 
by impregnation of the support powers with ammonium tungstate 
aqueous solution. The catalyst precursors were dried at 110℃ for 8 h 
and followed the calcination at 600℃ for 8h. 

Catalyst test.  The selective oxidation of methane over the 
catalysts was carried out in a specially designed high-pressure 
continuous-flow quartz-lined reactor (φ7.0mm×420mm), which 
was tightly fixed in a stainless steel line. The reaction conditions 
were 400~460℃, 2.0 MPa, 10/1 ratio of methane/oxygen and 1g 
catalyst. The effluent passed through a condenser and the liquid 
products were collected, while the gas phase products were analyzed 
with an on-line gas chromatograph (TDX-01 Column). The liquid 
products were analyzed with off-line GC (GDX-403 Column). 

Catalyst characterization.  The crystal phase structures of the 
prepared samples were identified with XRD by D8 Advanced 
diffractometer ( Bruker Company ), CuKα (λ=0.15406nm )，40kV 
and 20mA. 

 
Results and Discussion 

Figure 1. shows the XRD patterns of the samples. The 
crystalline phases of CoMoO4 and Fe2(MoO4)3 were identified as 
CoMoO4 and Fe2(MoO4)3 ( Fig. 1. (1) and (5) ). When a part of Co2+ 
in CoMoO4 was replaced by Fe3+ ( Fe/Co<1/9 ), the crystalline 
structures of the supports were same as CoMoO4 and no free Fe 
oxide phases were observed. When Fe/Co ratio in Co1-nFenMoOy was 
1/9 or 2/8, small amount of free CoO/MoO3 phases were observed 
besides CoMoO4 phase.(Fig 1. (3) and (4) ). When WO3 was loaded 
on the supports, no WO3 crystalline phase was detected by XRD. It is 
deduced that amorphous and well-dispersed WO3 formed on the 
surface of the supports. 
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Figure 1. XRD patterns of different supports and catalysts. 1: 
CoMoO4; 2: 10%WO3/CoMoO4; 3: Co0.9Fe0.1MoOx; 4: 10%WO3/ 
Co0.9Fe0.1MoOx; 5: Fe2(MoO4)3; 6: 10%WO3/ Fe2(MoO4)3

 

Table 1 shows the catalytic performances of the supports and 
catalysts in the oxidation of methane. It can be seen from Table 1, 
when using Co1-nFenMoOy supports alone, only CO and CO2 with no 
CH3OH were detected. In the test of 10% wt WO3/Co1-nFenMoOy 
catalysts, only when Fe/Co ratio was 1/9 or 2/8, a certain amount of 
methanol as well as trace amount of formaldehyde were detected in 
the products. WO3/CoMoO4 and WO3/Fe2(MoO4)3 showed no 
methanol formation activities under 400~480℃ and 2.0MPa. When 
Fe/Co ratios were less than 1/9, no methanol was found in the 
reaction products over WO3/Co0.97Fe0.03MoOy and 
WO3/Co0.97Fe0.03MoOy under 400~480℃ and 2.0MPa. 

The effect of reaction temperatures on the conversion of 
methane and oxygen over WO3/Co0.9Fe0.1MoOy is shown in Figure 2. 
The oxygen conversion increased sharply to 100% in a narrow 
temperature range (420~440℃) and the methane conversion reached 
about 8% at 440℃. 

Figure 3 shows the influence of temperatures on the formation of 
CH3OH over WO3/Co0.9Fe0.1MoOy and WO3/Co0.8Fe0.2MoOy 
catalysts. The formation of CH3OH increased with the temperatures 
from 420℃ to 440℃ and decreased when the temperatures were 
above 440℃. 
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Table1. Results of Catalytic Partial Oxidation of CH4

Reaction conditions: n(CH4)/n(O2)=10:1; SV=6.6 L/(g·h); P=2.0 
MPa;  
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Figure 2. CH4 conversion and O2 conversion over the catalyst of 10% 
WO3/Co0.9Fe0.1MoOy; Reaction conditions: n(CH4)/n(O2)=10:1;  
SV=6.6 L/(g·h); P=2.0 MPa 
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Figure 3. Formation rate of CH3OH over the catalysts. 1: 10% 
WO3/Co0.9Fe0.1MoOy; 2: 10% WO3/Co0.8Fe0.2MoOy ; Reaction 
conditions: n(CH4)/n(O2)=10:1; SV=6.6 L/(g·h); P=2.0 MPa 
 
 

 

 
Conclusions 

The supports of Co1-nFenMoOy were not active for the formation 
of CH3OH in the oxidation of methane under given conditions. A 
certain amount of Fe added into CoMoO4 (Fe/Co=1/9 or 2/8) could 
improve the properties of the catalysts and give the ability for 
CH3OH formation in the selective oxidation of CH4 over 
10wt%WO3/Co0.9Fe0.1MoOy and 10wt%WO3/Co0.8Fe0.2MoOy.  

Formation Rate 
/(10-4mol/g·h) 

Catalyst T 
/ ℃ 

CH4 
Conv
./% MeOH CO CO2

CoMoO4 440 2.1 0 39.9 16.3 
Co0.9Fe0.1MoOy 440 8.8 0 108.4 127.2 
Co0.8Fe0.2MoOy 440 8.5 0 95.6 132.0 
WO3/CoMoO4 440 8.5 0 120.7 107.0 
WO3/Co0.97Fe0.03MoOy 440 9.0 0 139.8 101.2 
WO3/Co0.93Fe0.07MoOy 440 8.4 0 123.8 101.2 
WO3/Co0.9Fe0.1MoOy 440 8.5 5.1 134.3 88.8 
WO3/Co0.8Fe0.2MoOy 440 8.0 4.3 113.6 96.4 
WO3/ Fe2(MoO4)3 440 8.3 0 166.7 55.6 
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